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FOREWORD 


In the early part of 1945, as the Allied armies advanced, German labora- 
tories and plants became available for investigation. Since German develop- 
ment work had been hidden from the eyes of the world by the Reich's national 
policy of secrecy, and by 5- 1/2 years of war, it was obvious that much might 
be learned from such investigation. In particular, this was true in the syn- 
thetic-fuel industries deriving oil, gasoline, and a wide variety of chemicals 
from coal, for, owing to the scarcity of domestic petroleum, Germany had been 
forced into intense development of this field in contrast.to the limited 
amount of similar development by the United States and Great Britain. Before 
the fighting ended in Europe, the United States and Great Britain organized 
teams comprised:of experts in all fields to investigate the research and in- 
dustrial operations in Germany. The teams investigating coal, oil, gasifica- 
tion, and allied chemical fields included more than 30 American investigators 
and about an equivalent number of British investigators during 1945 and func- 
tioned with a reduced staff into 1946, German work in the synthetic-liquitd- 
fuels industries and allied fields was on such a large scale that even such 
extensive investigation could not possibly cover the subject in all detail. 
However, a great deal of information possible of direct application, and mch 
information of a fundamental nature to help guidé résearch work in this coun- 
try for many years, was uncovered. Studies of the German industry are con- 
tinuing, and it is hoped that such gaps in the information as now exist will 
be filled in by future wor 


The primary fields that were covered in the oil and synthetic-fuels in- 
vestigation were concerned with petroleum refining and the gas-synthesis and 
coal-hydrogenation processes for producing oil from coal. The related fields 
of coal gasification, oxygen production, alcohol manufacture, lubricating-oil 
production, and the production of waxes and edible fats, as well as a eee ehy 
of other chemicals, were an inherent part of the investigation. 


This report is one of a series which resulted from the investigations in 
Germany and other parts of Europe by the Technical Oil Mission, operating 
under the auspices of the Ministry of Fuel and Power for Groat Britain and 
the Petroleum Administration for War and the Bureau of Mines for the United 
states. It is being published in accordance with the policy of the United 
ctates Government to make available to the interested public the results of 
the investigations of enemy research and industrial development. 


W. C. Schrooder, Chicf, 

Office of Synthetic Liquid Fuels, 
Bureau of Mines, 

Washington, D. C. 
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INTRODUCTION 


The Leuna Factory of the I. G. Farbenindustrie A. G., situated 
near Merseburg, is the biggest heavy-chemical plant in Germany and 
produces a very wide range of products, mainly based on hydrogen 
or hydrogen and carbon monoxide. Its principal products are ammo- 
nia, synthetic petrol derived from the hydrogenation of brown coal, 
and synthetic alcohols made from hydrogen and carbon monoxide. 


The plant was first visited on April 21, 1945, by a team in- 

cluding E. Cotton, V. Haensel, E. B. Peck, P. K. Kuhne, H. M. Weir, 
"Le. L. Hirst, W. W, Odell, G, U. Hopton, H. Hollings, J. F. Ellis, 

and H, G. Simpson. It was again visited on May 8-24, 1945, by a 

combined British and American team consisting of R. Holroyd, 

M. A. G. Banks, D. A. Howes, A. J. V. Underwood, R. A. Taylor, 

W. F, Faragher, H. Schindler, and J. G Allen. This team was 

later joined by J. F. Ellis and R. J. Morley. 


A third visit with particular reference to catalyst manufac- 
ture was made by W. F, Faragher and W. A. Horne, and the notes of 
these latest investigators have been taken into account in 
preparing the report. 


This report was edited by Dr. R. Holroyd. 
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PERSONNEL OF VISITING TEAMS 
lst Visit April 21 - 26, 1945, 


Lt. Col. H. Hollings 


Maj. J. F. Ellis _ British 
Capt. H. G. Simpson Ministry of Fuel and 
Capt. G, U. Hopton Power 


U. S. Petroleum 


Ne Nee? Nee Net See? Sea? Nee? are es a 


E. B. Peck 
P, Ke Kuhne Administration for War 
H. M. Weir 
V. Haensel 
E,. Cotton 7 
L. L. Hirst U. S. Bureau of Mines 
ee We W. Odell - Mines 
2d Visit May 8 - 2h, 1945. 
Lt. Col. R. Holroyd ~ _._) British | 
Maj. M. A. G. Banks +) Ministry of Fuel and 
Maj. D. A. Howes | ) Power 
| Maj. A. Je v. Underwood _s) 
Maj. R Re A. Taylor ) 
Maj. R. J. Morley ) 
Maj. J. Fe Ellis. ) 
W. F, Faragher _) U.S, Petroleum 
J. G. Allen ) Administration for War 
H. Schindler ) 


_ Among those visiting the — later , the following submitted notes 


- ¢ . . 


Le se USS. Bureau of Mines 
_W. A. Horne YU S. Petroleum 
_J. P. Jones — | +) Administration for War 


Although not a member of any visiting team, Dr. H. Clough (British) has 
made a valuable contribution to the above report by studying evacuated 
documents and by his assistance in editing the final document. 


° Pe 
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In preparing the following report, many of the sections 


havo had to be-writton, on the basis of notes supplicd by two or three inves- 
Although in these cascs the names of the poeple supplying tho 
basic notes have been put down as "authors" of the section, it has not, in 
evory case, been possible for them to see and approve the final documents. 
Every offort has, howcver, beer made to-include all the information obtained 
and to kcep as closcly as possible to the tone of the individual hotes, 


tigators. 
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L_ GAS PRODUCTION 


The interrogation of Dr. Sabel (Engineer in charge of gas production) 
and Dr. Jeltsch (Chemist in charge of H»S removal) was carried out by 
Hollings, Weir, Odell and Hopton on April 22nd and 23rd, 1945. Additional 
information was obtained by C. A. F. T, about the same time and by Ellis 
and Morley on May 16th. Newman interrogated Oberingenieur Ohler, Dr. 
Schroeter, Dipl. Ing. Stingl and Obermeister Heuer on May 14th and 15th, 
1945, in regard to the detailed operation of the slagging gas producers 
(abstich-generatoren) . 


Gas Production 


Water gas for NH and methanol synthesis and for Hp production was 
made in three distinct ways, The bulk was still made on water gas gener- 
ators, of the usual design, working a cycle and using oven coke, and the 
rest was divided between Winkler generators, using O02 and grude coke, and 
Slagging producers, using Oo and oven coke, or Rohschlacke (refuse from 
the Brassert generators), A rough summary of the plant can be seen in - 
the following table: “ 


Type No. of — Unit Normal Output 
— Units Capacity from Plant 
os Mu? /hr Gas uo/ hr. Ho + CO 
2 
"Pint sch-Drehrost" 10 5,000 ) ae 
"Pint sch—Brassert" 10~12 0007) ’ 
Winkler _ 55,000 (Li a 
= ted by 


(oxygen available: 
(a second Winkler 


(ran to make 
(producer gas for 
(power, ) 
Slagging producers . 6 15 ,000(coke) a an 
8, 200 30,000. 
(Rohschlacke ) 
Pintsch producers 10 ? Not used 


Water Gas Generators 

The original generators were of an old Humphreys and Glasgow design 
built by Pintsch (now referred to as "Drehrost-generatoren"), but mo&t 
of them had been modified by Brassert (now referred to as Pintsch—Brassert~ 
Generatoren), Very little attention was paid to this plant, as it was old 
and contained little novel, Only a few of the generators were seen, and 
as a number of changes au been carried out on various generators it wds 
difficult in the short time availble to get any clear idea of how many 
generators included each modification or indeed what was the effect of 
each modification, The following notes are therefore very incomplete, 
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All generators had concentric ring rotary grates, but whilst some 
were brick—-lined others had jacket boilers,’ ey had an I. D. of 3 n, 
so that the stated output of 10,000 to 12,000 M/nour must be considered 
very high and possibly in error. They were enabled to achieve high out— 
puts without clinker troubles by extracting ash with a high coke content 
(506C), the theory being that troublesome clinker could not form if ash 
were not. allowed to accumulate in high concentration;. the carbon in ashes 
was not lost, as it was used on the slagging procucers, At least some 
of the generators actually in use were pence e SP eveds 


The fuel used was oven coke, made from bituminous coal, and brought 
by rail from the Ruhr, a distance of 275 miles, The daily consumption 
of coke was 3,000 t/D. 


We were told that until very recently the Winkler generators, using 
oxygen and local brovwm coal or grude coke, were more expensive to run 
than the coke water gas generators, despite the high cost of eoke after 
its long haul and this had been the reason for the continued existence 
of the old method of gas manufacture, Only in the last years of the war, 
apparently, had the cost of Ruhr coke become high enough; to make the 
Winkler generator cheaper to run, We do not know how far these arguments 
include considerations of the high capital cost needed for a new plant, 
remembering the old generators were in existence, 


Winkler Generators (Site 279 on Works plan) 


These generators were built in 1929-31 and since then have been | 
subjected only to minor modifications, Since more modem installations 
were seen, elsewhere (e.g. Zeitz) the plant was not covered in much detail. 
They have been used to gasify both dried brown coal and "grude" coke — 
(broyn coal low temperature coke), and have been used for the manufacture 
of power gas, producer gas for NH3 synthesis and water gas, In recent 
years the fuel has been almost entirely grude coke, with one Winkler run 
to make power gas and one run to make water gas, Shortage of oxygen 
limited the plant out put of water gas to one Winkler, 


The principle of the Winkler generator is well knowns particulate 
fuel was used, the most suitable size being 3 mm diameter, with less than 
10% above 5 mm and the blast of air alone (when making power gas) or of 
a mixture of oxygen and steam (when making water gas) was sufficient to 
make the fuel "dance" or boil, As a result very high outputs could be 
obtained from a given cross-section in comparison with orthodox water gas 
generators, a 52 


% 


There were five Winkler generators in all; the oldest and smallest 
one had an output of. 40,000 y3/hour water gas for a cross-section area 
of 12 sq.m. and the other four each had an output of 80,000 43/hour water 


gas for a grate area of 25.8q.M. 
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The change over from dry brown coal to grude coke probably took 
place because of the increased demands of hydrogenation for dry brown 
coal, thus causing a limitation of drying capacity, and also because 
of the availability of grude coke from various neighbouring brown coal 
L. T. carbonization plants, set up primarily to recover tar from the coal. 
Both fuels were quite satisfactorily gasified, although dry brown coal 
gave a higher CH, content of synthesis gas, The fuel was fed into the 
side of the conical base by four screw conveyors, 


All the generators originally had stationery grates, over which 
swept a rotating water-cooled arm, to remove ash through an opening on 
one side, The blast passed through this grate, In recent years however 
the small generator (1943) and one large gceneretor (1944) were modified 
and the grate and rotating arm climinated, the oxygen and steam mixture 
then being added through tuyeres entering the side of the conical base; 
this successfully climinated all shut-dowms for repairs of the rotating 
arm, although by then the earlicr rather scrious troubles due to leaks 
from the arm, had been much reduccd; more important howevcr, it was 
claimed that the modification nad reduced the consumption of fucl and 
oxygen by about 10%, although no reason was given, The grateless generator 
was fitted with two screw conveyors at the base, which could be run inter- 
mittenly to remove that ash, foreign material, ete., which was not blown 
over and had collected at the base, A grateless generator has been in— 
stalled at Brix, 


In operation of generators with grates only about 10% of the ash was 
withdrawn at the base through screw conveyors: the remainder passed over- 
head, It was possible to run for 1 to 2 weeks without these screw con- 
veyors, large material merely collecting slowly on the grate, The over— 
head ash contained 50 to 55% carbon and had a maximum size of 0,3 to 0.4 
m, It could either be returned to the generator or burnt on boilers: 
it had also been used as an active carbon for the dephenolation of ef- 
fluents, : : ; 


The blast, when making water gas, consisted of. a mixture of 40 to 
50% oxygen with 60 to 50% ‘steam, About two-thirds of the oxygen was 
wlown through the bed and one-third, mixed with 20% steam to prevent ex- 
plosions in the tuyere main, was blown through tuyeres into the gas space 
about 3 to 4 m above the bed, with the object of gasifying carbon in dust 
cntrained in the gas ‘and cracking any tar and hydrocarbons,’ The original 
design had the top half of the generator enlarged to a bulb, designed to 
give a longer time contact for these reactions, but in later designs this 
was eliminated and the straight cylindrical portion heightened to give the 
same effect; the reason for the change was given as capital cost, ‘Sone of | 
the generators at Leuna still had these bulbs, but some had not; the exact 
number of each was not obtained with any certainty. In all later plants © 
the straight-sided generators were installed,.e.g. three at each of the 
Brabag plants at Buhlen, Magdeburg and Zeitz, ond five at Brix (but in- ~ 
cluding one grateless type as mentioned before), The most detailed ac-” _ 
count of this design is given in the report on Zeitz,. Thrce such genera- 
tors were’also built by I. G, at Ludwigshafen for Japan, designed to work 
on a grain size mineral coal of particularly active charactcr, - 
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The whole generator was brick—lined and no trouble was obtained 
with clinker, The fuel bed temperature was about 900° C, but this 
depended on the nature of the fuel, The bed depth was about 1m, and 
had a back pressure of about 0,5 m, water gauge. 


With less reactive fuels, such as bituminous eoal derivatives, the. 
Winkler generator was said to, be much less satisfactory, Much higher bed 
temperatures had to be used and the CO2 in water gas was high, 


Typical performance figures were given as follows:— 


Water Gas Power Gas 
Dry Brown Dry Brown . 
Coal Grude Coal Gruce 
Gas Analysis %CO2 19 20 10 11 
(H>S free) ZOO 38 38 22 27 
AH 40 LO 12 7 
~CH), 2 1.5 0.7 ) 55 
| 1 0.5 55) 
Net C.V,T.cals/M a - 950 956 
Fuel kg /y3 0,625 0.50 0.335 ? 
Oxygen 3/43 0.25~0,26 0325-0, 26 nil nil 
Steam 43/3 0.39 0,375 nil ~—-— nil 


Typical analyses of the fuels, not necessarily corresponding with 
the above figures, were: 3 | : 


Dry Brown Coal : Grude Coke 
Cary basis) (dry basis) 


C 61.1 68 | 
H Le? | 20 

@) 17,0 Lee , 

N 0,1 - 

Volatile S$ 3.3 1,3 

Ash 13.8 26.5 

H>0 (6.0) (2.0) 


The major thermal losses were as carbon carried away as dust and 
as sensible heat carried away in the water gas at about 900° C. The flue 
gas was passed through.a cyclone to recover any coarse dust, was cooled 
to about 200° C in a waste heat boiler, and passed through a hydraulic 
seal; it was then dedusted in a direct contact water washer and a Theisen 
disintegrator, It was stated that unsuccessful attempts had been made to 
build recuperators and heat éxchangers in the top of the generator, pre- 
sumably to preheat the blast. 


To avoid explosions when using oxygen-steam blasts it was essential 
to get good mixing; on the Winklers it was present practice to mix ata 
minimum distance of 30 to 40 m, from the point of entry into the generator, 
with séveral bends to promote turbulencé, ~ 
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Slagging Producers ("abstichgeneratoren") 


The original slagging producers at Leuna were avees Wisin aosuueers, 
using coke breeze, “ashes” from the water gas generators or simply coke, 
blown with air only. to make producer gas for NH. synthesis; the producers 
were completely brick-lined and ash was removed’ as molten slag. Steam or 
oxygen could be added as conditions permitted.. | 


Owing presumably to brickwork failures the Wurth type was replaced 
by another, in which the whole of the lower part of the producer was 
water-cooled. There were six of these producers, five of I. G. design 
and one by Pintsch. One had been built during the war. The producers 
were blown with oxygen and steam and the capacity of each unit was 15,000 
M?/hour of substantially nitrogen-free producer gas. - 


The producer was built of 1/2" to 5/8" iron plate, having a diameter 
of 2.5 metres at the tuyeres and 3.8 metres higher up, with the inside 
diameter of the brickwork 1.7 metres at the tuyeres and 3.3 metres at the 
top. The total height was 7 m. above the tuyeres and the fuel bed was 4 
m, deep above the tuyeres. Only the top part, above the fuel bed, and the 
lower part, below the tuyeres were brick-lined; the rest was bare metal. 
In five meneratone the preducer was water jackcted but in the last one 
built the jacket had been omitted and the metal was cooled merely by 
trickling water down over the outside. This modification had been carricd 
out as the result of a serious accident on one of the old type; a piece 
of clinker became lodged just above a tuyere and as a result the incoming 
oxygen caused a very high local temperature, which burnt a hole in the 
jacket; the producer bocame flooded and quenched and before it was noticed 
oxygen had broken through, causing 4 serious explosion in the gas mains 
and gas coolers. This could not happen with ‘the latest design; it was 
said that there was no trouble with evolution of steam as the water merely 
became warm, 


It was very difficult to make power gas on these producers, using 
air only; the difficulty was presumably insufficiently high temperature 
to permit slagging, owing to heat abstracted through the generator walls, 


since the old brick-lined Wurth producers could be run successfully on 
air, 


When making producer gas, a mixture of oxygen and steam was intro- 
duced at the tuyeres and a temperature of 1,700° C was obtained, although 
the exit gas temperature was only 4009 C. Limestone could be added to act 
as a flux for the liquid slag. Depending on the fuel, slag was run off 
at intervals of 20 to 60 minutes. One method of slagging was to run the 
liquid slag first into troughs, where any iron sank (and was dug out at 
intervals), and then into cold water; another method was to tap off molten 
iron from the extreme bottom of the generator and molten slag from a tap 
somewhat higher. 


A wide variety of fuels could be used, but Rohschlacke (refuse) con- 
taining 50% carbon, from the Brassert generators was normally used. The 
fuel should be above 30 mm, and could be as large as 1 to 2 feet. When 
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using metallurgical coke it was common practice to add 3% of limestone 
and 20% of solid slag. from previous working to assist in the formation 
of slag, When using coke the blast mixture was 35% Op and 65% steam; 
when using Brassert Rohschlacke the mixture eontetned 50 to 58% 0, and 
50 to 42% steam, 


Typical operating figures were: 


Brassert Grude from Met. Met. Coke 
. Refuse Deuben Coke with C0. 
CO % 9.7 5.4 7 6.8 3.6 
of) % 66.5 — «62,4 61.4 92.5 
Hp % 22.9 31,2 31.0 3.0 
CH), % 0.0 0.0 0.0 0,0 
neo a i 0.9 1,0 0.8 1.5 
H5S a/M 2.7 13 4.3 2,2 
05 ea Ho + CO 0.347 0.276 0,262 0,310 
H50 IM? Ho + CO_ 0,207 0.266 0.346 nil 
COs M?/M? Ho + CO nil nil nil 0.258 
Fuel kg/M? Ho + CO ? 0,80 0,490 0.330 
Carbon " Ho + CO i 4 0.482 O.42h 0.460 
Fuel 
Analysis C % 45-50 5h 86,8 87,2 
ash & 55-h0' 16.9 9.1 11.8 
H,0 O 22 1.8 1,0 


The figures in the last colum are interesting; here steam in the 
blast was replaced by CO5, resulting in 4 very Seer content of CO in the 
gas made, 


Smaller slagging producers were available and used for testing 
various fuels and various methods of running. 


Pattenhausen Generator 


This generator was not inspected, although the installation was 

seen from a distance, The principle of this generator was that all the 
heat of reaction was adced in the form of highly preheated steam at about 
g00° C. A large excess (fourfold?) of steam was used and gasification of 
dry brcwn coal procecded at about 600° to 700° C, a temperature only pos- 
sible with a highly reactive fuel. We gathered that the plant was not a 
great success and certainly no other units had been built, although the 
original one started up in 1937. 


Oxygen Plant 


This consisted of Linde-Frankl units of conventional design and 
was not studied in detail, There were 9 units in all, having a total 
capacity of 23,700 M?/hour of 98% Op, the two oldest units producing 
1,900 and the other seven 2,850 M2/hour. The actual output over the 
five years 1938-42 averaged 22,000 M?/hour 100% O, _ A somewhat smaller 
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quantity of nitrogen was also recovered, and used before the war ap— 
proximately equally for purging and for’ NH3 synthesis: during the war 
a drop in NH output caused less No to be used for the latter purpose; ~ 
the maximum Capacity of pure N2 was 32 to 36, 000" w/hour, limited to 
that obtainable fron four UNITES ¢ 

‘The energy consumption varied from 0.5 to 0.6 w/w oxygen, averag- 
ing about 0,55 HAP 1002 oxygen, “With the cost of power at 1,1 to 1,2 
pfg/KWH, the cost of oxygen was said to be 1, 6 to 2.0 pfg/M3; a separate 
set of figures were given, stating this cost to be made up of 60% power — 
(the above. figures give only At at most ) ’ 30% amortisation and 10%. Aebour, 
repairs, etc, 


A’small quantity’ of eeyobed was also made as a by-product, The capes 
city was about 30 M/month, containing about 75% krypton, with the impuri- 
ties mainly oxygen. , , os 
Documents in Connection with Gas Production. . 

The following documents give additional information: 


(1) Drawings’ of the Winkler generator, which had been deposited at 
Bouvendorr, were taken by the U, S. Navy team, 


(2) Files relating to the Winkler. plant were collected by. Mr, Hopton — 
from engineer Sauer's office and placed with the official documents, 


(3) Leuna report 837, entitled "10 Jahre Sauerstoff—Vergasung in Leuna" 
by Sabel, dated 15.9.42, was arranged by Dr. Morley to be sent to 
London through the Military Governor of Merseburg. 


(4) Leuna report 916, entitled "Jahresbericht der Stickstoff und ~ 
Sauerstoff - Fabrik und Nebenbetriebe 193842" by Koppe, dated May 
1944, was arranged by Dr. Morley to be sent to London through the 
Military Governor of Merseburg. 


(5) A drawing of the slagging producer was obtained by lir. Ellis and 
placed with the official documents. 


HoS Removal 


Two methods were used: an Alkacid process, puree Winkler gas 
and the old active carbon process, purifying Pintsch~Brassert generator 
gas and some helf~purified Winkler gas, 

Alkacid Process 
‘Winkler gas contained 15 to 20 e/we S (or 1 to 1.5% HoS); it was 


purified by alkacid in two stages: after the coarse purification it con- 
tained 2 gfios and after the fine purification it contained 150 mg /MO Se 
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The liquor normally used was a solution of scaraneiyseeeli, NH9. 
CH2.COONa, of S. G, 1.17, containing 200 g/l, calculated as Na2CQ3 or 
45 g/l calculated as nitrogen (these two figures indicate the presence 
of some Naz C03 as such), It. was a selective solvent for H2S, so that 
for example with a gas containing 20% C02 and 2% HoS it would remove 
nearly all the H2S but only about 2% C05, -The absorbers of the coarse 
purification each had a diameter of 3 n for a gas rate of 20,000 43 /nour, 
and cantained 7 to 9 bubble-cap trays, The gas/. circulating. liquor ratio 
was 500 in hot weather, rising to 1,500 in cold weather, In the regenera- 
tors direct jeanne indirect steam were both used, the steam Fic piaaishgr 
‘being 80 kgs/M? liquor in the coarse purification and 150 kg/M3 liquor in 
the fine purification, The mixture of HS, CO5 and steam leaving the re—- 
generator was condensed at 50° to 60° C, to reduce the H»S content of the 
condensate, and the H9S was finally burnt in a Claus kiln; the recovered 
sulphur was eventually used to make HoS0), 


Iron was used for the cold parts of the Alkacid plant, brick-lined 
iron for the regipnerator, aluminium for the indirect heater and hot pipes, 
and an aluminium pilicon alloy, called Silumin or Alpax, for the pumps, 
No appreciable corrosion was experienced at Leuna. . 


An alternative solvent was sodium alanine, CH3.CH(NHQ). coona, but 
this also dissolved C09; it was used at Leuna only for purification of 
tail gases from hydrogenation, This liquor could be used for CO5 removal, 
when its capacity (in the same concentration as used for glycocoll) was 
25 Ww liquor,. the steam consumption being 120 ke /M3 ee over 95% 
removal of CO was possible, 


Active Carbon Process 


The whole of the Pintsch-Brassert water gas, containing 3 to 4 
g/we S, together with a varying fraction of Winkler gas, was purified 
down to 1 to 2 mg/HoS/W? in the active carbon vrocess, which had been 
in use for 20 years. Raw Winkler gas could not be used in this process 
because its high sulphur content caused excessive temperature rise, 


The carbon was prepared from brown coal carbonised at 900° C and then 
steamed, Air or oxygen was added to the inlet gas, so that in effect HoS 
was oxidized to sulphur, which was left on the charcoal; NHy was also : 
added to the gas to act as catalyst. After passing gas for about 10 days 
the sulphur was extracted with ammonium sulphide solution at 40° in the 
absence of air. The polysulphide solution was then distilled at 2 ats, 
with a top temperature of 111° C; the vapours were condensed and used 
again, whilst molten sulphur and water separated into two layers at the 
bottom of the still and were run off separately. It was stated that the 
still effluent was not obnoxious, 


This process aoparently was widely used in Upper Silesian plants: it 
was, however, unsuccessful on coal gas at Huls, because of gum-forming 
compounds. 
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Organic Sulphur 

Gas after HS removal contained 250 mg. organic sulphur/W3, This 
was converted to H2S ‘in‘the CO conversion plant, and this HoS was almost 
completely removed during the removal cf CO5 and CO, 


CO Conversion 


The plant in which the water gas shift reaction was carried out was 
seen but not inspected in detail, 


CO + H90 ———- C05 + Ho 
It was an old plant, working at atmospheric pressure, The develop— 
ment work on this process hes been done dt Oppau and an account is given 
in the report on that target. Converted gas for NH3 and H2 contained 


3 to 4%CO, whilst converted gas for methanol contained 30% CO. The cata- 
lyst was Fe203 with 6 to 7% Cr203. 
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II. AMMONIA SYNTHESIS 


This section was not discussed in much detail, as the plant was old 
and largely out-of-date, A much better knowledge of I. G's latest ideas 
could be obtained from a visit to the NH3 synthesis plant of the Ostmar-— 
kische Stickstoff Werke at Linz, Austria, or at least from a study of the 
designs and drawings, which were carried out by Oppau; the plant at Linz 
commenced operation in 1940, 


General 


The gases received were catalysed gas i.e. water gas, which had been 
subjected to CO conversion with steam over brown oxide; part of the gas, 
ex Winkler and water gas generators, had low N» and CO, and eventually 
went as Hz mostly to hydrogenation;: another part had low No but higher CO 
and eventually went to-synthesis of methanol and iso—butanol; a third part, 
ex water gas generators, had high No and low CO, and eventually went to 
NH3 synthesis, It was possible to compress and purify these three gases — 
in three parallel streams, but it was also possible under certain conditions 
to unite the gases for NH3 and Ho into one streaht of low N2, the necessary 
No being added to NH synthesis & gas after compression and purification had 
been completed; such”"N5 came from the Linde-Frankl oxygen plant. 


Staff Interviewed 


Dr. Paul Koppe, chemist in charge of H.P. Division, and Dipl. Ing 
Martin Rabes, NH3 synthesis and O09 plant engineer, were interviewed on 
May 12th and Dr. Koppe alone on May 16th, 


Compression 


The compressors were contained in at least five buildings. They were 
5-stage horizontal machines, some of old design; they were driven by steam 
gas engines and er eRUere ity and had capacities respectively of 3,300, 
10,000 and 15,000 M’/hour catalysed gas and the total installed capaci 
was 660,000 M w3 /nour, although the maximum rate used was about 550,000 3 
hour. A complete list of machines was obtained by U, S, S, By S, The 
first three stages of compression brought the gas up to 25 ats, at which 
pressure CQO? was removed by water washing. The last two stages brought 
the gas to the final pressure of 250 ats: the original plant design pres- 
_ sure of 200 ats. had been raised as the result of revision of ratio of 
test pressure/working pressure, Additional compressors were used to COM 
press part of the gas to 25 ats. to cover the gas removed in CO» removal, 


It was stated that no oil emulsion trouble was experienced in the CO 
Removal Plant at Leuna and, therefore, a particular point was made to 
interrogate the compression plant engineers ~» Ober Ing Gleitz and Ober Ing, 
Weissenfels on the subject of lubrication, 


Superheated steam oil of 320° C Flash point, 50°55° Engler viscosity 
at 50° C end O 01-0,02% asphalt content-is fed to the steam cylinders of 


the main steam engines, These machines take steam at 15 ats, and 320° C 
and discharge either to the LP steam system or. to condensers, Oil is 
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extracted from the steam before it reaches the condensers and is heated 
to 90°C and cleaned and dewatered in a centrifuge. The cleaned oil is 

mixed with a machine oil of 3° Engler viscosity at 50°C and is used:-as 

Inake-up oil to the compressors, It has a flash point of 230°C, a 50°C 
Engler viscosity of 22-30° and a 100°C Engler viscosity of 3-4°. This 

latter property is considered to be particularly important, 


A Si oa of 16, mee vi? /nour capacity uses about 2,2 es of 
lube oil, 


b 


There is a catchpot of 500 mm diameter and 4 M long dive ately after 
each compressor and this is blown evéry two hours, At the inlet to the 
CO Removal Plant there is a further catchpot 600 mm diameter and 10 ii 
long for each 100; O00 M3 /nour of gas for collection of oil and condensate. 


In order to avoid condensation gases are never allowed to cool below 
30°C. In the third stage of compression, gas temperature may be as high 
as. 48-50°C. Piston rings are made of material in the pearlitic state 
with long graphitic inclusions to hold the oil to the surface of the ring. 


The Leuna engineers gave the following general data on lube oil con- 
sumjtion in compressors: 


| | TABLE lA. _t 
Pressure Lube Oil Consumption — 
; | | grms/1000 Miz swept surface of 
(a) (b) 
ats, cylinder piston rod 
205 1.9 7.0 
11.0 3.25 10.0 
28 of . , 7 Li 
170 20 _ 
250 20 a 
COD Removal 


The largest absorption towers were 2:4 m. I. D., but there were 60 
to 70 old ones of 1.4m, I. D. They were packed with ceramic rings; 
Leuna had never tried bubble plates. A rose-type distributor was used 
and with a constant water-raté there was no trouble with mal-distributions; 
sthey had tried re—-distributing water half-way down the tower, but this had 
brought no advantage, There was no chlorination of circulating water and 
no trouble with algae, The exit gas contained 1.5% COo. 


Water from the’ towers was let-dowm in one stage through Pelton wheels, 
The let-down gas contained 93% C05. Part of this was used as an inert gas 
and part in the ammonium sulphate plant, the rest being blown to atmosphere, 
No urea was made at Leuna and only a little dry ice, and this only for in- 
ternal use: no dry ice could be sold, because of the difficulty in eliminat- 
ing the smell, seid to arise from organic. sulphur compounds originating in 
the Winkler generators, ° 
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The let-down water was used for gas—eooling at the CO conversion 
plant before being sent for regeneration, This was done to eliminate 
O02 from catalysed gas, which in the presence of HoS and Hj0 was said 
to cause corrosion in the gas compressors, This system had been used 
for 15 years, with no corrosion, - 


CO Removal 


This’ plant used copper liquor at 250 ats, The liquor contained only 
carbonate, with no formate (last used 1925), It was regenerated at a 
‘Maximum temperature of 40°C, using a vacuum in two stages, ending at 160- 
to 200 mms. Hg, absolute pressure, : 


They had not used refrigeration of the liquor, as cooling below 5°C 
caused deposition of ammonium carbonate, No vapour pressure curves were 
available, 


There was no difficulty in controlling the cuprous / cupric ratio, 
An autamatic measurement of cupric, depending on the colour, was used, 


There was said to be no difficulty with sludce deposition of any 
sort, Dr. Koppe ascribed this to the low temperature of regeneration, 
The oil separators on the 5th stage delivery of the compressors were 
very simple but were said to be very effective; they consisted merely 
of a pipe dipping into a forging, with the gas outlet at the top, 


Let—down engines for power recovery from copper liguor were used, 
but only old-tyve machines were seen, 


Final NH4 Make-Up Gas Purification 
Gas leaving the CO removal plant was washed with NH, liquor, to 


reduce the CO» content from 0,04% to<1 mg/M3, Active charcoal (to 
remove organic sulphur poisons) had never been, used, 


NH3 Synthesis 


The capacity was originally 1200 T/D NH3, but according to I, G, 
staff, even after extensive repairs lasting 10 months, only 1000 T/D 
NH3 could be made in the future, 


The gas circulating system was conventional, Exit gas from the 
converter was cooled first in a water cooler and then in a cold exchanger 
before entering a condenser refrigerated by evaporation of liquid ammonia, 
Liquid NH3 was condensed out of the gas and unconverted gases returned to 
the converter via the cold exchanger and a circulator, Liquid NH3 was let 
down from a catchpot after the refrigerated condenser, Jf ammonia gas 
could be used as sucn, part of the make of liquid ammonia was used for 
refrigeration purposes; otherwise the NH, gas from the refrigerator was 
re-liquefied and returned to the refrigefator system, Under the former 
method of working, the yields of gaseous and liquid NH3 were approximately 
equal, averaged over the year, Make-up gas entered the circulating system 
at a point between the converters and watcr-coolers; this gave a minimum 
water content in the gas rcturned to the convertor, 
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The plant was arranged as a number of separate gas circulating sys—_ 
tems, The first system consistcd of a number of units in parallel, each 
teking make-up ges containing 1% Argon + CH); the circulating zas in this 
system contained 4 to 64 Argon + CH, and the Nig content of the gas‘ rose 
from 3-4% to 8-10% during prssage efiroush tine serene: Purge gas from 
this system was uscd as makce-up to: another system working with circulating 
g2s containing moreimpuritics, In turn, purge ges from tnis system was 
used as make-up for the next, and this procedure was repeated until, in 
tne final systcm, the inert cont ent of the circulating ‘Gas was Some 20-30%. 


Circulator 


A point of intcrest was use of a centrifugal circulator at Leuna, 
drawings of which were obtained, It was stcted that at the Ammonia plant 
at Linz this type of circulator. had been adoptcd throughout, It was re- 
posted thet this circulator ran perfcctly satisfactorily with a routine 
dismantling every 3 months for examination of bearings, 


The machine is an ordinary clcectric driven centrifugal pump totally 
enclosed in a high pressure vessel in a way similar: to that used in the 
oil industry for dealins with hoteoil pumps, The difference is that 
the clcectric motor is also enclosed, This means that there is no giand 
problem but there is instead 4 bearing lubrication problem, which is said 
to be much easier to-avercome, For a capacity of &0,000 u3/nr, the forging 
containing the circulator is about 14 feet long and about 2 feet internal 
diameter, The machine was built so that, if the pump did not have the re~ 
quired performance, the number of stages could be increased, The use of 
such a pump for the circulation of gas on hydrogenation plants was not 
considered practicable because of the great difficulties of ensuring the © 
proper lubrication of the bearings in the presence of hydrocarbon vapours. 


Cat eset 


This was the usual ieonbyse ssivee » promoted with alumina and 
potassia and sometimes a little lime, Preparation was as follows: 19 kgs 
of small pieces of Swedish iron (or sometimes charcoal iron during the 
war) were placed in a shallow water-cooled iron pan, 50 cm diameter and 
5 cm deep, Pure oxygen was then played on it after ignition by a 
"Ziundkirsche": after 10 minutes 1 kg of the prcmcter was added to the now 
molten mass and the oxidation completed in another 20 minutes. - The mass 
was poured on to an iron pan and allowed to cool, when it was broken up 
and screeried, Material between 5 and 12 mms was used in the converters, 
wnilst the fines were remelted, 


The promoter was made by aiescivang 16 kgs pure Alp03 and 4 kgs KNO3 
in 2 litres 60° Bauwne HNO2z and 2 to 4 litres water: this was boiled and 
cooled to a solidified cate Sometimes a little lime vas also added, 


The final catalyst had the composition; 97% Fe On, 2.5% Al203, 0. 16% 
S and 0.03% C, with a bulk density Re Ds! No sample was obtained. 
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It was said that this was the same recipe as for the so—called Mittasche 
catalyst, except that the latter contained more lime; the Mittasche catalyst 
was better for water-containing gases, but the I, G. catalyst was to be 
preferred for thd dry gases used at Leuna.. The same catalyst was used at 
Leuna for the SYNOL process, 

Catalyst removed from the converters was re-fused in an electric fur- 

“ nace and was said to be as good as the new catalyst. 


About 30 T/D N (= 36 T/D NH3) was made per converter, containing 6 
T catalyst. The normal life was about one year if purge gas from methanol 
and iso—butanol entered the system, even with a guard converter; thus about 
2000 T NH3 were obtained per T seabed yet: With no methanol purge gas longer 
life was obtained,. - 


The poisons in methanol purge gas were said to be oxygen-containing 
substences, such as CH30H and R50, The sulphur cont ent of eRe gas was 
said to be<0.1 mg sf. 


Converters 


Converter design had by no means reached finality,. and both Leuna 
and Oppau had tried out a number of designs,g. 


The normal design used at Leuna was as follows. An internal inter- 
changer was fitted under the catalyst, contained in tubes, touching one 
another for good heat transfer, and narrowed down at the bottom, for fite 
ting into a tube plate. The incoming gas passed up over the outside of 
“the interchanger tubes and over the outside of the catalyst tubes, cooling 
the catalyst and so maintaining a more favourable temperature gradient; 
the gas then passed down through the catalyst and then through the inter~ 
changer tubes, 


In another type which had been tried the catalyst was essed, not by 
being placed in tubes, but by placing tubcs in the catalyst bed, The 
cooling gas passed through these tubes, which were either in the form of 
hairpins passing up and down the catalyst,.or in the form of tubes carrying 
a central leg, up which passed the gas after carrying out the cooline in 
passing down the annulus, 


More fundamental changes in design had been carried out at Oppau: 
they had built one or two "stalls", both with intcrnal and with external 
interchangers, but Dr..Koppe said they had encountered constructional 
difficulties; such converters had inter—tray cooling with cold gas, as 
in a hydrogenation stall, 


Leuna had not carried out any fundamental research on catalysts or 
on the Kinetics of reaction: this had all been done at Oppaue. 
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III. METHANOL AND HIGHER ALCOHOL SYNTHESIS 


Dr. Halmut Hanisch and Dr. Erich Sackmann, respectively head and 
engineer of the Organic Division, were interrogated on May 12th. 


Mcthanol 


The converter was of the cold-shot type, with external .interchanger, 
Eech forging hed an I. D. of 800 mm, and was 12 m high; the internals 
were made either of pure copper or of copper—covered stcel, The catrlyst 
basket had an I, D. of 650 mm, cnd contained 5 or 6 equal beds, holding a 
total of 3 3 catalyst. The circulating gas rate was about 100,000 M3/nr., 
giving an output of 120 T/D crude methanol, containing 4 to 5% Ho0, depen- 
dent on the CO5 content of the gas, The compositions of make-up end circu- 
lating gas were: 


Make-jupn gas Circulating gas 


C0, | 1 to 1.5% e 

CO 30% 18% 
Ho 65 to 68% . 

CH, Osto@) <= 


The maximum catalyst temperature was given as 390°C, reached to- 
wards the end of the converter, 


A sample of the catalyst was obtained; it was in the form of 9 ms 
pellets and was based on zinc and chromium, No CH, formation occurred 
to any measurable extent, . 


Plant output was of the order of 12,000 T/month crude. Recipro- 
cating circulators were used, not centrifugal ones as.used for ammonia. 


Water—~free methanol was used instead of ethanol in motor fuels, 
Purified methanol was used for formaldehyde manufacture and for solvents. 


Higher Alcohols | 


The name given to higher alcohols was "iso—butanol", althcugh this 
was the main and not the only substance synthesized, 


The plant used was very similar to that used for methanol synthesis, 
although the interchanger was a little smaller, having an I. D. of only 
500 mm, 


- The circuleting gas rate was only 35 » 000 M3/hr., giving an output of 
40 T/D crude higher alcohols, containing about 12% iso-butanol. 
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The composition of the gases was: 


Make-up pas Circulating gas 


"CO. Lto 15% - 3 to 5% 
CO 30% 25 to 26% 
Hs 65 to 68% 
\ lto 2% ) | 
: cf, | | 065 to 1% 10 to 15% 


‘Thus higher alcohol circulating gas contained more CO and COs than 
did methanol circulating gas; COs presumably was procuced by reaction be- 
tween CO and water made in the reaction, 


The maximum catalyst temperature was given as 450°C, About 2% meth- 
anation occurred, The catalyst was the same as methanol catalyst, but 
with 2% K20 added; a sample was obtained. 


- Plant output was of bes order of 12, 000 T/month side. i.e. about 
1,400 T/month iso—butanol, 


Methanol made up half the crude and after separation it was injected 
into the inlet of the interchanger and re~passed through the converter, 
where it was converted into higher alcohols, By using stocks of crude 
higher alcohols the synthesis plant could be run for some time without 
make-up gas, using only this crude methanol as feed, Such methanol was 
difficult to purify on account of the hydrocarbons, mostly olefins, it 
cont ained, | 


The composition of crude was given as: 


50 to 55% methanol 
22 to 25% water 
- 1 to 3% dimethyl ether 

1 to 2% n—propanol 

ll to 12% iso-butanol 
2p Cs 

2.5% C6 and C7 ) 

1 to 2% Cg and C alcohols, ketones, hydrocarbons, etc. 
1% Cio up foc 

1 to 2% nydsocasbons tyeLo ‘oil containing 70% olefins) 


The fraction 110° to 160°C amounted to 3 to 4% and the fraction 160° 
to 250°C also amount ed to 3 to 4Z. 


The working up of the crude can be followed by reference to Figure I, 
First dimethyl ether was removed in a ring—packed tower working at 10 ats, 
Then methanol was removed in a bubble-plate column working at 10 ats.; 
"yellow oil", i,e. the hydrocarbons; was taken’ overhead and methanol] was 
taken as a side-stream near the top; to cbtain an isobutyrone fraction 
[(CH3)2 CH. CO, CH (CH3)], amounting to 0.5% on crude, a side-still was 
used as shown, The bottoms from this colwm separated in two layers; the 
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bottom layer, rich in dated. was distilled at 1 at. in a ring—packed 

column to remove water, the overheads being mixed with the top layer, 

poor in water, Gasoline was added, to form an azeotrope, and the mixture 
fed to a buoble—plate colum operating at 1 at. The overheads from this 
still on cooling formed two layers; the aqueous one was discarded and the 
other one was returned to the still, The bottoms: from the still were fed 
to a final bubble-plate’colum operating at 1 at., with iso—butanol taken 
off as the main product, propanol taken off overhead, leaving Cs and greater 
in the bottoms, 


Dimethylether was redistilled ina pressure column and the 96% pure 
material used for raking dimethylsulphate and dimethylaniline. es 


The propanol fraction was further purified and the’ purest material 
was used for cosmetics and in solvents, Other material was converted to 
propionic acid, but the greater part (100 to 120 T/month) was reacted with 
formaldehyde to yield trimethylolethane, 


e 


CH 20H 
| CH3—C— CHo0H 
| | 
= _ GH20H 


which when reacted with igies acids (see below) gave a substitute for 
castor oil, A small amount was also used in the manufacture of glycerine, 
but this process was carried out to a greater extent at Heydebreck (Upper 
Silesia) and Oppau, the former using 300 to 350 T/month propanol. 


Until July LO4L: aeeMnane was mostly ‘converted to isobutylene and 
thence to iso-cctane, but then the demand for Oppanol (polyisobutylene) 
became so great that the butanol was practically all snipped to Oppau and 
Frose for this purpose, About 8&0 to 100 T/month were used as acetates as 
solvents ("Polysolvar")for lacquers; some iso—butylene was used for making 
butyl phenol at, Ludwigshafen, used for laquer resins, About 80 to 100 T/ 
month were used for making Koresin at Ludwigshafen, a some denyue resin, 
About 100 T/year were converted to isobutylamine. 


50 to 60 T/morth of the fractions 110°-130¢ and 1 309-1608 were used 
4s acetates as solvents (e.g. "Intrasolvane"). 400 month of the fraction 
110°~160° were used to make Palatinol HS, esters of phthalic acid, used as 
plasticisers, . 


_- ‘The fraction, 160°~200° was. oxide to acids and combined with tri- 
methylcolethane (see above) to give a substitute for castor oil. The frac- 
tion 200°-250° was used in the manufacture of esters, lubricants and drying 
aids: the available notes on this are not entirely clear but it appears that 
the fraction was treated with NaOH and in some way made to yield acids 
(possibly a naphthenic acid, although.this is an obscure reaction), which 
were then esterified with high alcohols-and used as plasticisers or used as 
Co, Mn or Pb salts as drying aids for lacquers, 


Higher fractions could not be used, 
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IV. HYDROGENATION 
A, General 


Leuna was the world's first commercial scale hydrogenation plant - 
and also the first to operate on coal (brown coal). In its present forn, 
the Leuna hydrogemation plant consists of 10 liquid phase coal or heavy 
oil stalls, 5 vapour phase presaturation units and 3 stalls for splitting 
hydrog enation of middle oils to gasoline. In 1943 and the first half of 
1944, the average rates of consumption of the various feedstocks were: 


Dry Brown coal re 100,000 Tons/year 
Brown coal Tar 120,000 " 
Bituminous coal tar oil 40-50, 000 " 


Production of final liquid products was slightly more than 600, 000 
T/yr., and, according to Dr, Buterfisch, these products were made up "of 
L0% aviation base gasoline, 20% motor gasoline, and 40% Diesel oil, In 
addition, some 150,000 Tons/year of by-product hydrocarbon gases were 
obtained and these were used for synthesis of isooctane or alkylate (butane), 
for liquefied gas fuels (propane or propane + butane) and for manufacture 
of synthetic lube oils (ethane). 


In July 19h, Leuna suffered a surprise air attack and, because of 
the absence of facilities for safe emergency draining of the coal hydro- 
genation converters, the plant was coked up, The coal-paste preparation 
plant was also badly damaged, At the same time, damage to the nearby 
Brabag hydrogenation plants prevented them from hydrogenating all the 
available brown coal tar, It was therefore decided to change over Leuna 
from brown coal to brown coal tar and 5 or 6 coal stalls were modified 
for hydrogenation of liquid phase heavy oil. During the second half of 
1944 it was possible to operate the normal liquid phase and vapour phase 
process for conversion of brown coal tar to gasoline but production was 
interrupted more and more by continued air raids and, following particularly 
heavy attacks in January 1945 in which the tar fugals were put out of action, 
operations had to be limited to a single stall working a modified T.T.H. 
process (see Ludwigshafen and Zeitz reports), Crude tar input was only 
250~300 Tons/day. 


: ‘The information given in the following sections was obtained from Dr. 
Schunck, Director and Manager of the hydrogenation: section of Leuna, Dr. 
Becker, his principal assistant and stalls manager, Ing. Cron,. hydrogena— 
tion section engineer, and Dr. Pichler, a costs baa attached to the 
hydrogenat 3 ion section. 


B. Brown Coal Hydrogenation 


(i) Outline of present process 


The brovm coal hydrogenated at Leuna is obtained from local open 
workings owned and operated by the I, G, As delivered to the plant, it 
contains 54% water and 5,5% ash. The ash and moisture free coal substance 
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has the analysis - 71% carbon, 5% hydrogen, 5-% sulphur, 17~18% oxygen 
and 1% nitrogen, A high proportion of the ash constituents of the coal 
is sand with very errosive properties. 


The hydrogenation process as applied to brown coal is summarised in 
the “flowsheet shown in Fig. II; The wet coal together with about 4% of 
its weight of catalyst (Bayermasse obtained as a byproduct in the manu- 
facture of aluminium) is dried down to 5% water, The product is inmedia- 
tely wetted with part of the recycle pasting oil in order to avoid dust 
difficulties and explosion risks and is fed to the grinding and pasting 
milis where it is mixed with the rest of the recycle pasting oil, The 
resulting "paste" containing some 44% dry coal (49% total solids) is 
injected into the hydrogenation stall which operates at a pressure of a 
atmospheres, It is heated together with circulating gas (900 - 1,000 M 
circulating gas/ue paste) firstly by interchange with outgoing vapour pro- 
ducts and finally in a gas-fired tube preheater, The reactants then enter 
the first of (usually) 4 converters at a temperature of about 430°C, This 
temperature if quickly raised by the heat of reaction to 490°C and is then 
controlled at this figure, by introduction of cold circulating gas at suite 
‘able points, until the reactants leave the third reactor, Under the latest 
operating conditions, this average reaction temperature in the last reactor 
is dropped to 475°C by introduction of more cold circulating gas, The total 
circulating gas used for temperature control is about 1000 M37/iG paste fed, 


A small amount (100 litres/hour) of reactant is continuously drawn off 
at the bottom of the first reactor in order to prevent the build up of sand 
and the formation of "Caviar" i,e. small spheres consisting of coke formed 
round a central sand particle, This draw off is automatically controlled, 


The products leaving the last converter pass to a hot catchpot where 
liquids arid vapours are separated at a temperature of about 440°C, The 
liquid products are cooled by passage through finned air coolers and are 
let down to atmospheric pressure, Approximately two thirds of this heavy 
oil let down (Abschlamm) 3s diluted with 75% of its weight of distillate 
heavy oil and the mixture is centrifuged, The "filtrate" is recycled as 
pasting oil and the "concentrate" is recycled as pasting oil and the 
"conceritrate" mixed with the remaining "Abschlamm" is carbonised in 
"Schneckenofen"' for recovery of its vapourisible oil content, All the 
ash of the original coal, the unconverted coal and the new formed asphalt 
is purged as coke from the "Schneckenofen. — 


The vapours leaving the hot catchpot are cooled by interchange with 
the incoming coal paste and by passage through a water cooler, Condensed 
liquids are separarated from recycle gas in a cold catchpot and the former 
are let down in three stages (45 ats., 4 ats. and 1 at.) in orde® to sepa- 
rate the dissolved gases into "lean" gas for use as fuel and "rich gas" 
from which butane, propane and ethane are separated. The cold catchpot 
liquid product is finally distilled together with recovered oils from the 
"Schenckenofen" (when brown coal tar is hydrogenated simultaneously, this 
is also introduced at this stage) to give a gasoline + middle oil fraction 
of 335°C end point as overhead and a heavy oil "bottoms", The light pro- 
duct is passed on for vapour phase hydrogenation and the bottoms are re- 
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cycled either ditectly to coal, pasting or ‘indi rectly. ag “tAbschlamm! diluent 
oil. via the fugals, Gas from the cold catchpot ‘is: boosted | back to the in- 
let of the plant via a gas washing plant in which hydrocarbons and nitrogen 
are dissolved in oil (heavy middle oil ex cold catchpot liquid product) in 
order to haintain the required hydrogen partial pressure (170-180. ats). 


Under these latest pire “ting conditions’ this paste throughput ' is ee 
slightly under 1,2 M polly reaction space/hour corresponding to 0.46. ‘Tons 
ash and moisture free coal/ reaction volume/hour, ‘Throughput and .re=:;. 
action temperature are adjusted so that there is no net make of ‘heavy oil, 
The yield of 0-335°C light product is 49-50% by weight on the ash::and:. 3:7 
moisture free coal:fed, Unconverted coal purged: in the Schneckenofer coke 
amounts to 1,5% on the original ash and moisture free coal, (This. as not 
apparent from the flowsheet in Fig. Il since no distinction ig made between 
‘organic and inorganic solids and no indication is given:.of the change. in- 
weight of the latter due to chemical .reduction during the hydrogenation | 
reaction), , Gas make in the hydrogenation of brown coal is 25 075% onthe , 
amf, coal. This is made up as follous: - 


Carbon moriesdice: | ae 1.45% 


Carbon dioxide ~—915% 
Methane - 415% 
Ethane 3.60% 
Propane 1.75% 
‘Total | f+ 25075b 


Oil lost in the carbonisation of Moachiamm and ecane concen— 
trate amount s to 8. 5% by weight on the ash and moisture free coal. 


‘The following are show roughly the carbon balance for this 7 | 
process: . | ees > 


IN Carbon in brown coal 100° 

Our Carbon in unconverted coal 2.0 
Carbon in coke and gas made by ° . 
decomposition of asphalts in 


sludge carbonisation,. 11.5 
Carbon in CO and.COp | - he 
Carbon in hydrocarbon gases 17.6 
' Carbon in sundry losses - =~ 1.0 
: Carbon in Petrol + eae? oil 
‘product | | 63.5 
Total | 100. . oo 


Hydrogen ésnsumntien is 800 fron of ash. ‘and noisture Free coal 
hydrogenated or 6, 6-6 oT by wee 


(13) Consideration of process improvements made ‘since the WAP. 
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The process described above, although much the same as regards yields 
as that operated before the war, shows a marked improvement in output per 
stall. Fig. III is 4 typical Leuna flowsheet for brown coal hydrogenation 
in a single stall in 1939-1940 and it shows that the coal throughput rate 
then obtainable was only 0,32 Tons anf, coal/M? reaction.volume/hour or 
70% of that achieved in more recent times, The improvement which has been 
made is actually greater than this, because in addition to.a throughput of 
0.46 T. of am?. coal, 0,047 T/hr. of tar heavy oil is now hydrogenated in 
each M> of reaction space, 


With fixed pressure and catalyst conditions the only method for 
increasing the rate of hydrogenation of a given raw material to a given 
extent is to increase’ reaction temperature, The extent to which this can 
be done is, however, limited because of the following considerations: 


(a) For a given extent of hydrogenation, (i.e. in this casc, complete 
conversion of coal to petrol and middle oil with only sufficient 
new formed heavy oil to replace sludge carbonisation losses) in- 
crease in temperature increases the yield of gas, asphalt and 
unconverted oil at the expense of petrol and middle oil. The 
increase in asphalt make is particularly serious because, in 
order to keep the viscosity of the recycle pasting oils down to 
a workable figure all now formed asphalt must be destroyed in 
sludge carbonisation and this results in an appreciable loss 
of carbon from the hydrogenation system, Further, the carboni- 
sation plant itself gets into operating troubles when the 
asphalt content of the feed is too high, 


(>) Unless special precautions are taken to cool the products before 
they enter the hot catchpot, increase in reaction tomperature 
leads to a reduction in the amount and, therefore, an increase 
in the solids content of the Abschlamm, One of the most serious 
practical difficulties encountered in the brown coal hydrogena- 
tion process has been due to coke formation on the hot catchpot 
walls and this is more difficult to avoid the higher the solids 
concentration in the liquid product, 


The secret of the increase in throughput of the Lcuna 
stalls is that, by attention to a number of process details, 
the I. G. have beon able to get round some of thc above limita- 
tions and so incrcase the mean reaction temperature by 20-25°C. 


Firstly, automatic controls have been widely adopted. The 
mixing of Abschlamm and fugal concentrate in the proper propor- 
tions for fecding to carbonisation is automatic and this, couplod 
with the provision of a large buffer storage for carbonisation 
fecd, has led to mech steadier running of the Schneckenofen and 
has enabled a higher average asphalt content feed to be used than 
was the case when a margin had to be allowed for possible errors 
in hand mixing.: The hot catchpot level is also automatically con- 
trolled; this climinates the danger of the periodic drying out of 
the walls of this vessel which greatly encourages coke formation 
and, therefore, allows a higher solids content of. Abschlamm to be 
toler ated, : 
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Secondly, the I, G. staff have found that, when the hydro- 
genation process is operzted in the normal way using a gradual 
upward temperature gradient in the reactor system, much of the 
asphalt make is produced in the last converter where temperature 
is at a maximum and hydrogen partial pressure is at its lowest. 
Dropping the temperature in the last converter materially re- 
duces the asphalt make and it also helps-to reduce the solids 
content of Abschlamm and, therefore, the hot catchpot coking 


ee 


- At Leuna, this reduction of temperature in. the last con- 
verter can be practised only in conjunction with high feed rates 
resulting in a high rate of heat evolution per stall. At lower 
throughputs, the loss of recoverable heat by cooling the last: 
converter int roduc es a Preneeret, capacity limitation. 


The Leuna staff feel that still greater throughputs would > 
be possiblé if it were not for two other limiting factors, (1) 
erosion.of preheater tubes and.(2) the capacity of the existing 
Schneckenofen. With the present high rates »reheaters have to 
be shut down for examination every 120-150 days and this shut-down 
takes 6 davs. Incidentally, the general maintenance .shut-down of 
a brown coal stall takes 25 days and occurs, normally, every 15 
months. Kugel ovens are considered to be superior to Schneckenofen 
and several were on ordcr. for installation on the Leuna plant. 


(iii)Details of Plant Equipment 


Paste Mills. These are simply horizontal rotating ball mills fed 
from each end with the appropriate quantities of dried coal and pasting 
Oil, measureinnt of both being automatically controlled. The paste 
jeaves the mill via slots cut in the side and passes. through a 1 mn. 
screen for removal of nibs of coal, tramp iron, etc. 


Paste Injectors. These are ram pumps, the power for both injection 
and suction strokes being hydraulically supplied, Injection rate is 
varied by controlling the rate of entry of water into the hydraulic 
cyclinder, 


The gland packing for these injectors had latterly been lead alloyed 
with 0.1% Cadmium and this had been satisfactory. Before the war, tin 
packings were used. 


The I. G. had ceased'to use-nitrided rams because of the wide 
variation in quality which had been experienced, Ordinary case hardened 
rams of 4C0.B.H. were pene used, 


' Paste Interchangers aousaet of a bundle of 199 tubes ina forging 
6CO mn, diameter and 18 M long. Formerly 241.tubes were used but trouble 
was experienced with chokes, The tubes are zinc treated. 2 


With a paste feed rate of: 30 M3/hour and a gas rate of 20,000 v?/hour 
the K value is 250-200. Units for K value: Kg. cals/M@/*C/nr. Interchangers 
are stripped every two years. 
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Paste Preheaters. These are gas—~fired convection type heaters of 
the stendard I. G. rectangular design, The tube hairpins. are 15,5 M long, 
120 mm, bore and 171 mm, external diameter, They are fitted with fins 4 
mm, thick and 10 mn, apart and which give the tubes an internal/external 
arearatio of 1: 20, 6+7 hairpins are used in a normal preheater the 
average overall K value of which is 180-150. With high feed rates erosion 
of the hairpin bends is appreciable and the average life of a bend had » 
fallen to 18 months. It was proposed to change to tubes of 160 mm, bore 
and 229 mm, external diameter with fins 4 m, thick and 320 mm, square 
spaced 16 mm, apart, The hairpins were to have been made with a pitching 
of 500 mm, instead of the standard 400 mm, 


Brown coal stall Converters. Leuna used converter forgings of a 
variety of sizes varying from 800 — 1200 mm, diam, and from-11-~18 M. in 
length. A stall had four converters and the size was usually such that 
the total stall reaction volume was roughly 27 MS, 


Hot Catchpot. Several designs have been tried in an attempt to reduce 
coking. The type most commonly adopted is shown in Fig. IV A. It is fitted 
with gas cooling coils between the forging and imner catchpot wall and the 
inlet pipe for reactants is outside the inner vessel, The idea of the cool- 
ing tubes at the top of the catchpot is to ensure sufficient condensation 
that the walls never dry out. Another type (Fig. IV B) has no cooling coils 
but cold gas is introduced at the bottom of the vessel via a ring distributor. 
It is claimed that the stirring provided by.this method helps to reduce coke 
formation. 


Let ‘down valves. These are fitt ed with mwidian inserts but even so 
they have a life of only 200~400 hours, 


Sludge carbonisation kilns, lLeuna has 26 Schneckenofen arranged 
in sets of two, Each kiln comprises two horizontal steel tubes 2 ft. in 
diameter and 30 ft. long,. arranged one above the other and sitting inside 
a brickwork gas-fired furnace, Each tube is fitted with paddles, fixed 
with a slight pitch on to a central rotating shaft, and these scrape the 
imner wall of the tube free from adhering coke, Loose iron bars are at- 
tached to the paddles in such a way that, as the peddle rotates, the bars 
are lifted to fall later with sufficient force to dislodge coke deposited 
cn the paidle, 


the average. feed rate is 2.5-35.0 M3 /nour falling to 1.8 M3 /hour after 
50 days when the unit is taken off line for cleaning. 


Gas Circulators. The coal and heavy oil hydrogenation system at Leuna | 
normally employs 5 or 6 circulators each of 80-85,000 MJ/hour capacity. The 
machines throw a maximum pressure of 30 ats. They are operated at constant 
speed and circulation rate is varied by controlled bypass. Stall pressure 
is hand controlled and it was stated that swings of up to 20 ats. are ~ 
observed : 
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Gas washing. Purification of the circulating gas is carried out in 
9 towers each 1300 mm, diameter. Wash oil (a heavy cut of liquid phase 
hydrogenation middle oil) is injected partly with three throw pumps and 
partly by means of three machines driven by let down engines operating 
on the saturated wash oil, The wash oil feed rate was cqntrolled auto— 
matically in order to maintain a constant hydrogen content of Gaerne 
g2aS. 


Automatic Controls, Full details of the various automatic controls 
were obtained but these are amongst the documents (2nd Leuna visit): which 
have not yet reached London, 


C. Brown Coal Tar Hydrogenation 


The Leuna flowsheet for hydrogenation of Central German brown coal 
tar is shown in Fig. V. The orude tar which contains 1% water, 0.5% solids 
and 1-3% asphalts, is fugajled.to remove slightly over 2% of its weight of 
sludge which is sent to carbonisation for cil recovery. The cleaned tar 
is mixed with "Leuchtél", i. e. recovered oil from brown coal carbonisation 
gases (the crude tar + Leuchtdl mix usually contains 45% by weight of heavy 
oil boiling above 325°C, 35-40% distilling between 180 and 325°C and 15-20%" 
boiling below 180°C) and with the crude product from the liquid phase hydro- 
genation of heavy oils, This mixture is distilled to give a 0+325°C frac— 
tion as overhead end a neeyy: oil bottoms which is the feed to the pySEe= 
genation stalls,. - we e | os ; 


The plant employed is subcbaneiediy yey game as a the case of coal 
hydrogenation with the exception that a special pump is installed for hot © 
recycle of liquid from the hot catchpot to the inlet of the preheater, 


Hydrogenation conditions for heavy oil are: 


Circulating gas/Oil feed —. 1,000 W3/Ton 
Mean Reaction Temperature 7 | L80°C . | 
Oil feed rate .0.9 = 1.0 Kkg/litre 
~ 2 ae —— catalyst/hour. 

Pass Conversion of heavy oil © . 

into lighter progres a: 35¢ 
Total Pressure - | | . 230 ats. 
Hydrogen Partial pressure .  . «. 270-180 ats. 
Catalyst 5 - 6% Iron on Grude 


coke in suspension 
: an tthe reactants. 
The catalyst (10927) is made Be GaSkeenat in of the coke obtained 
from Winkler generators. with the necessary amount of ferrous sulphate and 


caustic soda solutions in stoichiometric -proportions.. The impregnated coke | ; 


is dried and ground so that not more than 2% remained on a 10,000 mesh 
screen, There is no washing step-in the preparation.of this catalyst... 
Make up catalyst is introduced.as a suspension in part of the heavy oil | 
feed usually injected into the hot liquid recycle system. Catalyst con- 
sumption is roughtly 1% by weight on the fresh> 325°C heavy oil feed. 
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The main purpose of the hot liquid recycle from the hot catchpot to 
the preheater is to increase the velocity of liquid in the former and so 
reduce the coke formation, The rate of reczrcle necessary depends on the 
hot catcnpet cesign. With the later types, hct recycle can be eliminated 
and 1t was stated that Brux operated in this way. 


In order to purge spent catalyst and non hydrozenable material in the 
tar, there is a small let down fromthe hot catchpot, Part of this product 
is recycled direct and the remainder treated in fugals to give a concentrate 
which is carbonised for oil recovery. 


The yield of petrol and middle oil obtained by liquid phase hydro- 
genation of brown coal tar neavy oil is just cver 80% by weight. Hydrogen 
consumption is 3.9 to 4.0% by weight. It is interesting to note that the 
petrol + middle oil production "leistung" per i/3 reaction volume is lower 
from brown coal tar heavy oil than from brown coal. The figures are 0.25- 
0.26 Tons /ii? /hour for tar heavy oil and 0.29-0,.30 for coal. 


5, Vapour Phase Hydrogenation of Middle Oils | 
(i) Process conditions and yields 


Leuna operates the twoestage process, i.e. straight through presatura- 
ion to convert nitrogen commounds to ammonia and to hydrovenate the greater 
part of the oxygenated components followed by splitting hydrogenation with 
recycle of unconverted middle oil, 


For each stage the plant consists simply of a preheater, two inter- 
changers, three or four converters, a cooler and a cold catchpot. Reaction 
volume per stall is usually about 25 M3. For the first stage, Leuna, in 
comiion with most other German hydrogenetion plants, have changed from 5058 
(tungsten sulphide) in the form of 10 mm, pellets, to 8376 (25% tungsten 
sulznide + 3% nickel sulphide on alumina) catalyst used in the form of cubes 
This was found to be as good as 5058 for reduction of phenols and superior 
to 5058-in that it gave less splitting to comparatively low quality petrol, 
It was not as gocd as 5058, however, for destruction of nitrogen compounds 
which is the most important function of the presaturation stage, 


Leuna achieved an oil throughput of 0,6-0.8 Tons /M2 catalyst/hour in 
the presaturation, stage, for which an average temperature of 410°C and a 
hydrosen partial pressure of 210-220 ats, wes employed. Circulating gas to 
oil ratio was 2,500 u3/Ton, The high hydrogen partial pressure in the vapour 
phase stalls is achieved by introducing all the make up hydrogen for both 
liquid and vapour phase systems into the vapour phase circulating gas,. A. 
purge from this system is used as make up to the liquid phase,’ — | 


Gas made in the presaturation step is the equivalent of 3% of the 
carbon in the feed. Roughly half this gas (by weight) is butane, a third 
propane and the remainder ethane and methane in approximately equal pro- 
portions, The yield of butane-free product depends of course on the oxygen, 
nitrogen and sulphur content of the feed, In the case of total 0~325°C | 
product from brown coal tar it is 95% and hydrogen consumption is 3.9%. 
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by weight. Using petrol + middle oil from brown coal hydrogenation as 
ey the yield of saturated ene ‘is 97% and OSH consumption 3.7- 
Ae Se 


The saturated product from both brown coal and brown coal tar contains 
an appreciable amount of material boiling in the petrol range. This frac- 
tion has a comparatively poor knock rating ‘and it is desirable to keep it 
separate from the better quality product obtained by splitting hydrogenation. 
It is, therefore, usual to distil the saturation product, taking overhead a 
0-150 or 160°C cut if motor gasoline is the desired end product or a 0-120°C - 
fraction if aviation base petrol is being made, It was ‘stated ‘that 0-120°C 
saturation stage petrol ex brown coal. hydrogenation ‘has a motor method octane 
number of 70-71 while the rating of the corresponding product from brown coal 
tar was only 68-70. ‘Presaturation’ stage petrol is frequently used as feed ° 
for the D.H.D. process. ) 


The middle oil from the presaturation stage contains 2-3 mgs. nitro- 
gen per litre. It can be used direct as a Diesel fuel and has a Cetane 
number of 40-2 and a pour point of -15°C. The pour point can be lowered — 
to -40°% by cutting 156 from the higher boiling end but this reduces the 
Cetane number to 38. . ae | 


Splitting hydrogenation of saturated middle oil is carried out over 
@ tungsten sulphide on Terrana earth catalyst (6434), Other proccess con- 
ditions. are: ; 


For Motor ~ For Aviation 
Gasoline Base Gasoline 
Oil ce ate: i . 
Kgs/litre catalyst/hour -——s» 0.8 0.8 — 
Conversion/pass - 60% «55% 
Circulating gas/oil feed | | | 
ratio. M?/Ton 1,500 1,700 
Hy drogen Partial paeseues a 210 - 220 ats. 210 - 220 ats. 
Temperature | | ~~ 4oo°C 410°C as 


Circulating gas ig water washed before entering the stall to reduce 
nitrogen to less than 0.1 merm/litre oil feed. Motor gasoline, is cut to an 
end point of 190°C and has a volatility of about 30-35% at 100°C. Aviation 
base gasoline distils 65- ‘70% at 100°C and has an end.point of 150°. 


When making motor gasoline, 15% of the carbon ‘in the 150-325°C satur- 
ated middle oil feed-is converted into hydrocarbon gas consisting of 83% 
by weight of butarle, 15% propane, 1% ethane and 1% methane. It is possible, 
however, to include 40-50% of the butane in the final petrol so that the 
net weight yield of motor gasoline is 91- 92% on the feed. 


20% of the earner in the 120-325°C feed is converted into neatcceaen 
gas of the same composition as given above when making aviation base petrol. 
It is not pessible to include butane in the Liquid product and the net yield 
is thus only 81% by weight. | 
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Figs. VI and VIII show diagramatically the conversion to two grades 
of petrol + middle oil from liquid phase hydrogenation of brown coal tar 
(including Leuchtol) and brown coal respectively. They show that the 
following overall yields are obtained: 


Motor Gasoline Aviation Base Petrol 
Brown coal tar 
a) wt. on crude t 
including Leuchtol 83 T2e5 
(b) wt. % on liquid phase 
petrol + middle oil 93 S1 
Brown coal 
a) wt. * on ash and 
moisture free coal 46 LO 
(b) wt. © on liquid phase : 
petrol + middle oil. 95 §3 


Overall hydrogen consumption figures are: 
(1) Brow coal tar (including Leuchtol) to Motor gasoline —- 


6.9 - 7.0% by weight on tar or -083-.084 Tons 
Hydrogen per Ton Motor gasoline. 


(2) Same feed to Aviation petrol - | 
7-3 on tar or .1 Tons Ho/Ton petrol. 


(3) Brow coal to Motor gasoline ~ ; 
9.4% wt. on ash and moisture free coal 
or -203 Tons H,/Ton motor gasoline. 


(4) Brown coal to Aviation base -. 


9.6 - 9.7% wt.e on aemf. coal or 
e2h fons H,/Ton aviation base. 


The final blend of motor gasoline from brown coal tar has a C. F. R. 
motor method octane number of 62-64, while aviation base from the same 
raw material has a rating of 68. Corresponding ratings for petrols ex brown 
coal hydrogenation are about two octane numbers higher. 


(ii) Details of Plant. 


Injectors. Normal three throw pumps are used with. electric érives. 
Ss. EB. A. rings for gland packing had not heen very satisfactory and the 
I. G. had used ACACIA wood packing with considerable success. These new 
backings had a life of about 1,800 hours. 
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Interchangers were similer to those in use in liquid phase stalls 
except that those in use in saturation stalls had 241 tubes. K value 
for bcthn was 300-200. 


Preheaters. On the saturation stalls the preheater consisted of 4 
or 5 elements of 90 mm, bore, 127 mm, external diameter tube heated elec-— 
trically. Normal gas-fired preheaters were used in splitting stalls - each 
teas about 25 elements of 90 mm, bore tube and had a K value of 200- 
180. - 


Reactors, The main feature of vapour phase hydrogenation reactors is 
the arrangement of the catalyst in beds with intermediate mixing chambers 
into wnich cold circulating gas is introduced in order to give the necessary 
temperature control, The Leuna engineers do not appear to have been very 
progressive as regards improvements in design of these bed converters and 
the operating staff seemed satisfied with the present reactors although 
they are capable of much smaller throughputs than those in use, for example, 
at Billingham, | 


The forging body was formerly lined with stamoed cement asbestos, 
During the war, Leuna has used fired bricxs of "Schammote stein" with 
apvarent success. 


Coolers. Tne K value of vapour phase hydrogenation stall coolers 
was stated to be 400-500 kg. cals/°C/ti*/hour. 


K. Vapour Phase Splitting Hydrogenation at_ 700 atmospheres Pressure 


This was not practised at.Leuna but the research for-the Dutzkendorf 
plant of the Wintershalle A. G. was done in the Leuna laboratories. Dr. 
Becker supplied comparative data for 300 ats. two stage (presaturation 
followed by splitting hydrogenation) and 700 ats. direct treatment over 
6434 when using bituminous coal tar middle oil (creosote middle oil) as 
feed. These data are given in Fig. VII. 


It will be seen that the weight yield of petrol of 30% volatility 
at 100°C is substantially the same in the two processes but that the high 
pressure method gives a product higher in anti-knock rating: by 5-10 octane 
numbers. Dr. Becker was unable to give figures for hydrogen consumption 
but presumably the 700 ats. process requires less hydrogen because of the 
greater concentration of aromatics in the final product. Incidently this 
aromatic consent and also the octane number of the petrol could be increased 
still further using a "diluted" catalyst such as is employed at Welheim 
instead of 6434. 


In the 700 ats. process overall petrol production leistung is 0.37- 
0.38 kgs./litre catalyst/hour. This compares with 0.29 kgs./litre 5058 
+ 6434 catalyst/hour for the 300 ats. two stage method. Since 700 ats. 
converters have only 75% of the catalyst capacity of vessels of weight 
used for 3CO ats., there is no saving in reaction vessels using the higher 
pressure process, Because the conversion/pass using 700 ats, and non- 
saturated feed is low ~ 43%, the amount of distillation involved is rather 
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higher than is the case in the normal two stage 300 ats. process. If it is 
essential to produce petrol of high aromatic content and an octane number 

of 75-79, there is clearly an advantage in using the 700 ats. method (pos— 
sibly with a less saturating catalyst than 6434) instead of the conventional 
two-stage method followed by D. H. D. treatment of the saturation stage 
naphtha, 


F. Hydrogenation Costs 


On the instructions of the Ministry of Fuel & Power a special effort 
was made to get detailed information on the economics of the hydrogenation 
activities at Leune., During our visit, Dr. Pichler went through the whole 
of the available records and made the following summary of brown coal hydro- 
genation costs. 


Figs. VIII to XI present the basic flowsheet data for hydrogenation of 
brown coal to motor and aviation petrols using the latest Leuna high-through- 
put conditions. They are typical of the Leuna operations during 1943 and 
early 1944. 


Table I gives an analysis of the cost of production of motor and 
aviation petrols according to these flowsheets in terms of raw material 
costs, operating costs and capital charges, credits for hydrocarbon gases 
being taken into account, 


Table II shows a breakdown of the operating costs in terms of operating 
labour, labour and materials for repairs, electric power, fuel gas, steam, 
etc. "Overhead charges" and obsolescence are shown as part of the operating 
cost. Labour is given in man/hours and consumptions of the various utilities 
are also quoted so that it is an easy matter to translate these costs to 
apply to British or American conditions. 


Table III gives a still more detailed breakdown of operating costs 
for production of motor petrol by providing a detailed analysis of the costs 
in each section of the plant, e.g. coal drying, coal pasting, liquid phase 
coal hydrogenation, presaturation, splitting hydrogenation, etc. 


Table IV shows the costs additional to those set out in Table Ill 
which are incurred when aviation base petrol is made. 


These cost data will be analysed in a later report. 


It is interesting to note that although the full cost of production 
of aviation base petrol was only 200 RM/Ton, the Leuna realisation was 
stated to have been 340 RM for this grade and 310 RM for motor gasoline. 
On the basis of these figures, the I. G. had a profit margin of about 80 
x 106 Ri/year in respect of Leuna hydrogenation activities alone, Dr. 
Pichler said that this very high return was allowed in order to compensate 
the I. G. for its heavy expenditure in developing the hydrogenation process. 
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TABLE II 


BUILD UP OF RUNNING COSTS 


¥.6., 7370 


Motor Petrol Production ; Aviation Pctrol Prodn. 


per hour per hour 
| Quantity! FM {Quantity | Ri 

Labour Costs 677.62 | 695,75 
Wages: hrs. LAT 651 52he05 , 459.01 | 538047 
Selaries 11.98 | | 115.07 
Social Insurance 40.99 12 Oi: 

: | 
Energy Costs | : 2,394.99 | yb. 76 
Water we 10, 253.2 147.71 | 11,342.73 163.87 
KH. P. Steam Tne. 280.15 849.77 303.20 919.57 
I. P. Steam Tne. 112.93 | 1/ 225.83 | 125.66 1/ 251.28 
L. P. Steam Tne, 150.54 | 337.19 152.59 34,1.76 
H.T Electricity KW/hr. | 15,460.47 317.86 16,451.88 332.85 
L.T.Electricity KW/nr. 3,761.12 77.82 3,929.78 81.31 
Fuel Gas Tne Cals. | 83,747.51 13682 87,991.65 781,62 
Brovm Coal Tne, 45.063 139.46 ; 139.46 
Other Forms (Gas) 7.19 | 4.58 
Repair Costs 1,496.8 | 1,561.71 
Wages hrs. 371.97 151.01 383.60 | 165.56 
Material 299.15 | 321.52 
Workshop & Material oncost. 745.79 | 774.63 

! 
Working Material | 57.63 | 59.35 
Traffic Charges dal .53 ! 154.90 
Works General Charges | Pt Pe | * 308,11 
Capital Charges 1,139.34 | 1,190.10 
Taxes 154.04 | L53.9'5 
Various Costs 23.81 334.01 
Gredita 59.31 | v o°31 
6,637.43 | | 6,916.89 


i/ Designates credit against opereting costs. 
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The supplementary charges are based on calculations made 


in Feb, 1943 for Motor Petrol or Aviation Petrol. 


The rates for wage carners average 1 Rai/hr. 


Owing to sur- 


charges for holidays-with-pay, payment during illness, etc., 


the actual running cost rate averages 1.17 R/hr. 


time this surcharge was less, 


t as 
a 
actual rate of 


payment. 


In peace 


In the repair charges the 
payment for unworked hours has bccn included in the Workshops 
charges; the hourly rate of 1,20 iii/hr., therefore, is the 


3. In a modern plant it is estimated that the Wages, Energy 
Requirements and Repair Charges would be 10-20% less. 
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TABLE III. - BUILD-UP OF ON COSTS (Cont* 
(Based on values of Nov. it and a Motor Fuel Production of 72.40 Tnes/hr) 
a 
Distillation =a Circulation 
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a w 
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Back Pressure Steen " 
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H.T. Electricity KWH 2.72 16.87 
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Wage & Salary S'ment. 91 7.21 

Fire Brigade 2.65 0.14 1.64 2.09 
Post Office Costs 0.4 1.73 2.27 1.2 
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TABLE III. = BUILD-UP OF TION COSTS (Cont! 
(Based on values of Nov. 1943 and a soir Fuel Production of 72.40 Tnes/hr) 
Liquid Phase Liquid Phase Vapour Phase 
Rich Gas Rich Gas Intermediate [Intermediate 
fication Fractionation Petrol Testi Storage Storage 


Gey fi [RM/hr_ | Qty/hr _| oe Qty /hr | ae Qty /hy | eee Qty/hr | RM/ 


~ 
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ane “to IG vorkers, hrs. 8.80 oe 2h k7 323 
" "foreign " . 5.54 4.08 0.53 
Salaries 0.007] 6.28 0,00" 0.69 
Social Insurance, etc. 0.99 0.21 
02. Energy Costs - 152.77 19,34 
Take .00 . 
Low Pressure Water ioe: " y) ee Was 
High Pressyre " . 67.21 | 0.99 | 3623.55 0.02 
Drinking Water ‘ 0. 9.02 
Cooling Water eis t 
Comdensate - 01] free " 
" - OLly fn .75 | 26.28 | 247.49 1 61 114.35 
High Pressure Steam " 2.7% t 0.87 78 16.47 
Back  * " 156.94 2473.87 | /47.08 
Low a s , 36.68 | 82.16 h, 1.99 
H.T. Electricity KWH 857.44 
LT. " Power a 357.77 741 | 419.15 1.19 
" . Light " 1.16 0.02 42) 
Fuel Gas w 
Workshops Gas - 
Nitrogen 90 Ibs /iné 2 5.08 0.08 
CO. T Ibaf{in® . 57.47 | 0.05 
Towns Gas " 
Acetylene - 
Compressed Air " 6.94 0.02 62.19 0.02 
Raw Brown Coal Kg 
Bit. Coal & Coke " 
03. Repair Costs 37.63 42.31 3.31 6.64 
Foreign Workers wages, hrs. 0.30 0.42 0.32 0.31 
5 material 
& oncosts 0.76 0.35 0.01 
Stores Material 3.46 2.87 0,01 0,28 
. " supplement 0.74 0.76 0.05 
Workshops Wages. hrs. 10.53 | 12.47 12.04 | 14.40 1.23 2.49 
ss Costs supplement 19.76 23.26 2.02 3.81 
Repairs - Transport charges 0,02 0.36 0,01 
- Running Materials 1.04 1.46 1.00 0.39 0,01 
Materials 1.03 1.00 0. 0,01 
Stores supplement 0.01 6) 

05. Traffic Costs 0.61 2.9 Oh ) 

06. Works General Charges 8.62 10.09 0.2 1.46 
Wage & Salary s'ment Te4l 13.1 0.20 0.98 
Fire Brigade 1.00 2.34 0,02 0.4 
Post Office Costs 0.21 1.12 0,01 

07. Capital Charges 42, 34 101 0.63 4 67 
Writing off 32.59 76.30 0.49 3.92 
Interest 9.75 62 4 0.75 

08. Taxes 4.72 9.88 3.36 0.73 

09. Various Costs 7.82 fi0 1.70 Osco 
Laboratory 7-25 222 1.37 0.60 
Other Costs 0.16 0.79 0.33 
Raw Material Stores 0.41 0.09 ) 

Part cost Pipe-Bridges 3-88 6.46 431 
= " Factory Wts. System , De 
° " Tip charges Transferred to 
5058 Catalyst Plant 
10. Credits H.S. gas section 14, 47 


Sc OE) 


1/ Designates credit against operating costs. 
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TABLE III. - BUILD-UP OF HYDROGENATION COSTS (Cont?é) 


(Based on values of Nov. 1943 and a Motor Fuel Production of 72.40 Tnes/hr) 


Phonol Washing 


Hydrogenation 


Drain Wtr. Treatment | Phenol Sepe 


Production: Tota] 
1/ Designates credit against operating costs. 
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Hydrogenation 
ation 


Ol. Wages 2.02 
Wages to IG workers, hrs. 1.11 1.15 
" "foreign O] " 
Salaries 0.74 
Social Insurance, etc. 0.13 
02. Energy Costs 6.15 
(Take M? 
Low Pressure Water (cr. " 
High Pressure Water : 
Drinking Water " 
" 
Cooling Water ie " 2.66 0.10 
Condensate - O11 free i 
OY ao Oily " 
High Pressure Steam Tne 
Back st " wt 
Low " * o 0.58 1.30 
H.T,. Electricity KWH 53.11 0.80 
Lil Mg Power v 0.46 0,01 
: " Light " 1.17 0.02 
Fuel Gas ve 
Workshops Gas " 
Nitrogen 90 1bs/in® n 
COp 7 lbs/in@ r 3240, 38 2.79 
Towns Gas a 16.48 O.47 
Acetylene ie 
Compressed Air " 196,89 0.66 
Raw Brown Coal K 
Bit. Coal & Coke 7 
03. Repair Costs 7.18 192 
Foreign Workers Wages, hrs. 0.1 
s ss material 
& oncosts 0.86 0.08 
Stores material 0.95 0.06 
" " supplement 0.15 0.01 
Workshops Wages hra. 2.00 0.41 O.4OT 
n Costs, supplement 3.04 0.67 
Repairs - Transport Charges - 
O4, Running Materials 0,25 0.70 
Materials 0.22 0. 
Stores supplement 0.03 0,02 
05. Traffic Costs 
. 06. Works General Charges 1.34 0. 
Wage & Salary supplement 1.03 0.77 
Fire Brigade 0.27 0.20 
Post. Q2ffice Costs 0.04 
O7. Capital Charges ip.28 463 
Writing off Te 3.03 
Interest 2.31 0.80 
08. Taxes 1.01 0.48 
09. Various Costs 
Laboratory 
Other Costs 
Raw Material Stores, 
Part cost Pipe-Bridges 
is " Factory Wtr. System 
* “ Tip charges 
For nake 
10. Credits rie cal sok 


6.00 


Van33 
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J, .82 
5.58 
0.14 


75.10 
0.95 


43,50 
10.53 
0.27 
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TABLE TV. --EXTRA.CHARGES FOR AVIATION PETROL” |. 


—— 
plation Injection Stalls Distillation ‘| Fractionation 


02. Energp Costs 
L.P. Water 


H.P. Water 
Drinking Water 


a 


i 

E 3 
grsecsage eB ef asses eeg, 

vs 

BB 


0.18 

3.45 | 125.68 
2521 0.07 
ae _ 143 
Fuel Gas : 
Workshops Gas 
Nitrogen 90 lbs/in® 
COs 7 1bs/in® 
Towns Gas 

Acetylene 
Compressed Air 

Raw Brown Coal 

Bit. Coal & Coke 


03. Repair Costs 
Foreign Workers Wages. hrs. 0.06 
e s Material ° . 
& oncosts. hrs. 


20.74 


Workshops Wages. hrs. ‘ 2.20 
Workshops Coets Supplement 
Repairs-Transport charges — 


Oh. Running Materials 
Materials 


Stores supplement ; : { 
05. Traffic Costs. 


06, Works General Charges’ 
Wages & Salary supplement 
Fire Brigade 

Post Office Costs 


07. Capital Charges 
Writing off - 
Interest - 


0S. Taxes 


09. Various Costs ie | 
Other Costs 
Rav Material Stores = - 
Part cost Pipe-Rridges | 

“= =" Yactory Water system 


" " Tip charges : : 
10, Credits . ; . - e . vot . . 
Production: ‘Total | foes] 
1/ Designates credit against operating costs. — 
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V. D.H.D. (DEHYDRIERUNG-HOCH-DRUCK) PROCESS 


(i) Description of Process and Leuna operating results. 


The DHD process was developed in Germany by the I. G. Farbenindustrie 
A.G. for the catalytic dehydrogenation of naphthenes to aromatics and was in- 
tended primarily for the use on hydrogasolines. The catalyst employed is 10% 
molybdic oxide on alumina and the reaction is carried out with recycle hydro- 
gen under a pressure of 30-40 ats at a temperature slightly above 500° C. 


Two DAD units had been completed at Leune and one of them had operated 
for 4 months. Two further units were in course of erection. 


The method of operating the process is shewn in the simplified flow dia- 
gram in Fig. XII. & XIII. 


Full boiling range (IBP-185°C) hydrogasoline is first fractionated to 
remove, as an overhead cut, the lower boiling material boiling up to 85°. 
The bottoms from this prefractionator are mixed with recycle gas containing 
55-65% hydrogen. 1 cu.m. of recycle gas is used per kg. of liquid feed. 


The mixture of gasoline and recycle gas is first preheated by heat ex- 
change with the product from the end reactor; then by heat exchange with mater- 
ial from the fourth reactor, and finally by convection heating to a four- 
chamber convection heater. The pressure at the inlet of the first exchanger 
is he ats. and at the inlet of the first reactor it is 37 ats, 


The feed enters the first reactor at 500°C and passes downward through 
the catalyst bed and leaves at 450°C. The mixture is then reheated in one 
section of the heater to 510°. and enters the second reactor under 34 ats 
pressure. The material leaves the bottom of the socond reactor at 490°C, is 
reheated in a third section of the heater and enters the third reactor at a 
temperature of 520°c 4nd under a pressure of 351 ats. The outlct from this 
reactor at 510° is again reheated in the fourth section of the heater and 
enters the fourth reactor at 530°C under a pressure of 30 ats. Each section 
of the preheater has its own burner and independent fuel gas, air and recycle 
gas supply. At the outlet of the fourth reactor, the, dchydrogenation reaction 
is completed. The effluent from this reactor at 530 C. is cooled to 300° by 
heat exchange with the fresh feed and passes tc the fifth reactor for hydro- 
genation of the olefins. The effluent from this fifth reactor exchanges heat 
with the fresh feed and passes through a cooler to a receiver for the 
separation of the gas from the liquid. The gas is principally methane and 
hydrogen with some ethane and very little Cz-Cy. At the beginning of the cycle, 
the gas contains about 65% hydrogen, and at the end of the cycle about 55% 
hydrogen. The density of the recycle gas at 15°C and 735 mm, is 0,38-0.45 ke 
per cubic metre, A part of this gas is recycled with the fresh feed, as 
explained above, and the remainder removed from the system as tail gas. 


The liquid product from the receiver is let down, fractionated to remove 
the heavy materials and then sent to a stabilizer along with the LBP-85° cut 
from the initial charge. In the stabilizer, the ethane to butane product is 
taken overhead and the DHD gasoline is made as bottoms. 
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FLOW DIAGRAM, DHD PROCESS 
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The total hydrocarbon gas made is purged from the circulating gas and 
evolved on let down of the liquid product and on its subsequent stabilization 
amounts to 19-20% weight of the original hydropetrol, i.e. about 25% by 
weight of the naphtha fed to the process. The fas is comprised of roughly 
equal proportions by weight of methane, ethane, propane and butane. 


Tne catalyst used in all’ five reactors is active elumina on which has becn 
deposited 8-10% Mo0s,. It is prepared by the impregnation of activated alumina 
with ammonium molybdate solution. The catalyst is uscd in the form of 8-12 m. 
cubes and is placed in the reactors in a single bed. It was originally planned 
to operate the DHD unit with a liquid space velocity of 0.438 kgs of liquid per 
litre of catalyst. In actual operation, space velocitios of 0.25-0.32 were 
the highest obtainable. The length of the on-stroam cycle on the catalyst 
deverds upon the charge stock and varies from 120-240 hours. The regeneration 
pericd with the necessary purging operation requires about 24 hours. 


At the ond of the on-stream cycle, the reactors are first depressured and 
filled with nitrogen to 10 atmospheres pressure, dcpressured again and filled 
with nitrogen to 70 ats pressure. The recycle compressor is then started and 
air is admitted to the recycle gas stream until the oxygen content at the 
inlet of each reactor reachos 1%. 20,000 cu.m. of gas are recycled pcr hour 
through each reactor. The normal time of regencration is about 12 hours. 
Oxygen concentration in tho recycle gas is controlled to hold the regeneration 
temperature to slightly less than 540°C. During regeneration, 1 cu.m. of 
watcr is added per hour, cither at the sccond heat exchanger of at the cooler, 
for removal of acidic compounds produced during regeneration. In some cascs, 
it has been neccessary to use dilute caustic at this point. It is necessary to 
remove SOo sulphur dioxide completely from the recycle gas, but. the carbon 
dioxide concentration can go up to 8-14% without harmful cffects. At the end 
of the regmoration cycle. THe inert ges is stored in cylinders for re-use on 
the next regeneration. The catalyst chambers are dcprcssured and then filled 
with the regular recyclo gas from storage for the subscquent on-stream cycle. 


The reactors are the usual high pressure reaction vesscls having a flanged 
top head. The inside diamoter of the reattor is 1320 mm. The first reactor 
is 11 metres in length and the remaining four reactors are 13 metres in length. 
The reactors arc lincd with fircbrick in ordcr that the outcr reactor wall 
tomperature docs not exceed 200°C. Theo cxchangers are conventional tubo and 
Shell units with the fresh feed in the shell. in ail cases. The convection 
heater employs fluc gas recirculation and all heating is done by convection 
heat rathcr than by radiant heat. The fractionating system is tho conventional 
tunble plate tower typo. 


The finished dcbutanized DHD gasoline, which includcs front ends from 
the gasoling charge, contains 50-52% by weight of aromatics. The octanc nun- 
ber is 80.5 CFR motor mcthod It appears that some paraffins are converted to 
aromatics in the process, Othcor propertics of DHD Plant fecd matcrials and 
products are given in Table V. 
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TABLE V. - LEUNA D,H.D. PLANT PROPERTIES OF FEED AND PRODUCTS 


0-05°C 


Aniline Point ~ & ie 
Aniline Point after 

treatment with sulphuric 

acid | 133 
Wt.% aromatics | 4 
Wt.% Naphthenes 46. 
Wt.% Paraffins LE 
Wt.% Olefines 0 
Motor Method Octane No. | 136 
Motor. Method Octane No. | 

with 0.12% by vol. TEL, | = 


(ii) Costs 
Dr. Pichlor provided the following cost data for the DHD process. 


The basic flowshcet assumed for the cost calculation is shown in Fig. 
XTII. | 


Table VI analyses the cost of manufacture of DED gasoline in terms of rai. 
material charges and opcorating costs and shews the credit for hydrocarbon gas. 


Table VII gives. a breakdown of the operating ‘costs and provides the date 


on labour requiremonts, utilitics consumption, etc., for calculation of the 
costs of the process if operated in U.S.A. or Britain. 
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TABLE VI. -: CALCULATED COSTS FOR D.H.D. PETROL 


(Based on Works Costs for ist Qr., 1944) 


Was ai Cost Per a Per Tne DHD Petrol 
Unit Unit Quantity] RM RM 


A, Materials 
1) Petrol 2/170,14) 13.35 |2,271.37| 1.379 | 234.65 
2) Catalysts & 
Chemicals 29.04 3.00 
| 


3) By-Products 


Circ. Gas Purge 10°tpe ' GGT Dee 4/99, hol 1.467 |4/10.27 
Rich Gas ~° r*. 2/12.35} 20.5 4/230 ,68 2,116 4/oh oly 
Redistilln | | 
Residue | 100.00) 0.47 | 4/47.00! 0.089 | 4/486 - 
B. Running Costs)/ : | 
. . {See Table VI) : . 594.26 61.39 
Production Cost 9.60 | el he Pee, 1.000 i 259.07 
! 
7 | 
Evaporation Tonne 3,00; 9.68 7 29.04 1.000; 3.00 
D. Oncosts | 262,621 — : 27 «> 
Works Cost / 9.05 | 2,807.25 1,000 


290.00 
(without conver- | Rae 58 
sion and oil | 
taxes and other | | 
special costs) : 


1/ This cost has been taken from Table 1. 

2/ Butane and Propane in Rich Gas valued at Motor Spirit valuation aia 
cost of separation, 

3/ It is estimated that for 4 DHD Stalls, the running costs would be 
42 RM/Tne DHD Petrol and the Works cost, 270 RM/Tne DHD Petrol. 

4/ Designates credit against operating costs. 


——— a oon 
. 

Se ee 
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TABLE VII. - BUILD-UP OF RUNNING COSTS FOR DHD PETROL 


Cost per hour , Pex Tne uae Petrol. 

Lab Cost ee 5] = $71 

our VLCOStS cot Sy eee Ne ° 

Wages hrs. e1.76 | 26.560 ‘ceo 27 
Salaries — 3 we i san a TOF | Onto 
Social Insurance ? . 7 , PR 3 | 0,24 
Energy Goats . | | 163.65 | 16.91 
“Water. ‘Mw 805.38 | “15.351 . 83.20: | 1.38 
oe cen te | oct 20-10 or tiers 
L.P, Steam | ‘Tne 5.63} 13.41 0.58 | 1.39 
H.T. Electricity ‘KWH 1, ,061..31. 26.47 | * 494,35 eS fe 
LT. ELectrigity Po | KWH 267.52 | .5.23, 27.64 | o.5h 
Fuel Gas Tne Cals.| 6,461.04 Fer) 667.46 | 6.01 
Other forms . 1 0.28 | | 1/0,03 
Repair Costs sia! 508 
Wages te hrs. -| 13.19| 15.62) 1.36 | 1.61 
Material ~ 1+ 698] . | 0.72 
Workshop and Material on cost | | 26.57 _ S012 
Working Materials ° | yg | 0.18 

Traffic Charges | 0425 ‘tT -O.8 
Works General Charges | on : > Byor 
Capital Charges |. 297.29 ) 0.70 
Writing off 192.78 | | 19.90 
Obsolescence ft 104,52 | } 10.80 

' i ' 

Taxes : 20,88 + | 2.16 
Various Costs ; 6.01. ; 0,62 
Credits | 1/68 1/0.07 


1/ Designates credit against operating costs, 
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I.C. 7370 
VI. __HYDROFORMING PROCESS. 


The hydroforming proccss was invented in Germany by the I.G. Farben- 
industrie A.G. before the war and the basic patents were held by the Germans. 
The process was developed in Amcrica for the production of aromatics from 
straight run gasoline. No commoreial units had becn built in Germany prior 
to the war, and the Leuna pilot unit was the forerunncr of the only large- 
scale hydroforming plant now operating in Germany, namely that designed and 
built by the 1.G. at Moosbicrbaum. The capacity of the plant is 7,000-7,500 
tons of finished product por month; this was to be expandcd to 14,000 tons 
per month, but the project did not materialize. The unit at Leuna is similar 
in some rospects to the units in tho United State, but in others, quite 


difforent. <A simplificd flow diogram of the Leuna unit is attached as Fig. 
XIV. | 


Charging stocks were primarily straight run gasolines and the catalyst 
used was a molybdena on alumina catalyst containing 5-10% MoO; 


The Leuna unit consists of two reactor systems of three reactors cach. 
One system is on stream while the other is on regeneration. 


It was thought necessary by the Germans to vary the activities of the 
catalyst in the different reactors by varying the MoO; contont and the particle 
size in order to obtain a uniform coke laydown. The catalyst in tho first 
reactor is divided into three zones, i.e. the top zone containing e catalyst 
with 5% MoO and with a particle size of 10-15 mm.; ea middle zonc, also with 
a particle Size of 10-15 mm., containing 10% MoOz, and a bottom zone contain- 
ing 10% MoOz but with a particle size of 6-10mm. The sccond reactor has two 
zones of catalyet, both with a MoO, content of 10%, but with a 10-15 mm. 
size in the upper zone, and a 6-10 m. size in the bottom zone. The third 
reactor contains one bed of 6-10 mm. catalyst with 10% Mo03. 


The charge first oxchanges heat with the effluant from the third reactor 
and is thon mixed with 600-1000 cu.m. of recycle gas per cu.m. of charge con- 
taining 50-60% hydrogen preheated to 520°C. under.15 atms. pressure. The 
matcrial leaves the bottom of the first rcactor at 4#809C., is rchcated to 
530°C., passes down through the second reactor and leaves at 495°C. It is 
then reheated to 530°C., passes through the third reactor containing the more 
active catalyst. The cffluent from the third reactor at 510°C. exchanges 
heat with the charge and passes to a rocciver where the recycle gas is 
scpareted and the gas made is romoved. The liquid is then charged to a stabi- 
lizcr where ethanc, propane and butane are romoved as an overhcad preduct and 
the debutanized hydroforming gasolinc is madc as bottoms. 


The throughput js 600 gr. of liquid charge per litre of catalyst volumo. 
The three reactors are on-stream 6-12 hrs. and on regeneration for 6-12 hours 
when streight run gasolines are the feed stocks. It was reported that, if 
mydrogasolines are charged to a hydroforming unit, an on-stream time of 100 
hrs, would be obtained with 25 hours required for regeneration. With such an 
operation it would, of course, be necessary to arrange the unit in a diffcront 
manner from the other two systoms of three rcactors cmploycd at Lcuna. 
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The catalyst is regenorated in situ by recirculation of inert gas and the 
introduction of controlled amounts of air. At the beginning of the regenera- 
tion tycle, the gas contains .j-1/2? % airy. and: at the end 10-15% air. The 
regeneration air is controlled so as not to exceed 550° C. during any part of 
the cycle. It was velievéd By the Germans that this is highly important in» 
order to obtain a long catalyst life, ‘although’ the’ neeten se life oor 
was only in the order of 6 months. 7 | 


The catalyst was prepared Syl erepnek isa. of aetientad alumina with, 
ammonium. molybdate solution. It was reported that the catalyst. was relatively 
inactive during the first on-streamcycle until the last. traces of. ammonia - 
were removed by the first regeneration. + 


The feed stock was “prepared by first distilling overhead 10-15% of a = 
material botling below 90° C.; the remainder was then hydroformed, the ‘hydro- 
formate was blended with the overhead cut from the primary distillation. A 
yield of 76% hydroformate based on the total straight-run gasoline charge 
was obtained with a yield of 72-73% based on a case charge. The length of 
the cycle was controlled to aes a minimum of 50% concentration of - | 
aromatics in the final product. Typical inspection of the ers and product 
obtained from a mixed base charge is as follows:- 


Charging Stock. Product. 


Sp.er. @ 20° om | 0.750 O.7{0 
IEP. °C. | 62 . Ly 
% over at 1009 C. | 18 36 
% over at 160° C. : 95 94 
RVP atms. | - 0.4 
Bromine Number | 0.51 203 
 Olefins 0.5 (2125 
Aromatics 14 5Y 
Naphthenes a g 
Paraffins 41.5 36.5 
: - C. 85.46 87.74 
OH, | 14.53 12.26 
Octane lio. MM. 88.5 80 
‘Octane Io. HM. plus 0.122 
TEL. 79.0 91 


"Information was obtained on the results from the hydroforming of paraffin 
base, mixed base and brown coal hydrogasoline in the pilot unit. These are 
as follows:— ' 3 


| Browmcoal _ 
Charging Stock. Paraffin Base. hixed Base. Hydrogasoline. 
API gravity of charge 51-52 18—50 nn | 
Products % by weight: _ | 
Cl 365 es oe 
Co. 5.0 © “5.257 4.0 
41—Ciy' ‘ey 1.1 
n-C), . 362  QhTD “eet 
Coke lee “0.7 0.2 
Gasoline, IP 1650 C. 7H.5 73.3 f0.9 
Residue 3.6 3.4 3.4 
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It was proposed to subject the heavy hydroformate boiling above 165%. to 
a hydrocracking operation described in section VII - Arobin Process, 


It should be noted that the Leuna people were not too well satisfied with 
their present hydroformer design and have made experiments on hydroforming in 
a tubular reactor. The experimental unit employed consisted of five tubes 
with a 6C mm. diameter, each tube containing some 25 litres of catalyst. The 
tubes were heated by flue gas from an auxiliary burner, and a temperature of 
510%. was maintained throughout the length of the tube. In actual operation, 
of course, the temperature was varied with the charging stock used to give a 
desired aromatics concentration in the product. The space velocity used in 
the tubular reactor was 0.8 kg. of feed per litre of catalyst, as compared to 
0.6 kg. of feed per litre of catalyst used in the present unit. ‘The same re- 
cycle gas to feed ratio was maintained. It is claimed that the use of the 
tubular reactor resulted in a 5 percent increase in yield for the same aroma- 
tic concentration in tbe product. Furthermore, it was possible to increcse 
the on stream time using straight run to 20-50 hours, the ratio of on stream 
to regeneration times being 4-5 to 1. It should. be emphasized that the above 
results are those of a relatively small pilot plant, but it is significant 
that the I.G. had decided on a plant of this type for the projected Moosbier- 
baum extensions. 
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| VII. AROBIN PROCESS 


The Atobtn process is a method of manufacture of aromatics from the high 
boiling residues of the DED (dehydrogenation of naphthenes) and the HF (hydro- 
forming) vrocesses. The available charge stock consisted of about 5% residues 
from the distillation. The process was developed to the pilot plant st-2ge 
only, with a catalyst volume of 25 cubic ft., and a charge rate of 120 galions 
hour. | 


Tne following details of the process as applied to EF plant seatauee were 


secured from Dr. Herold of Leuna, who is in charge of development work on fur- 
ther utilization of products from existing processes, — 


Charge to Arobin Plant 


Bottoms from HF process charging mixed Rumanian and Hungarian straight 
run gasoline: 


API Gravity . 21.2 


Engler Distillation 
TBP Z16°R, 
50% 383 
E.P. 676 
Bromine No. 14 4 
Aromatics & Olefins 98. Mh 
Pour Point -66°F. 
Elementary Analysis: | 
Carbon 90.59% 
Hydrogen 9.40 
Sulphur 0.06 
Operating Conditions 
Catalyst Temperature 752-852°R, 
(According to Untalyst activity) 
Space velocity (liquid) 0.65 vol. oil/vol. 
catealyst/hr. 
Gasoline concentration et 
stripper 50% by volume) 
Pressure 2,940 psi 
Circulating ges 1000-3000 volumes / 


volume gasoline/hour, to 
control the heat of reaction 
(about 0.360 BTU/1b charge) 

Chemical consumption of 

hydrogen 5.45-6.20 cubic ft./lb of 
finished gasoline. 

Cetalyst - "KK" catalyst + 1% MoO 

(sce below for method of preparation) 


The MoOz acts as a hydrogenation catalyst and 
thus prevents the formetion of pclymers which 
would cause coking. 
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Yield and Quality of the Product 


added to 45% nitric acid to give a pH of 6, 


T3420 


Average Net Yield 


Methane — 


Ethane 
Propane 


Tsobutane 


N-Butane 
Gasoline 


I.C. 


Quality of the finished product (Arobin) 


API Gravity 
Octane No. (Motor Method) 
+ 4.55 cc/gal TEL 
Bromine No. 
Reid Vapour Pressure 
Corrosion 
Freezing Point 
Gum (Glass dish) 
Aniline Point 
Aromatics & Olefins 
Naphthenes 
Paraffins 
Elementary Analysis 
Cerbon 
Hydrogen 


Engler Distillation 


99.0 
Residue 


Preparation of the Arobin Catalyst 


1. Preparation of alumina. Commerciel alumina is dissolved in hot 25% 
caustic solution, to give about 1.66 lbs. Alo0z/gallon. This solution is 
Precipitation temperature not 
over 122°F, After precipitation, the solution is filtered or decanted, the 
precipitate is washed with pure water until the effluent shows no nitrate, 
and dried at 248°F, until the ash content is about 70%. 


2. Preparation of silica ge 


27%) and 10% sulphuric acid are reacted at 50-59°F 
ing to 158-176°F, the clear sol congeals. 


Google 


= 47 = 


353 
0.8% 


to give a 3-4 pH. 


{370 


. Waterglass solution (Sp. g. 1,333, Sido 


On heate- 


This gel is broken into 1-1/k"-2" 
pieces and washed until the wash water shows no trace of sulphate. 
dried at 248°F to an ash content of about 70% It is pulverized in a mill 

(Wibratom) until at least 90% of the powder will pass a 10,000 mesh (per tnit) 
Sieve. 


The gel is 


I.C. [3/0 


3. Preparation of the "KK". Catalyst from the gel. The alumina is 
kneaded in a kneading machine with enough water to make a plastic mass. A 45% 


nitric acid solution is added, the quantity being 10% of that theoretically 

noeded to form aluminium nitrate. Then the powdered silica gel is added with 
continuous kneading to give a ratio Alo0z: Si0o = 1:9. The mass if further 
kneaded for 6 to 10 hours. The mays is then extrudod for reed to an adjoin- 
ing candy manufacturing machine (Franconia), where it is formed into spheres. | 


4, Preparation of the Arobin Catalyst. The above spheres cre soaked 
with ammonium molybdate solution made up in such proportions that one weight 
per cent MoOz is absorbed. The spheres absorb practically all the liquid. 
They are then draimed and dricd at 356°F. 


A 5-pound sample of this ieouin catalyst was secured for further testing. 


1128 ethos 


Google 


FIGURE 


RESEARCH UNIT OFVUBEN 


wa 
Mid /A2300 


CRACKING 


CATALYTIC 


3 


REACTION VOLUME. = |-7M = CATALYST FEED RATE 


e * 
550 


bp 


THE] 


oA SIN 
IN 
h 
IIL 


“2 


(jr 
Z SEN 


Digitized by Coc gle 


* 3 


Viti SH 


ve aS 


= BS 


7 4X0 
+ Bam 
; £o 
ee 
7m caTacyst/ 


ok 


a izle 
SPSS 


«122 TNE. | 


Original from 


THE OHIO STATE UNIVERSITY 


I.C. 7370 
Vill. CATALYTIC CRACKING. 
introduction | | an 


Catalytic cracking was not being employed on any appreciable scale in — 
Germany. Expertimentel work was being carried out at Leune on a catalytic pro- 
cess Similar to the TCC process, using e silica alumina catalyst, and there 
wes a pilot unit of 20 litres catalyst capecity which could vrocess 12 litres 
of ofl per hour. A larger unit (at Deuben near Zeitz) was essentially .com- . 
plete, and was designed to process 1,000 litres of oil per hour. The Deuben 
plant "has not been in operation, houever: It was also planned to build a 
commercial unit as part of an underground aviation gasoline plant. near Nord- 


hausen. A sketch of the provosed reector-regenerator sct up is attached as 
Fig. a 2° ; 


Reaction Conditions 


The eepenemitor is mounted above the reactor so that the epeneee toe: 
catalyst is fed to the reactor by gravity. Spent catalyst from tho bottom of 
the reactor is elevated to the top by means of an open bucket clevator. The 
min regencration zone consists of on air-catalyst exchanger device where the 
cir for regencration passes through the inside of roeactangular plate sections 
and is preheated by the catalyst passing on the outside. The preheated air 
from this section then passes up to the top of the regencrator in an outside 
duct, and then passes down through the catalyst ond leaves, the regoncretor 
through a collecting device below the air preheater section. The object of © 
the air preheater section, in addition to that of heat economy, is to control 
the temperature of regeneration so as not to exceed 550°C, Below the regener- 
ating zone, the catalyst is cooled with recirculated inert ges and then passes 
through a feeder into the reaction zone. Oil enters the reactor about the 
middle of the reactor through a distributor end passes upward through the top 
half of the catalyst bed and leaves through a collecting device. In the bot- 
tom helf of the reactor, the catalyst is stripped with inert gas and then 
discharged through a sccond fceder similar to the one locatcd between the | 
regenerator and the reactor. No stcam stripping is used anywhere in tho 
systen cs it was thought to be detrimental to catalyst activity. 


The catalyst feeder mechanism or velvc consists of concentric cylinders, 
the inner cylinder being rotated so that on cach revolution, the cylinder is - 
filled with catalyst in an lupwerd position, cand the catalyst discharged in a 
downward position. Apparently, this fceder had not been used on any commer- 
cial unit and it was not known what trouble would bo encountered with crosion 
by the catalyst dust. A detail Brawins, of this fecder was obtained, A cross~- 
section is attached es Fig. XVI. 


Catelyst 

The catalyst used is a silica alumina catelyst, nine parts of silica to 
ono part of alumina. The catalyst particles arc white to ycllow round 
granules wita an apparent density of 0.7 and a crushing strength of 10-30 keg. 


The alumina for the catalyst is propared by dissolving technical cluminum 
oxide in 25% sodium hydroxide solution in tho proportions of 1 mol. of Alo0s 
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to 1.5 mols of NacO. The solution contains 500 gr. of A150z per litre. Water 
is added to the solution equivalent to oné-third of the final total volume. 

To this solution is added 45% nitric acid while maintaining a pH of 6-7 anti- 
mony electrode. The temperature during the precipitation is allowed to rise 
about 50°C, The precipitate is filtered and the cake is washed either in a 
filter press or by decantation until the wash water is clear of nitrate ion.” 
The alumina is then dried to a 30% water content by heating a+, 120°C. 


Silica gel is prepared-by mixing a water glass solution containing 27% 
Sido with a specific weight of 1.333 with ON sulphuric acid at a pH of 3-4 
and a temperature of 10-15°. yee 


The silica gel is then produced by heating to 70-50°C. The gel is then 
broken into pieces of 3-5 cm. size and washed with water by decantation until 
the wash water is free of sulphate ion. The wesh water is either distilled 
water or steam condensate with e-4 degrees hardness. 100 kg. of gel require 
approximately 40 cu,m. of wash water. The gel is then dried at 120°C. to 30% 
water content, powdered in a vibrating mill to a particle size of 90% through 
a sieve having 10,000 openings per square cm. | 


The aluminum hydroxide is kneaded with sufficient water to produce a 
plastic mass containing 50-60% solids, and then peptized with sufficient 45% 
nitric acid to convert 10% of the material to aluminum nitrate. The silica 
gel is then added to this peptized aluminum hydroxide and the mass kneaded 
for 6-10 hours. The catalyst is then pressed and transferred to a candy- 
making machine (Frankoma) and formed into spheres of about 1-4 inch diameter. 
The spheres are dried at 120°C. and then calcined at 450°C. for 4 hours. 


An alternative method of catalyst preparation consists of mixing the 
gels, both containing about 30% water, in a mixer and then kneading them with 
water for 1 to 3 hours. No nitric acid is used in this preparation to peptize 
the aluminum oxide. 


The catalyst is said to be amorphous since X-ray pictures show a general 
dark field with a few weak and unclear lines vrincipally from crystalline 
aluminum oxide, If the catalyst is calcined for a longer period of time at 
550° Cu, the X-ray pictures show definite evidence of recrystallization of 
the alumina. 


Products 
A typical pilot plant operation cracking a light Hannover gas oil of 165- 


350°C. boiling range ct a space velocity of 0.6 volumes cf oil per volume of 
catalyst per hour, and a residence time of one hour gave the following results: 


Dry gas 4 wt.% 
C3-Cy 14 wt .% 
Ces~ -165°C. 30-33 wt. 
Coke » uy 
Residue 45-4865 


The Cz-C), fraction contains 60% Cz and 40% Cy, 75% of the Cy, cut being 
isobutane. The C,- -165°C. gasoline fraction contained 5-8 wt.% olefins, 25% 
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aromatics and 67- ~10% pareffins and naphthenes. The octane number of this 
fraction with 0.12% by volume of TEL was 90-92 MM. 


Catalyst Life 


Catalyst life tests in o 1,2. litre catalyst testing apparetus indicated 
that the catalyst life decreased from a yleld of 30% C5-165°C. fraction to a 
25% yield in 6-9 months. The oil used for these catalyst life tests was a 
200-400°C. mixed base gas oil from the Vienna district. 


Pilot plant tests were also made on cracking a brown coal middle oil and 
a hard coal middlo oil. The highest rich-rating gasoline was made from hard 
coal middle oil. The lowest rating was obtained from cracking gas oil, end 
the brown coal middle oil gave an intermediate result. 


Hydrogenation of Product 


Experiments were conducted in tho laboratory on hydrogenating the resi- 
due from the catalytic cracking unit using a catalyst containing equal mole- 
cular proportions of nickel oxide and tungstic acid at a temperature of 400 C. 
under 200 atms. pressure with 2000 litres of hydrogen per litre of charge. A 
second catalyst was also tried which contained 10% tungstic acid on activated 
alumina at 450°C., but this catalyst produced considerable cracking. 5-8) 
gasoline with a low octane number. was obtained. With the nickel oxide- 
tungstic oxide catalyst, no cracking was obtained. The catalytic cracking of 
this hydrogenated residu2, which was.more pararfinic’ than the original charge, 
produced results similar to those obtained on the fresh charge. 


Some work has been done cn the cracking of pure normal decane, normal 
decene and dccalin. It was found that decalin was the easiest to crack, 
normal decane being the most difficult and normal decene intermediate. There — 
was little difference in the EeeEectautey of the normal fecene and the decealin, 
however. 


Conclusions 


Apparently the Germans had not boen doing any work on a fluid type 
catalytic cracking process, and are not, at the vresent time, very familiar 
with handling any sort of catalytic process in which the catalyst is used 
for short periods and thon regenerated. The preposed catalytic cracking unit 
for Nordhausen is apparently the first attempt by them to employ'a catalytic 
process of this type. It is doubtful if anything new is to be learnt from 
the Germans on catalytic cracking of gas oil, with the presumable exception 
of their low-temperature regeneration of catalysts, Tho low temperature 
regeneration apparently gives considerably longer catalyst life, but this of 
course has not been proven by commercial operation. 
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| IX, DEHYDROGENATION OF BUTANE - ALKYLATTION, 
Introduction: 


In the course of the visit to Leuna, information on catalytic butane dchy- 
drogenation and elkylation of the resulting butylenes was obtained from Dr. 
Gieson, Dr. Hanisch and Dr, Stratz. Dr.Giesen is in overall charge of the 
manufacture of organic chemicals, alcohols and lubricating oils; Dr. Hanisch 
Supervises the manufacture of methanol, isobutyl aicohol, amines, ester oils, 
synthetic lubricating oils and alkylate, as well as the manufacture of cata- 
lysts. Dr. Strats is in charge of tne butane dehydrogenation and alkylation 
picnts.. 


Summary of cration2: 


The alkylation plant vroduced an everago of 888 bbls. of finished alky- 
mee per day, together with <cO bbls. of heavy alkylete and 7e bbls. of pro- 
pen The necessary amount of n-butylencs was obtained by charging 2,640 
bbls, [aay of n-butane (96%) to the dehydrogenation reactor yielding, after 
proper separation, 2,510 bbls. of a butane/butylene mixture (535 bbls. n- 
butylones, 1,905 bbls. n-butane, 72 bbls. propane) as alkylation feed stock. 
The total amount of iso-butane (85%) charged to the alkyletion step was 
3,797 bbls. /acy. The daily requirements of fresh gas to supplement the recy- 
cle gs were 558 bbls. of n-butane and 760 bbls. of isobutane. The isobutane- 
olefin ratio was about 6: sl, the hydrocarbon-acid ratio was 1:1, and the acid 
consumption amounted to l. 2 los. of 96% HoSO, por gallon of finished olkylate 
(45,700 lbs. of ecid/day). Tho alkylation acid was discarded when the con- 
‘centration had decreased to 99% HpS0),. A summary flowsheet of these operations 
is given in Fig. XVII. 


Dehydrogenation: 


The catalytic butane dehydrogenation was carried out at Leuna in 7 re- 
actors of which 5 were overated simultancously while one was inspected and 
repaired and one was held in reserve. The catalyst was regoneratcd in 4 
regenerators. The reactor consists of a vertical firebrick-lined circular 
furnace containing 8 catalyst tube bundles with 16 tubes cach. The tube 
bundles are arranged around an annular central heating space which is brick- 
lincd in such a way as to form a Venturi tube which vasscs the heating gas 
into the uvpor part of the furnace from which it flows downward around each of 
the reactor tube bundles. Heating gas is obtained by burning waste gas in a 
chamber situated below the central part of the furnace. The combustion gases 
are collected in a firebrick ring and thence leave the reaction chamber. Be- 
fore leaving through the stack the combustion gascs are used to prehcat the 
n-butanc feed. Tho flow of catalyst, n-butane end combustion EASes is concur- 
rent, as illustrated an Fig. XVIII. 


The tubo bundles, which represont the reaction space proper, consist of 
16 Sicromel-8 tubes (aheut 8% Cr, 1 - 2% Si) each of which has a diameter of 
2-3/4" ond a length of 2613"; the tubes are arrenged in a circle around a 
centre core which is dead spacc. The total catclyst capacity of each reactor 
is &1 cu.ft. The catalyst is introduced at the tov of the reactor and distri- 
buted to the individual tube bundics by means of - cone. The catalyst moves 
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downwardly through the tubes and the flow is controlled by means of 1€ horizon- 
tal cylindrical pocket valves connected with bevel gears and driven simultan- 
eously by an electric motor. A vertically-slotted tube (about 18" long) is 
placed between the reactor tubes and the pocket valves to permit separation 

of the reaction products from the catalyst. In the beginning catalyst flow 
wes checked audibly by letting the catalyst drop on tuning forks and listening 
to the sound so produced by means of a stethoscope held to the outside of the 
reactor. This vractice appears to have been found unnecessary and has been 
abandoned. The cylinders are filled with catalyst in the top position and are 
emptied by rotation to the bottom position. The catalyst is discharged into 

a catalyst receiver equipped with motor-driven slide valves at the inlet and 
outlet. The catalyst tubes are kept completely filled with catalyst by con- 
tinuously .replacing from the top hopper the catalyst discharged into the 
catalyst receiver. When the receiver is filled, the top slide valve connect- 
ing it with the reactor is closed and simultaneously thé connection between 
the top ‘catalyst hopper and the reactor is closed. The flow of catalyst 
through the tubes is thereby stopped but gas continues to flow through the 
reactor tubes which, of course, are full with catalyst. The catalyst in the 
receiver is stripped from hydrocarbons with nitrogen and trensferred to the 
regencrator by means of a bucket conveyor and the top catalyst hopper is 
refilled in the same way with regenerated catalyst. The operation of the 
Slide valves on the catalyst-receiver and hopper are controlled by means of a 
photocell indicating when the catalyst receiver has been filled. The resi- 
dence time of the catalyst in the reactor is 4 hours, during which time the 
catalyst moves for 3.5 hours and remains stationary for 0.5 hours; the time 
to transfer spent catalyst to the regenerator and simultancously refill. the 
fresh catalyst hopper consequently is 0.5 hours. Three catalyst charges of 

a total of 2435 cu.ft. per reactor are kept in the dehydrogenation-regencration 
system during operation end a catelyst make-up of 367 lbs. /day/reactor is 
reouired. 


In Fig. XX is. shewn a photograph of the tops of two dehydrogenation’ 
reactors, The side arm, through which the’ catalyst enters a tube bundle, can 
be cleerly secn in the foreground. In the background can be seen the inlet 
lines for the hot butane vapours. 


Liquid n-butane (96% by wt. n-butane, 3% isobutane, 1% pentanes) is. 
vaporised with indirect steam at 210°F and brought to a temperature of 932 - 
1,022°F by heat cxchange with the product gas from the reactor and with com- 
bustion gases leaving the reactor. The preheated gas enters the reactor tube 
ct the top and is heated to 1,040-1,076°F by combustion gases at about 1,472F. 
The rate of gas flow is 680 cu.ft. of gas/cu.ft. of catalyst/hour. The con- 
version cof n-butane amounts to 20- 25% by wt. of which 85% is n-butylenc (60% 
a-butylene, 40% proutyione)- The composition of the effluent gas is given 
as follows :- | 


74.2% by: wt. n-butane | 


21.2% " ' -n-butylene 
0.79 " " hydrogen 
0.84 " " methane 
0.9%" “™ Cy hydrocarbons 
wt tA | ih 
2.24, Cs 
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The volume of the reacted gas has increased by 1.25 as compared to the n-butane 
feed. The dehydrogenated gas is cooled to 266 to 300°F by heat exchange and 
to about 100°F by indirect water cooling. It is then passed through a coke 
filter to remove high boiling hydrocarbons, mainly aromatics, as well as 

dust. The filter contains 231 cu.ft, coke and can be operated for 3-6 months. 
The gas is finally cooled indirectly to about TTF and unareee into a gas 
holder for intermediate storage, 


Catalyst Regeneration: 


The spent catalyst contains about 3 - 4% carbon and is regenerated at 
1,040-1,076°F to give a regenerated catalyst containing 1 - 24 carbon. The 
regenerator consists of a circular firebrick-lined vertical shell of about 9' 
diameter and 12' length, The catalyst is fed from a hopper over a conical 
distributor to the annular space formed by metal screens around a hollow 
centre duct. The catalyst space ends in 8 tubes which are provided with the 
same type of pocket valves for flow control as used in the reactor. The flue 
gas enters with a temperature of 932 F, passes through the catalyst where the 
heat of reaction raises the temperature to 1,040-1,076°F, flows into the cen- 
tre duct which acts as dust separator and, by means of vertical siots, enters 
a collecting ring from where it leaves the reactor. The flue gas is circu- 
lated by means of a blower at a rate of 1,400,000 - 1,700,000 c.f./hr. The 
catalyst receiver and top hopper cf the regenerator are equipped with motor- 
driven slide valves of the same design as the corresponding valves on the 
dehydrogenation furnaces. The catalyst hopper on top of the reactor is pro- 
vided with vibrating screens for the removal of fines. The catalyst receiver 
is equipped likewise. A photograph of the control panel for one of the 
regenerators is shown in Fig. XXI, A detailed flowsheet of the dehydro- 
genation process is given in Fig. XVIII. It should be noted that this flow- 
sheet has been prepared with the aid of design drawings for the dehydro- 
genation of isobutane since these were the only ones available. The dimen- 
sions of the equipment used in ectual plant operation are somewhat different. 
The data and dimensions given in the descriptive part of the report are 
actual figures for the plant as operated at Leuna, 


Catalyst Manufacture: 


The catalyst, which consists of activated alumina dmeneeen ted watt , 
CrOz and 1 - 2% Ko0, is prepared as follows: - 


. Activated alumina is obtained by the precipitation of sodium aluminate 
with HNOz. The precipitate is filtered, washed carefully and dried at about 
220°F, It is then kneaded with HNO, in a stainless stcel kneading machine, 
dried again and heated to 788-8h2°F, The material so obtained is mixed with 
such an amount of KpCr0), that the mixture contains 8% CrO, and 1 - 2% KOM. 
Sufficient water is added to obtain a plastic mass which ts pressed and sub— 
sequently formed into spheres of about 1/4" diameter on a candy manufacturing 
machine (Frankonia machine), The spheres are dried in air, further dried in 
a gstcam chest and finally heated to 752 - 8h0°F, The finished catalyst is 
classified and only the material representing sphcres is used; plugging of 
the catalyst tubes, which results in cxcessivo carbon formation, is thereby 
prevented. 
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Preparation of Alkylation Feed Stock: - 


The exit gas from the dehydrogenation is’ picked up from intermediate 
storage and compressed to 118 psi. It is then cooled indirectly with water 
to about 77°F and subsequently cooled with brine to 41°F. The material 
liquefied under these conditions is stored and represents the olefin feed stock 
for the alkylation. The composition of this butane-butylene mixture is as 
follows: "3 ee : ) 


| 22% by wt. butylenes OU ee eee 
75. % by wt. n-butane tae 4 
2.5% " " , Propane he ae 


The uncondenaea portion of the gag is paseea into an absorber sand’ waatiod with 
cil at 118 psi, and 50°F. The cotposition of the non-absorbed gas is ag 
follows: a nr oe 7. | eG wes | 
Approx. 80 - B54, — el. Ho |. 
"12-154". " CH, | 
Om 3 - of uoon Co ie = a 


The absorber is ‘okies and is cooled by circulating bine of 41° 7" through | 
the jacket. ‘The gas stripped from the fat absorption oil is returned to thé 
compressor and recycled. High pressure steam (175- 220 psi) is used for heat- 
ing the absorption oil regenerator. ° 


The mixture cf butanes, which is the starting point for alkylate manu- 
facture, is furnished by the high pressure hydrogenation plant. This mixture 
contains an excess of normal butane and a portion of this excess, separated 
from the alkylation. effluent, is isomerised to isobutane in the isomerisation 
plant discussed in another Saetien The material balance of Fig. XVII does 
net take into consideration the operation of an isomerisation unit, since it 

is a small proportion of the. circulating norral butane, a. 


eee ae tOn: 


The alkylation meactore are insulated ‘vertical cylindrical vessels, 
11'6" high, with a capacity of 157 bbls. There was a total of 12 reactors, -in 
two groups of six each, housed in adjoining buildings to protect them from 
bomb damage. One group has been destroyed by bombing but the other group is 
undamaged, The volume of a reactor up to the emulsion outlet is 61.5 bbls. 
and the reactor is equipped with a motor-driven stirrer with a blade 32" long 
rotating at 120 r.p.m. The rate of feed is 50 bbls. of hydrocarbon and 50 
bbls. of acid per hour. The feed is cooled by heat exchange to 46°F and the 
temperature of the reaction mixture is maintained at 32°F by evaporation of 
butane and maintaining the pressure .in the reactor at 7 psig. About 230,000- 
250,000 cu.ft./hr. of butane are circulated for refrigeration. Sulphuric acid 
containing 964% HoS0), is used and the concentration of the spent acid is miin- 
tained at 90% HoS0, by periodic withdrawal (every 3 hours) of spent acid. 
The acid consumption amounts to 1.2 lbs, 96% acid per gallon of alkylate..- 
The isobutane-olefin ratio is maintained at about > 6: sLe The residence time 
in the reactor is 40 minutes, , 
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The composition of the reactor effluent is as follows: |: 
42,86 by wt. iso-butane 


~=41.0%8 " " ” n-butane 
15.06" " alkylate 
1.24" ™ propane - 


The acid-hydrocarbon emilsion is allowed to settle for 2 hours ina 
settler of a total capacity of 188 bbls. and a capacity up to the overflow of 
about 157 bbls. The hydrocarbon effluent then passes through a heat exchanger 
where its temperature is raised to 59°F by exchange where the alkylation feed 
enters a final settler (capacity 630 bbls.). Subsequently, the hydrocarbon 
mixture is washed with caustic (10% NaQH solution) and fractionated in the 
usual manner, The debutanizer consists cf a tower of about 9' diameter packed 
with Raschig rings to a height of about 65'. The tower is operated at a 
pressure of 59-99psi and @ bottom temperature of 356°F obtained with indirect 
steam, The reflux ratio is maintained at 0.4:1. The separation of n-butane 
and iso-butane takes place in an 80 plate tower of 9' diameter and 130' height. 
The distance between the plates is about 20", This tower is operated under. 4 
pressure of 118 psi and a reflux ratio of 4.5:1. The bottom product repre- 
sents 96% n-butane, The overhead is passed into the depropanizer which is 
a packed tower of 4' diameter and 20' of packed height. The packing consists 
in the upper section of Raschig rings of 1/2" diameter and in the lower sec- 
tion of rings of 1" diameter. The operating pressure is 265 psi. “The bottom 
product has the following composition: - 


85% by vol. iso-butane 
126:" n-butane 
34" propane 


The alkylate is distilled under vacuum in order to make it possible to 
use steam (175-220 psig) as heating medium, The distillation is carried out 
at a pressure of 11.6 psia and bottom temperature about 350°F in a tower of 
about 5'6" diameter and a height of about 65'; the tower is packed with 
Raschig rings, 


A flowsheet of the alkylation process is shown in Fig. XIX. A photograph 
of an alkylation reactor is presented in Fig. XXII. 


Alkylate Quality: 


The alkylate produced has the following properties: 


IBP 185°Rr 
80-85%, 248°OR 
Le. 306 CF 


' Reid vapour pressure below 7.4 lbs. 
Octane Ne. 93-94 7 
(Reseru‘ch)’ 

Alkylate production in Germany: 


The Leuna alxylation plant was designed for an annual production of 


1128 - 56 - 


Google 


BREFINU FEED 


From Gas HoLpER: HeCHa, 
4400000 cusFt/papy 290,000 Ge FY Day 


CONDENSERS. 
BRINE 
AIF OOe 
N75 RPG. "888, 
ey PRESSURE ¢ 
come M75 est. 
RESSER Saree DEISOBUTANIZER:— 
BRINE 50 F. Ss) S An oon 
Aare 9-2 DIAMETER. ‘ 
irk 132‘ HIGH 
A BsoRBER, — Bot, STRIPPER. PLATE SPACING:- 20" 
00.9? 
eases 8O PLATES, 
2510 BBLS 2532 Hea REFLUX RATIO 4:51 | DEPROPANIZER:— 
SSeS EAM. i Gees d 
BuTANE - BUTYLENE. = a QPERATING PRESS = 117-5 PA. a SDIAMETERS 
STORAGE Sor zo2 le 22 PACKED RASCMIG RINGS 
WASH OIL ae VV) (@"in UPPER SECTION Aon IN Lowe®) 
| Sa Sate ANY Adin) re Abo. 
20-2 BEiS/Houe To REACTORS 40:44 Gaus} min 356 F. OPERATING Prege » 264 PSI 
To EACH REACTOR TOTAL - |@ AVAILABLE ee 
- 5 IN UGE. 
FINISHED 
ISOBUTANE ALKYLATE 
24 +4 
B8.S/Houe. TGTAL ACIO INPUT ; ae PROPANE 888 Bars/ Qay 
50-4 BBL ay CUBFI/yR BUTANE 72 BBLS /pay, coe 
e o lon ——- ee os 
SOF Fog REFRIG = ace 19 BeLS DE BUTANIZER ios aoe 
CAPACITY 2-2" DIAMETER, oe °0°o° 
o 
We H2 S04 66 ‘Packed RASCNIG =|? ALKYLATE 
(20%) RINGS DISTILLATION {= 
| SETTLER - REFLUX RATIO 0-4: | 5-6 DIAMETER 
BuT . ek RN Ee TRE 5 =. 
= 7 ToTAL VoL + 189 BeLS. OPERATING Press 60-20 ae 
| SoC RON SED You To HYOROCARBON PS. ee HiGhh ay 
3O°4 56.6 /Hour OVERFLOW ~ 157 BES. ‘PACKED WITH RASCHIG 
SETTLING TIME ;* 2 Hours. RINGS. 
: : OPERATING PRESS: 
6:05 \ ll PSI, ABSoLuTE. 
Beis/Hour REACTOR ToTaL VoL - 157 BBLS. ee 
— 6030 Mm 


BeL9/ Day. 


ACiO CoNsumMPTION «1-2 LB6, 96% CAUSTIC on al 
riz 904 PE@Gau ToTAL ALKYLATE TREATER Bes cenit ane 33° 
FINAL SETTLER, 3037 fet 180 PS) 
CAPACITY 629 BeL8 Beis/pay = Tear 
Acio 356F 
aivoge SOB Bey my HEAVY ALKYLATE 


N- BUTANE: To DEHYDROGENATION 20@2 BeL8/DaAY Bes /Day, 


Fig: XT SULPHURIC ACID ALKYLATION AMMONIAKWERK MERSEBURG LELUNA WORKS. 


viaitizes by (OK gle THE OHIO STATE UNIVERSITY 


FIGURE XxXil 


Digitized by (50K gle THE OHIO STATE UNIVERSITY 


I.C. 7570 


50-60,000 tons (445,000 to 533,000 bbls) but the actual production averaged 
only 36,000 tons per year (320,000 bbls.) 


The only other German alkylation plant which was completed and in opera- 
tion was at Scholven. This unit operated only for 6 months in 1944 and during 
this time its rate of production was the same as the actual rate of production 
at Leuna (2-3,000 tons/month, 17,800 - 26,800 bbis./month). 


The Leuna plant started operations in Spring, 1942, and ceased operation 
in Decembex 1944. The butane dehydrogenation equipment has not been exten- 
sively damaged. Half of the alkylation reactors, and auxiliary equipment 
has been completely destroyed together with most of the tankage serving the 
entire mit. The fractionation section appears to be intact, 


Economics of Leuna operation: 


Data on energy and labour requirements for butane dehydrogenation and 
alkylation were provided by the foreman of the plant, Dr. Stratz, and are 
given in Table VIII. The photographs were taken by J. P. Jones. ‘ 
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X. ISOMERIZATION OF NORMAL BUTANE 


The isomerization of normal butane is carried out using aluminiun 
chloride catalyst activated with HCl. This is the only plant in Germany for 
the isomerization of butane, The process, as used in Germany, is similar to 
one variation used in the United States. A simplified flow diagram of the 
process is attached as Fig. XXIII and a photograph of the three isomerization 
reactors is shewn in Fig. XXIV. 


Hach reaction vessel consists of a1 metre diameter cylindrical vessel 
having a cone bottom. The straight section of the reactor is approximtely 
6.m, in length, Liquid normal butane of 95-96% purity is first dried by wash- 
ing with 96% sulphuric acid. The dried feed is pumped under 18 atms, pressure 
through a preheater where it is heated to 95°C and then mixed with 100-150 
cu.em of recycle HCl gas for 1.6 cu.m, of liquid feed to give a 10% concen- 
tration of HCl in the reactor charge. The charge enters the base of the 
reactor near the cone, flows upward through a 2 m, depth of Raschig rings, 
then through a 1 m. bed of lump aluminiumchloride occupying a volume of 
approximately 700 litres. Above the aluminium chioride, the material passes 
through an empty zone of 1-1/2 m. in height to prevent aluminium chloride 
carry-over. The effluent from the top of the reactor is cooled to 25°C by 
indirect water cooling, and passes to a receiver from which some sludge is 
removed. The hydrocarbon-HCl mixture from the receiver is pumped through a 
preheater where the temperature is raised to 60°C and introduced near the top 
cf a HCl stripping tower. The bottom temperature of the stripping tower is 
raintained at about 118°C to remove the butanes and any propane formed so 
that propane does not build up in the recycle HCl stream. Reflux is supplied 
to the top of the column by means of a water-cooled condenser in the ratio of 
2.5 parts of reflux to one of overhead product. The recycle gas contains 80% 
HCl, 15% propane, and 5% isobutane. Make-up HCl is added to this recycle 
stream and it is mixed with the feed to the reactor. 


The catalyst employed in the process is technical aluminium chloride con- 
taining a small amount of ferric chloride as an impurity. The ferric chloride 
is said to be essential for the reaction. The conversion of normal butane to 
isobutane per pass is 25-30% with an ultimate yield of 95-97%. Each reactor 
produces 250-300 kgs. of isobutane per hour. The consumption of aluminium 
chloride is 1% by weight of the isobutane produced. The consumption of HCl 
is O.1 - 0.3% by weight of the isobutane produced, 


According to the personnel interrogated, ordinary carbon steel is used in 
the construction of the reactor. It was reported that no corrosion trouble 
hed been encountered with the use of carbon steel, although this appears very 
unlikely since the aluminium chloride sludge has been found to be very 
corrosive in a similar type unit. Difficulty was encountered, however, with 
deposition of aluminium chloride in the cooler at the outlet of the reactor. 
Apparently no effort was made to remedy this trouble. 


This process has not reached the stage of development obtained clsewhere 
and it is doubtful whether anything new is to be learned from the Germans in 
the field of isomerization using aluminium chloride. The isomerization of 
pentane and hexane has not progressed beyond the laboratory stage. 
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| | 
XI. SYNTHETIC LUBRICATING QIL MANUFACTURE -. LEUNA | 
Information on this subject was secured at Lewuna.by inspection of the 
pete and by interviews with the following T. Ge peseonte? (May 8 “155 eae | 
| Dr... Giessen - in charge of organic chentcats. manufacture... 
‘Dr. Gericke - in charge of operation of the lubricating... .... 
oil plant and some smalier chemical plants. .-... 
Dr. Zorn - in charge of lubricating oil resear ch for 
| me past 15 ae ; oo 


"SUMMARY on PROCESS: 


Bthyiens of 954 purity is obtained by thenial: ees. of ethane ‘in. 
admixture with oxygen. The ethylene is: polymerized batchwise in. the presence 
of a special aluminium chloride catalyst.: The polymerized oil is separated. 
from the aluminium.chloridecomplex, steam distilled to remove paeee ends , 
and given a final clay treatment before use. 


The plant - Was destened for the production of 200 B/CD (850 metric tons/ 
month) finished lubricating oil from 1630 MCF/D (60°F - 760 mm.) of ethane. — 
Actual production in continuous operation was a 85% of this figure. | 
Yield ‘of. finished lube oil from original ethane was about 48.5 weight per 
ee : 


PROCESS DETAILS: 

the overall material balance for the plant is given in Fig. XXV based 
‘on “t70 B/CD (700 T /Mo ) lubricating oil production. Details of processes are 
given in Figs. XXVI - XXIX, based on design nr ae ae eno 
available, ; 


? 1) Thermal Cracking: = Ethane 


The ethane eveceien equipment consists of four Sanaiiel units, sacri cn 
an ethane charge capacity of 617 MCF/D, Ethane (three volumes) and oxygen 
(one volume) are preheated separately at atmospheric pressure in gas-fired 
tubular heaters to 1100 - 1200°F and 750°F, respectively. The heaters are 
constructed of Sicromal (8-12% Cr). The hot gases are mixed during passage 
through a refractory assembly ("tulip") in the bottom of the subsequent 
ethane cracking furnace. The mixture passes upward through the cracking 
chamber, which is fillcd with 1-1/4" dia. ceramic spheres. Cracking condi- 
tions are approximately 1616°F and 300-400 mm. mercury absolute pressure. 
The cracked gases are quenched by a@ water cooled heat. exchanger. and then‘ by 
direct injection of water. Vacuum is held on the cracking furnace by a. 
water sealed vacuum pump which discharges the cooled gases to the next Buses 
of the process, 7 


It if interesting to note that the design capacity of four cracking 
furnaces is 2470 MCF/D ethane, preducing 4,200 MCF/D water-free cracked ges 
actual requirement (once.through) for the. 200 B/D lubricating oil ea 
is 1 825 MCF/D, indicating a 75% stream time officiency. The factor deter- 
mining stream time efficiency is coking of the lower section of the ethane 
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cracking furnace where oxidation occurs. A small amount of nitrogen (up to 
2% of the ethane) is added to the ethane cracking furnace as a control of 


cracking, 


The products of cracking are next washed with caustic soda in order to 
remove organic acids and formaldehyde, | 


2) Acetylene removal: 


Acetylene is removed by hydrogenation over a nickel-chromium catalyst 
at a temperature of about 400°F, atmospheric pressure and a gas space velocity 
of 1,165 volumes gas (at standard condition)/volume catalyst/hour. - Linear 
velocity was stated to be 0.33 - 0,389 ft/ sec. but vessel dimensions indicated 
agreater linear velocity at the above space velocity. The hydrogen required 
for hydrogenation is already present in the cracked gas. Any oxygen present 
in this gas is hydrogenated to water. | 


After hydrogenation, the four gas streams are combined in one gas holder. 
Fron this point the gas is compressed to 220-264 psig. and undergoes four 
further purification processes at this pressure, 


3) O11 Absorption: 


The gas is passed counter-current to a middle oil (from coal hydrogena- 
tion) for absorption of benzene and higher hydrocarbons. The rich oil is 
stripped with stem in the usual way, | 


4) Activated Charcoal Absorption: 


The gas is next passed through towers containing activated charcoal 
(rounded cubical pellets 13/64" diameter from Carbo-Norit Union, Leverkusen) 
in order to remove the last traces of benzene. These towers are operated on 
a 2h-hour absorption/24-hour regeneration cycle. Regeneration is accomplished 
by steaming at 374°F followed by drying and cooling with nitrogen. The 
effectiveness of the absorption is checked by cooling a gas Beupre: down to 
-76°F and noting whether there is any condensation. 


5) Alkazid Washer: 


The bulk of the CO5 is removed by counter-current washing with an alka- 
zid solution ("M-lauge", <-amino propionic acid), The alkazid solution is 
regenerated by heating and steam stripping at atmospheric pressure. The exit 
gas contains 0.1 to 0.5% carbon dioxide. 


6) Caustic Washer: 


Four counter-current towers in series are used, each circulating individ- 
ually. The last tower in the series is filled with new 10% caustic soda 
(15° Be), and the caustic solution is transferred stepwise to the preceding 
tower in the system, The caustic in the first tower is dumped when 90% of 
the available sodium hydroxide has been converted to the bicarbonate. The 
caustic soda is not regenerated, 
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To ensure complete removal of carbon dioxide, a sample of exit gas is 
continuously bubbicd through a barium hydroxide solution. 


i): dines Low Tomperstune Eeictlonetion: 


This plant was designed by the Linde Company for the separation of the 
washed gas into four fractions. The gas is dried over silica gel, precoolcd 
and fed into the first tower under pressure, The first tower produces 
methane and permanent gases &s overhead product and cthylene and heavicr as 
bottoms product. Reflux is securcd by @ methane compression refrigeration 
cycle. The overhead product is put to fuel gas. 


The bottoms from the first towcr expand into the second tower at about 
7 psig. This tower yiclds ethylcne and ethenc overhead and propylene and 
heavier hydrocarbons are passed from the kettle to fuel gas. Reflux is pro- 
vided by expending ethylcne dircctly into the top of the tower. 


The ethylene + cthane overhead fraction passes to the third tower,. which 
gives ecthylene as an overhead product and ethane @&s a bottoms product. Reflux 
is provided in the same manner es in the second tower. The cthylene is com- 
pressed to 1200-1500 psi for storage and the ethane fraction is recycled to 
the cthane cracking furnace. This recycle constitutes about 26.5% of the 
total feed to the furnacc. 


Reboil heat is supplied indirectly to all three towers by relatively 
warm ethylene from the discharge of the ethylene refrigcration compressors. 
The general heat exchange arrangement is shewn in the attached flow shcct, 
Fig. XXVIII. : 


The three towers are coppcr lined and a11 cquipment inside the towers is 
made of copper. The three towers and part of the heat exchenger system aro. 
encloscd in an insulated box. Two parallcl plants aro uscd for this fraction- 
ation at full load. | | 


8) Polymerization of Ethylene to Lubricating Oil: 


The rcection is carried out in batch autoclaves. The Lcuna plant has 
ten reactors, four of 400 cu.ft. capacity each and six of 290 cu.ft. capacity 
each, A batch can be run through a reactor in 12-14 hours. 


The procedure for polymerizing a batch of ethylcne compriscs the follow- 
ing stcps: 

(2) A slurry is made in the reactor by mixing aluminium chloride (5-7% 
by weight on the finished lubricating oil) with light oil from the process. 
This slurry occupics 15-25% of the volume of the rcactor and is kept in 
suspension by the mixcr at the bottom of the autoclave. Thc cluminium 
chloride contains 4-6% ferric chloride. 

(b) The reactor is purgcd of air with ethylene and then closed in. 


(c) Ethylene is addcd to give 440 psi pressure. 
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(d) The autoclave is heated to 158°F by circulation of hot water in the 
jacket, Reaction immediately sets in, the temperature rises to about 356°F 
and the pressure to about 515 psi. The compound thus formed represents the 
catalyst for the subsequent polymerization of ethylene. 


(e) The reaction is quenched at the above maximum point by circulating 
cold water in the jacket. This procedure, from the first addition of ethy- 
lene, requirés about fifteen minutes. 7 


(f) When the temperature is reduced to 230°- 2k48°F,, ethylene (at 882 
psi) is introduced and the temperature is held constant in this range by 
jacket cooling. The polymerization causes a pressure drop in the reactor 
until the reactor is liquid full. At this point the temperature at the top 
and bottom of the autoclave are the same and the pressure in the autoclave 
is the same as the ethylene line pressure. 


(g) When the autoclave is liquid full, the ethylene supply line is 
¢losed, the pressure on the reactor is vented down by gas release at the top 
of the reactor (to be described later), and the contents are ready for fur- 
ther processing. 


The above procedure refers to the preparation of an oil to a final vis- 
cosity at 220 S.S.U. at 210°F (6° Engler at 100°C). To produce an oil of 
viscosity 105 S.S.U. at 210°F. (3° Engler at 100°C), the polymerization 
temperature is controlled at 356°F, The yield of oil from ethylene is reduced 
at the higher temperature. | | 


The first Leuna autoclaves wore madc from steel containing 12-16% Cr 
and the oil manufactured was of the desired hich viscosity. Subsequently 
more reactors were added, and these were manufactured from ordinary carbon 
steel. With a 95% purity cthylene from Leuna, these letter reactors gave a 
low viscosity oil (5-4° Engler) for 3 to 4 months, but subsequently gave a 
high viscosity oil. -The plant at Schkopau (see following section), operating 
on @ higher-purity ethylene, had no difficulty making 4& high viscosity oil in 
carbon steel reactors from the first. Gericke believes that, from this and 
other ovidenco, a high-purity cthylene is essential and that impurities in 
the ethylene, as woll as reactor well material, may influence polymerization. 
No corrosion difficulties heve been experienced at Leuna as long as the 
equipment is kept absolutely dry. — 


9) Catalyst Scparation and Disposal: 


The contents of a reactor are pressured into a batch separation vessel, 
If the oil and catalyst complex layers do not readily separato, a small 
amount of methano} is ddded. The total mixture then passes through 4 
scraper-type (schal) centrifuge, in which the heavier complex is continuously 
screped from the outer drum and retained for further processing. The oil | 
may then pass through a DcLaval centrifuge for further catalyst separation. 
The optimum temperature for catalyst separation is about 194°, 


The oil, still containing a small amount of complex, next goes into an 


autoclave in which methanol (2% on oil) and lime dust are added. This treat- 
ment breaks down the catalyst complex and neutralises the acid formed. The 
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entire contents of this autoclave are put through 2 filter press and the 
filtered oil is stored prior to distillation. 


The AlClz complex recovored by centrifuging is soiiiaiedl in patches .by 
the addition cf water. ‘Any oil separating in this process can be either 
treated and fractionated with tho main oil stream or recovered Beparatoly'. 


The filter cake from tho filter presses con bo extracted with the light 
oil fraction from the process for additional heavy oil recovery, either, by 
washing in situ or subsequently in batch autoclaves. The total extract oil 
can te recombinod with the a oil ‘stream before the filter PYEsses. | 


The gas iiperated from the purging and venting of the eee eaet on 
autoclaves and from the centrifuges and adjacent receivors ig water washed, 
caustic washcd and its othylene content recovered. 


All vesscls using methanol are provided with methanol reflux systems, 
after which the gascs still vented arc water washod bofore being discardcd. 
The wash watcr is saved for methanol recovery. 


10) 01 Fractionation: 


The combined oil from the filter presses is steam distilled at atmos- 
pheric pressure to remove about fiftcen por cent light onds. These light 
oils are used in making up catelyst slurry in the polymerization reactors. 


The product from the baso of the still is batch treated with about 2.5% 
of a notural Fullor's carth (from noar Munich) at 158°F, filtered through 
presses to a erYe the finished oil, ; 


In somo cascs limo and silica gcl ere used in the final treatment instead 
of Fuller's carth. 


CERT ING REQUIREMENTS 


Utilitics: The following utility requirements for the Loun& plant were given, 
based on one béerrel of finished lubricating oil; 


Ethane Cracking & Polymerization 


Ethylene Purification & Refining 

H.P. Stcam (220 psi), pounds 1080 440 
L.P. Steam (22 psi), pounds 650 1950 
Water (from River- Oncse-through) | 

Wintor (40-50°F), gallons 11200 | 3700 

Summer (86°F), gallons : 22400 | 3700 
Nitrogen, Cubic Feet a a a a 1,550----------- 
Electricity, KWH ~ 450 160 
Fuocl Gas (250 BIU/CF, lowcr | 6 | rs 

heating value), BIU. 3 1.51 x 10 0.10 x 10 


Operators: The eeiiowine operating personnel was rcquired for the ‘plent. 
These figures are besed on a 56-hour week, or 3 men per job for 2k-hour 
operation. -They do not. include any maintenance labour. 
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Total Por Shift 
Operators Foremen Oporators Forcmen 
Ethane Cracking 18 3 6 1 
Ethylene Purificetion 87. 5 — 29g 1 
Polymerization & catalyst 
separation . 68) ° 6 23) 2 
Distillation " 12) 4) 
Final rofining of lubricating | 
oil 10 19 (Days - 
General Plant Foremn only ) 
(Gericke) — - 1 - , (Lays 
Laboratory 7 a! Qo 1 only) 
| Day Shift: 74 5 
Total: 202 1} - 
Night Shift 64 4 


The total of 105 operators in the ethane cracking and purification plant 
might be reduced to 60 if more skilled operators were available. 


Normally the plant is shut down for inspection for a 4-day period every 
60 - 120 days. To come on stream from a complete shut-down requircs about 
two weeks. | 


TESTS ON PRODUCTS 


As indicated above, the plant could be operated to produce cither a 6° 
or a 3° Emler viscosity oi (et 100°C). These products from Leuna were 
referred to as SS (Schmierstoff) 906 and 903 respectively and specifications 
for the products were as follows: 


| SS.906 SS.903 
Specific Gravity et 20°C Max. * 0,862 0.800 
(API at 60°F, Min.) 31.9 32.3 
Viscosity at 50°C (Engler — Yheu6 | Lh-15 
. " 100°C (Engler) 5.63(Min) 3.0(Max) 
(SSU at 150°F) = 1200-1250 4OO-4LO 
(SSU at 210°F) 205(Min) 105 (Max) 
Viscosity Index. Min. 107 115 
Slope constant "M” in Polc Heo! ight 
Calc., Max. 3.05 3.20 
Pole Height, Max. | tS: * 1.60 
Pour Point pire -13 -31 
Flesh Point, “Fr, Min. 445 392 
Neutralization No. (mm KOH/g), Max Max. 0,06; . -. 
Saponification No., Mex. 0. 30 - 
Noack Evaporation Test (482° F) Max. % oF - 
Conradson Carbon Residue, Mcx. 0.2 0.2 
Ash, Asphelt, Water e) - 


The SS 906 product was usually blended with an equal quantity of bright- 
stock derived from petrolvem oil, the blend being used as an eviation lubri- 
: cating oil (denoted S-3). 
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The naturel lubricating oils used in the blend were from three sources, 
all from refining Austrian crudes, and were denoted as follows: 


607 - From Rhonania, Harburg. Vacuum distilled oil, refined 
with sulphuric acid. - 

7O7 - From Vacuun O11 Co., near Bremen. Duo-Sol rofined. 

807 - From Noreg, near Hanovor, Furfurel refined. 


Altorncte stocks to the SS 906 (Leuna) product in this S-3 blend were 
the following: 


SS 1106 - 6°Englor (100°C) oil by polymerization at Politz 
of .olefines obtained by cracking paraffin, 
SS 1006 - 6°Engler (100°C) oil by polymisrization at Rhenania, 
Herburg, of olefines obteined by cracking paraffin. 
SS 906 - 6°Rngler (100°C) oil by polymorization at Schkopau 
of ethylene produced, vie acetyicne, from calcium 
carbide. 


The specifica \tion for the S-3 blended eviation lubricating ofl is given 
below: | 


Viscosity, Min. 2.8° Engler at 10C°C (98 SSU at 210°F). 


Visccsity Index, Min. 05 
Flesh, F., Minimum 428 
Pour Point, Moximum -h 
Conradson Carbon Rosiduc, Mex. O35. 


A 3° Englor (100°C) oil from Politz (SS 1103 wes sometimes used directly. 
Meximum production of this grade was 200 Tc/yr (4 B/D). 


A standard engine test wes used for the determination of the ring- 
sticking tendencies. of aviation lubricating oils. As a roference oil, a 
refined petroleum lubricent (Vacuum 011 Co. "Rotring") was used, and results 
wore reported in terms of hours oporation before ring- sticking. The various 
olis. described above compared as follows: 


Roference oil (Rotring) 8 hours 


Synthetic oil (Leune) 100 ssu/210 (SS 903) | 32 hours 
" (Politz) " (SS 1103) 20-22 hours 

Finished Blend (S-3) 12 hours 
" mg | plus 0.2% Inhibitor "R" - 16 hours 


PRODUCTION DATA 


Total Germen paeiueiion of cynthotic aviation. lnbeicsting: ofl vas as 
follows: ‘ 


Design - Actual Production 
Metric Metric 
Tons/Mo ts Tons/Mo B/D 
Leuna | 850 20 700 170 
Schkopau 350-500 85-121 450-500 85-121 
Politz 1200 290 1000 eho 
Rhenenia, Harburg JOO 170 500 1e1 
Totol (Max.) 3250 787 2700 654 
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This production had been reduced by bombing as follows: 


Leuna - No production after July-August 1944 because of lack 
of ethane after bombing of hydrogenation plant. 

In later raids the lubricating oil plant itself 
was damaged. The vessels and pipe line of the crack- 
ing section were badly pierced by bomb splinters but 
the cracked gas purification plant was not too badly 
damaged. The Linde refrigeration plant compressor 
house was wrecked but possibly 50% of the compressor 
capacity could be salvaged. The polymerisation and 
distillation sections appeared more or less intact 
but storage tanks and general service tee nen in the 
area were very badly damaged. 


Politz - Production reduced to 500-600 T/Mo. in last 6 
months! operation. 


Rhenania - No production after July 1944 bombing.. Plant was 
planned to be moved to Harz Mountains but was not com- 
pleted there, 


An ultimate total production capacity of 70, 000- 80, 000 Tons/yr (1410-1610 | 
B/D) synthetic lubricating 011 was planned and plants had. been erected at | 
_Moosbierbaum and Blechhammer, but never operated. 


NOTES ON CATALYSTS AND REACTION CONDITIONS 


1) Acetylene Removal Catalyst 
The catalyst (Kontakt 4788) is manufactured as follows: 


Fifty kg. (110 lbs) chromic acid, 9.04 kg. (20. 6 lbs) ietei nitrate, 
and 20 litres (5.3 U.S. gal.) water ane mixed in a stainless steel vessel. 
The vessel is gas-fired, and the mixture is hand-stirred for several hours 
until it gives a thick black mixture with no more evolution of nitrogen-gases. 
This mixture is heated 12 hours at 572°F in an electric-heated furnace. After 
cooling, the resultant hard cake is broken by hand into 3/8" (3-10mm) granules. 


The granulated mass is placed in an electrically-heated reduction oven, 
heated in an atmosphere of nitrogen to 842°F and held at this temperature for 
eight hours in the presence of hydrogen. The catalyst is cooled in a stream 
of hydrogen and stored in containers in a nitrogen atmosphere. 


The composition of the finished catalyst is approximately 95% chromic 
oxide and 5% nickel, : 


2) Ethylene Purity Required 


For ethylene polymerization, the following limitations on ethylene purity 
must be observed: 


Carbon dioxide - Complete ebsence, no trace with barium 
hydroxide test. 
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Oxygen - Complete absence, reactor must be purged with 
_ ethylene before starting Operaur One 

Hydrogen Sulphide - Complete absence. . : 

Carbaiyl Sulphide - Complete absence. 

Mercaptans . = Complete absence ° 

Thiophenes _* Complete absence, 


Carbon Monoxide - Maximum’0,005%. Check with standard haemo- 
' globin solution, followed by spectroscopic 
determination of the width of the absorption 
. + band. 
Hydrogen, methane, ). 
ethane, acetylene ) Total must not exceed 5% 


3) Polymerization Catalyst 


Pure alumium chloride is unsuitable as a polymerization catalyst because 
it is too active and permits too many side reactions, including isomerization 
and cracking. It is modified to a suitable form by the addition of about 44 
by weight of ferric chloride. The catalyst is prepared at Ludwigshafen and 
Schkipau by treatment with carbon monoxide and chlorine of a natural bauxite 
which contains about the correct amount of iron oxide. Any traces of titaniun, 
Silicon, or magnesium chlorides present in the finished catalyst do not seem 
to affect its polymerizing qualitics. 


The maximum tomperature reachod during formation of the catalyst complex 
with cthylene in the presence of light oil controls the activity of the cata- 
lyst and the type of oil subsequently produced. The higher this maximm 
temperature the highcr both the VI and the pour point of the product. A good 
compromise on theso two tosts calls for a Pec zene eemnene eS of 550°F . 


As previously mentioned, the polymerization temporatitre governs the 
viscosity of the final product. According to Zorn, an oil of 6° Engler at 
100°c (220 SSU at 210°F) is produced at 212-230°F and an oil of 3° Engler at 
100°C (105 SSU at 210°F) at 266-284°F, These tcemperatures are lowor than 
those already reported for Louna plant operation, probably because of a 
difference in ethylene purity’ between laboratory and plant operations. 


Other catalysts have boen tried for ethylene polymerization properties, 
but without much succcss, Aluminium chloride plus metallic aluminium is too 
strong a catalyst for the reaction and hydrofluoric acid tends to form ethyl 
fluoride instead of a nolymer. 


Boron trifluoride in HF can be used as a Polymerization catalyst but 
produces an inferior quality of oil. 


THEORY OF LUBRICATION | 

This subject was discussed in detail with Dr. Zorn at Leuna. His work in 
this ficld has been continuous since about 1927, and he is credited with the 
development of the commercial synthotic lubricating oil manufacture. 


Preliminary rescarch showcd that an olefine to be used for polymerization 
to a high V.I. lubricating oi1 must have a double bond at tho end of a straight 
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chain molecule, with the exception that an iso-structure at the opposide end 
of the molecule from the double bond may give some advantage,~as’ discussed 
later, No substitution may apvear at the double bond. is 


For instance, the following examples of isomeric octene volymerizetion 
bring out the effect of differences of structure: 


Polymerized Product 


Viscosity 
Molewt. Engler SSU : Yield 
Olefine Feed (Approx. ) at 100° ©. at 210° F. VI. wt. 4 
n-octene-1l S00 eh 98 100 80 
e-me thylheptene-1 550 . 1.2 , Je 20 20 
n-octene-4 200 0.8 28 -10 5-10 
6-methylheptene-1 1500-1700 7-9 290 100 87-90 


The theory based on these observations and some organic syntheses is as 
follows: 


The ability of an oil to function as a lubricant involves a molecular 
structure which permits close approach of the chain carbon atoms and the metal 
Surface so that dispersion forces between the atoms of the metal and the 
lubricant can become effective. For good viscosity characteristics, likewise, 
it is necessary that’ the molecules should have a structure which gives close 
contact of the individual molecules in order to utilize the dispersion forces 
active between molecules of the oil. As the magnitude of the dispersion 
forces increases, the viscosity index of the oil increases also, and more 
energy (heat ) has to be added to overcome these forces and decroase the resis- 
tance to flow of the oil. This is a disadvantage insofar as the pour point 
of the oil increases when the viscosity index of the polymcrized oil is 
increased. A compromise between these two properties must be made in practice 
by preparing an oil: with a V.I. somewhat higher than that.of petroleum oils 
and with a reasonably low pour point. 


The relation between V. I. and pour point is denonstrated PY the follow- 
ing examples:- “a = 


(2) Octene -1 polymerized to this. type of struct ture: 


_— -° e-< ; 2 Ge iG 2G. 
T 


V.I. 110 


Four Point -40° 


Q-—- 2 -— A —9.----A---- == | 


Q——A— A 9 a — 2 -— 


OA ——a— - a —a 
é | ry 
Q-——A—-— AA - a2- 
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This is approximately the structure which is obtained by ethylene polymeriza- 
tion at Leuna. 


(2) Hexadecone - 1 polymerizes to this type of structure: 
-~C-C+C-+C = C-- -Ce- V.I. = 140 
14 14 . Ch Pour Point = +10°F 


Polymerization of a branched chain olefine like eae eee yaeias 
a product of.the following structure: _ 


ae Gare 


C 
| 
C 
| 
¢ 
| 
C 
| 


In this'case the viscosity of the oil is increased because additional forces 
become effective between the terminal methyl groups. 


Iscbutylene polymerizes to give a polymer of tie 7 iowa eenerare: 
; a 
- LW C-C-C-C+Ce= L -C-C-C-C-C- | - 
uU 


The location of carbon atoms on alternate sides of the straight chain 
prevents close contact between the carbon atoms in the main chain and the 
atoms of the metal to be lubricated. Consequently the isobutylene polymer 
cannot be used as a lubricant, in spite of its high V.I. (110-120) and satis- 
factory physical properties. Bearing failure results after a few hours when 
this oil is used in an engine. 


Similar considerations apply in the case of propylene, which apparently 
forms chains through the centre carbon atom, thus giving side chains on both 
sides of the main chain. The V.I. of the polymer is about 85 and the polymer 
is unusually heat stable. 


N-butylene with the double bond in the l= position gives a good lubri- 
cating oil but butene -2 does not. 


The change in dispersion forces between molecules is further illustrated 
by the change in melting point of hexadecane upon addition of methyl groups. 
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Mclting Point OF 
' Hexadecane 3 


+1 CHz group -47 
+ 2 CHs groups. -126 


Sources of Olcfines: 


Olefinic matcrial suitable for polymerization has been obtained by crack- 
ing scevcral types of wax. The wax must be of a straight-chain structure and 
must te cracked in the vapour phese with no liquid present. To obtain struc- 
tures with the double bond at the ond of the moleculc, the cracking time must 
be short at high temperatures, forming at loast 95% olefinc, followed by a 
quench to prevent isomerization of the olefine and migration of the double 
bond. 


Wax from tho atmospheric pressure Fischer-Tropsch proccss without the 
heaviest ends (controlled by maximum melting point of 176°F) is a suitable 
cracking stock. Wax from the 20-atmosphcre (300 psi) Fischor-Tropsch synthe- 
sis is unsuiteble becausc of branchod chain paraffins. Wax from brown coal 
tar distillation is suitable for production of the required type of olcfinc. 


Pctrolcum wax as such cannot be casily handled by the above process, 
but can be converted to suitable wax by a combination cracking-hydrogenation 
step which yiclds a mixture of 50 per cent Dicscl oil and 50 por cent straight 
chain paraffin wax. Hydrogenation is carricd out at 3000 psi and 750°F with 
a tungsten sulphide catalyst and this process is in use at Ludwigshafen where 
1000 tons per month slack wax from Hanover crudc containing 60 per cent: 
peraffin is processed, ; 


The plxnt at Politz cracks a mixcd wax containing Fischer-Tropsch wax, 
brown coal: tar wax, and the special petrolcum wax prepearcd at Ludwigshafen. 
A. svocial: process has been developed by Rhenania for direct utilization of 
petroleum wax. . | 


Hydrocerbon Synthesis: 
In the course of the study of the structure of lubricating oils, ccortain 


hydrocarbons were synthesised. The general method of synthesis is outlinod 
as follows: : | 


oe n-octyl alcohol was oxidized to the aldchyde. 
e. An aldol condensation was carried out on the aldchyde to 
yicld the following product: | 
CHz(CHp )s - CH. CHO 


OH 


(CHa )6 
3 
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5. This product was reduccd to tho alcohol and converted into 
the iodide: | 


ot 


CH (CH). ie 
( Ha) 
Cli, 


4, This compound was condensed with a suitebly substituted 
molonic ester to give: 


| | _-COOR 
CH (CH, )» ic - CH - ?—coor 
| Cel 5 | CER 3 


& 


5. This product was reduced to give: 


CH3( CHa )7 i. = CHo - CH - CH0H 


CéHy CéHis 


6. Steps 3 to 5 wore repeatod to add side chains and build com- 
pounds up to about 600 moleculer weight. 


LUBRICATING OIL ADDITIVES & SPECIAL PRODUCTS. 


As the war progrcossed, it becamo necessary to devolop lubricents, some- 
times to augment dwindling supplics of otherwise satisfactory materials, 
but usually, as in the case of Machine Gun O11, Recoil Oil, R.R. Axle Oil, 
ond others, to secure improved products, usually with rust proventive pro- 
perticos. The dcvclopmont and manufacture of many of theso new special mater- 
ials was cssigned to Dr. Zorn's laboratory at Lounca, on account of the wide 
experience available there on synthetic lubricating oil. 


Special attention was givon to compounds which could be made readily 
from materials already available ct Leunn and two outstcnding developments 
wero Mesulfol 2, an extromce-pressure additive, and KSE, a rust preventive. 
Other important cs! ending agents of the cster type were boing monufactured 
for inclusion in special oils used by theGerman armed forces. Detailed infor- 
mation on the blending agents made at Leuns, the mothods of preparation, 
propertics cnd utilisation was obtaincd from Dr. Rossig and samples of the 
various products wore obtained for assessment. 

The individual additives are first dealt with and thon the spocialiscd 
lubricants incorporating these additives. 


I Additives 


(1) Inhibitor "R" (also known as "ZS-1") This inhibitor docs not pre- 
vent oxidation of the oil, but guides the course of oxidation so that harmful 
ring-sticking products cre not formed, The inhibitor has no cffcct,on pour 
point, bearing corrosion, wear, or lubricating propertics (Schmicrfahigkoit) 


1126 a 


Google 


I.C. 7370 


The inibitor has the following chemical formula: 


RR R 
- « Ge t 
O=C C0 
! | 
: coe maar , 
ae teen 
CH;~C-CHs CH;-C-CH, CHs~-0- CE Ci,-6-CHs 
CH3 CH; CH; CH3 


where R represents branched-chain hexyl, heptyl or octyl groupse | 
The stops in tho synthesis of this inhibitor arc as follows:— 


1) Phonol is alkylated with isobutyl alcohol to give »~tert-vutyl 


phenol. | 
2) P-tert-butyl phenol is treated with S,C1., to give tne following 
compound: 
OH , | OH 
+ ee | | 
, 5 : ne 


3) This compound is treated with metallic sodium to make the 
corresponding sodium salt. 

4) The acid chloride of the carboxylic acid to be used later in 
the esterification stop is propared by treating the ecid with 
sulphuryl chloride. The carboxylic acids are manufactured 
from highcr alcohols obtained as by-products during synthesis 
of isobutyl alcohol. | 

5) One mole of the product from step (3) is combined with one 
mole of the product from step 4 to esterify one phonolate 
group only. 

6) This product is treated with stannous chloride in methanol to 
give the inhibitor as final product. 


(2) 3.455. A mixture of the adipic esters of 140-180° C. alcohols obtained as 
by-nveducts from isobutanol synthesis.is prepared by heating to 150° C., a 
mixture of 1.6 g. alcohols, 0.48 g. adipic acid, and 0.0015 g. Benapthalene 
sulphonic acid. The reaction mixture is washed with a 20% iia0H solution and 
distilled under 0.2 mn. Hg. pressure until the still bottom temperature _— 
reaches 100° C. ‘The material remaining in the still is then refined with Cad 
and Fullers Earth. i - 


(3) B.504. A mixture of adipie esters of 160-200° C. alcohols (Cy = Cy) from 

lsouutanol synthesis.: Three methods of preparation were ovtained: 

(a) 1.7 g. alcohol mixture, 0.64 g. adipic acid and 0.0017 g. B-napthalene 
sulnhonic acid are heated to 180° C. 
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(d) Direct esterification of pure adipic acid, using 15% excess p2icohols 

and 1.0 - 1.5% benzcne sulphonic acid as catalyst at 150 - 160°C. (N.B. in | 
both (a) and (b) wator distils off at 150 - 160°C and equilibrium is 
shifted towards completion of the desircd reaction). 


(c) If pure adipic acid is not available, the methyl ester of adipic acid 
is first prepared. After purification, the methyl ester is reacted with 


the alcohol fraction under similar conditions to (b). The last method w-s 
in gonceral use at Leuna. 


The reaction product is washed with 20% NaOH solution and the washed 
ester distilled at O.e mm. Ha. pressure until the overheads temperature 
reached 110°C. The liquid remaining in the still is refined with CaO and 
Fullers! Earth. “ 


Physical properties of the ester are: 


Pour Point — | - 94°F 
Viscosity Index 155 = 155 


Production of this ester at Leuna was about 20 tons /month. It was noted 
that straight chain alcohols did not give as satisfactory a product as the 
branched chain alcohols. 


(4) E.515 Mixed adipic esters of 140-180° alcohols from isobutanol synthesis. 
1.7 g. alcohol mixture, 0.42 g. adipic acid, 0.0017 g. B-naphthalene 
sulphonic acid are heated to 220-230°C and the wenction product washed with 
20% NaOH solution. The washed ester .is distillcd at 0.2 mm. Hg.. pressure 
until the overheads temperature reaches 155°C. The liquid remaining in the 
still is refined with Fullers' Earth. - > 
(5) E.3022 The ester formed between cyclohexanol and 2-methyladipic acid, 
€_> — 000. CHp-CH-CHp-CHp-C00-<_> 
? 
ats 
1.5 ge cyclohexanol, 0.82 g. e-nethyladipic acid and 0.002 g.. P-naphthalene 
Sulphonic acid are heated to 170°C. The reaction »vroduct is washed with 
caustic soda and then water. Excess cyclohexanol is distilled off ani the 
ester distilled at 0.2 mm. Hg. The distillate is stirred with =p CaO plus: - 
3% Fullors! Earth for 1 hour at 70°C to remove acid. 
(6) E.3023.-The adipic ester of soncehpeyelaiexaner 
CHz—-€_Y—00C~CHp-CHp-CHp~CHp-C00—<_> —CHz 


prepared in a similar way to E.3022, from 1.5 ga. pe ag alae 0.75 
g. adipic acid and 0,002 g. B-naphthalone sulphonic acid. | 
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(7) Mosulfol 2. g | : 


RO-.0-S-CHo-CHp-S-C-OR 
whcre R is C5 or Céi 


The particular xanthate (dissolved in ketones, alcohol or water) is rceacted 
with cthylene dichloride at 70°C. The product is washed with water and dis- 
tilled. 


(8) K.S.E. 
H 


R.S05.N.CHp.COOR? 


where Ry= C15 radicle 


R-is derived from 180-250°C alcohols 
from isobutanol BynCone 


0.46 g. of a Cy5 hydrocarbon fraction, treatcd with SOs and Clo to give 
a sulphonyl chloride’ is reacted with 2.2 g. mesamidoacctic acid and 0.69 g. 
of the alcohol fraction at 150°C in the presence of 0.002 g. B-naphthalene 
sulphonic acid as catalyst and propyl cther or ester distillate as azcotrope- 
forming agent to effect removal of the water produced during esterification. 
The reaction mixture is noutralised with carbonate solution, washed with 5% 
NaCl solution or distilled at 120°C (base tomperature) at 10 m. Hg., diluted 
with 50% middle oil and washed with a mixture of 2 parts methanol and 1 part 
water. The washed crude ester is distilled at 2-5 mm He until the still 
bottom temperature reaches 140°C and the liquid remaining in the still is 
refined with Fullers! Earth, 


Other compounds not yet used in fuels or lubricating oils, which were 
being studied, included 
(1) Ester 1321 - a mixture of adipic esters of Co alcohols. 
(2) Estor 1474 - the reaction product of Cg branched-chain 
alcohols with one mole of cthylene oxide and 
adipic acid. 
(3) Mellit L-85 - e reaction product of trimethylol cthanc with 
carboxylic acid and 160-160°C alcohols. 
(4) Paladinol - a plasticiscr mado from phthalic acid and 
n-butanol or 140 - 180°C alcohols. 


II. Special Lubricants. 


(a) Waffenol Blau 44, a rust proventivo gun oil containing Mesulfol 
e in an amount corresponding to 3% sulphur in the final product. 
The other components are ester E-455 and a light distillate from 
synthetic lubricating oil known as VI-120. No production figures 
wore available, 


Compositon: VT-120 454% 
E.455 Log 
Mcsulfol 2 10% 
Properties: Viscosity 1.9°E at 20°C. 
Flash Point 125°C. 
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(>) Torpedo O11 T-1 was devoloped as a replacement for neatsfoot oil. 
It was madc only at Leuna and was tested at Gdynia. Total pro- 
duction for 1944 was 100 Tons, and tno last shipment from Leuna | 


was 40 Tons of finished product. 


—_ 


Composition: SS.903 | 35% 
E.515 63% 
_KSE- 24, 
Properties: Viscosity 11.5-12.5°E at 20°C. 
Pour Point below - 50°C 


(c) V-weapon 011 SS-1631 was devolopcd at Leuna aftcr about nine 
months of rescarch. <A monthly preduction of 100-200 tons was 
planned, but total production amounted to only 100 Tons. The 
last shipment of this matcrial had beon to Gottingen. 


Composition: SS.90% 25% 
B.o15 12% 
KSE 340 
' Properties: Viscosity 2°F at 50°C 
. Pour Point below -45°C 
Flesh Point 145°C 


(a) Low Pour-point oils, K.10 and K.19. were developed for use in 


Russia and hed been reported as satisfactory in service. 


K.10 | Kel 
Composition: S5S.903 50% 15% 
E.515 50% 25% 


Propertics: Viscosity 1.65°R at 99°C 2.0°F at 99°C 


Pour Point below -50°C below -45°C 
Viscosity Indcx 155 1340 


(c) "Y" railroad axle oil was developed for use in extremely cold 
-weathor aftcr the cxpcrionces of the first winter of the Russian 

campaign. . Tests heve shown that an additional 100% loading can 
be put on railroad cars using this lubricent and all cquipmcnt 
failures duc to lubricants are climinatcd. “<A test has been run 
using the oil as an automotive lubricant in one Germen arny' 
corps in Russia and all the Leuna vehicles use it. These tests 
showed no ring-sticking or corrosion difficultica. 


Composition: "R" O11 80% 
| E.504 20% 
Dye 0.1% 


"R™ Oil is the oil obtaincd on ncoutralising the AlC1lz catalyst complex 


in synthetic lubricating oil manufacture. 
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Properties: Pour Point 245 to -50°C. 
Viscosity Index. -‘*- 118-122 


(f) Aviation hydraulic 011 was developed to pass tentative specification 
Do 2000, put into effect in late 1943. The oil has excellent 
corrosion-resistant properties and low rubber-swelling properties 
(less than 2% increase in volume after 24 hours immersion). A 
fluorescent dye was added to the oil to meet the Luftwaffe colour 


‘specification. 
Composition:  V-120 | gus 
| E.3022 or E3023 812% 
KSE 4% 
Dye | . 006% 
Properties; Viscosity 1.75°F at 20°C 
| 650°E at -60°C 
Pour Point ~70°C 
Flash Point 120°C. 


Conclusions and recommendation. 
The use of esters in order to obtain low pour-point lubricants merits 
further close study. The excellent extreme-pressure properties of Mesulfol 


e and the outstanding properties of KSE as a corrosion preventive should 
also be investigated further. 
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XII. SYNTHETIC LUBRICATING OIL - SCHKOPAU. 


Introduction: 


Construction of Buna Werke, A.G. Schkopau, the first and largest synthe- 
tic ruboer plant in Germany, was started in 1937 and completed in 1939. It 
is owned and cyerated by I.G,. Farbenindustrie. The lubricating oi] plant at 
Schkopau was built by I.G. as a semi-works plant to utilise the excess acety- 
lene from the large synthetic rubber plant, Buna Werke A.G. In the latter 
plant, acetylene, manufactured from calcium carbide and water, is converted 
to butadiene by the aldol process, and then polymerized with styrene made 
from ethyl-benzene for the preparation of Buna S. The normal Buna S produc- 
tion is 6,000 T/month when operating at capacity. In the Buna S plant, part 
of the acetylene is hydrogenated to ethylene, and the ethylene reacted with 
purchased benzene to make ethyl benzene. Excess acetylene can be converted 
to ethylene in the same manner and diverted to the manufacture of synthetic 
lubricating oil, where the ethylene is subsequently polymerized with aluminium 
chloride, neutralized, reduced to the desired viscosity and contacted with 
fine clay for the manufacture of SS-903 and SS-906, Synthetic lubricating oils, 
Normal average production is 500 T/month, or slightly more than 100 B/D 
(42 U.S. Gal.) : 


Description of the Process: 


Excess acetylene from the rubber plant is hydrogenated to ethylene using 
0.01% palladium oxide catalyst supported on silica gel. Hydrogen is obtained 
by pipe line from Leuna, The roaction takes place at 200-250 C and atmos- 


pheric pressure. Each oven contains approximately 4 cubic metres of catalyst 
arranged in three beds with direct water spray between stages to control the 


reaction temperature. At the end of 6-8 months, the catalyst fs reactivated 
with air at 500-600°C. The yield of ethylene was reported to be 72% of 
theoretical. After water washing, the gas is fractionated in the Linde plant 
to yield 99% pure ethylene. 


From the Linde plant, the ethylene passes to the polymerization step. 
The six reaction vessels, for polymerizing the ethylene, are made of stain- 
less steel (VA), 12 m. high and 800 mm. or 1200 m. i.d., pressure tested 
at 200 atmospheres, nominal working capacity, 6-8 cu. metres. The reactors 
are water and steam jacketed with bolted, flange heads, with provisions for 
admitting the aluminium chloride and the light recycle material through the 
top flange. A small stirrer, with stainless steel blades, is driven through 
a liquid seal stuffing box in the bottom flange. A 5 HP electric motor with 
reduction gears drives the stirrer at 120 RPM, Ethyleno is also admitted 
through a suitable connection in the bottom flangc. 


The reactors are operated batchwise. 1.5 cu.m. of the "Vorlauf-ol" 
(low boiling hydrocarbon recycle stock) is charged to the reactor along with 
@ quantity of aluminium chloride equivalent to approximately 7% by weight of 
the finished polymer. Ethylene is then bubbled through the aluminium chloride- 
hydrocarbon mixture at 60-100 ats pressure and with the temperature maintaincd 
at 120-140°C. The initial reaction is exothermic and cooling watcr mst be 
circulated through the jacket to absorb the excess heat evolved. As the 
reaction procecds, heat must be supplied to maintain the termperature at 
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120-140 C. The reaction is completed in 8-10 hours. Tho sour oil (polymer- 
aluminium chloride sludge mixture), now at atmospheric pressure, is trans- 
ferred to small intermediato tanks, equipped with stirrers to keep the sludge 
in suspension, 10-12% by volume of methanol is added, and the resultant mix- 
ture centrifuged. 

Six baskct-type centrifuges (baskets rotating at 900 sein a horizontal 
axis and driven by 35 HP clectric motors) built by Escher Wyss, Ravensbutg,. arc 
uscd. The supernatant Qil-is pumped to a ncutralizing vessel, cquipped with 
stirrers, and cnough lime is added to noutralize any free HCL: Normally, 2% 
by weight of lime is necded, but this varies with the amount ‘of. HCl evolved 
during the polymcrizing step. The neutralized o11 is pumped to plate-and- 
frame filter presscs to remove the calcium chloride. Six presses. ‘Dave ;been 
installed, only three arc normally used. The neutralized oil is then ‘reduced 
to the dcsircd viscosity, using vacuum and steam at a maximum temperature of 
250°C. The methanol vapours from the reducing still, along with the mcthanol . 


vapours from the centrifuges and the intermediate handling tanks, pass“to the’ — 


methanol recovery system where 97.0 -. 98.0% of the methanol is recovered:by - 
rectification, Tho "Vorlauf-61" (light hydrocarbon recycle oil) is. returned -- 
to the reaction vessel for re-usc. 


The bottoms from tho vacuum reducing still are pumped to the clay contact 
units and contacted with 5% by wt. of fine clay or silica gcl. 7o contact=- 
ors are in usc, cach with a capacity of 10 cubic metres, equipped with 
stirrers operating at 50 RPM., clay troatment is carricd out at 100-120°C for. 
30 minutos. - The oll-clay mixturo is pumped to a plate-and-frame filter press | 
where the fine clay is rcmoved. The filtered oil is noxt pumped to a plate- 
and-frame filter press where the fino clay is removed. The filtered oil.is 
next pumped to a de Laval contrifuge te remove eny traces of fine clay loaking 
through the filter press. The filter cako is blown with nitrogen to recover 
the oll - Se | 


| Tho finished lubricating,oil, usually 8-10° Engler at 100°C., is Blonaol 
with oil of lowor viscosity for.5.8 - 6.2° Engler, and . shipped to various _ 
blending stations whore it is blended with an oqual volumo of natural minoral — 
oil for use in aircraft cnginces. Synthotic lubricating oil from Schkopav 
was uscd only in the production of avietion lubricating oil bocauso of its | 
excellent non-ring sticking propertics, Typical tcsts of Schkopau eects TS 
lubricating oil are as follows:- 


Description: - | SS-903 O11 SS-906 Oil 


Inspection: 


Specific Gravity 0.60-0.85 0.805-0.835 
. Viscosity, Englor® 100°¢ 2.9-3.0 5.8-6.0 — 

Viscosity Indcx ~ 2105 - 115 105 - 115 

Flash: 205 225 

Pour: °C -35 -30 

Carbon Residue: % | 0.02 0.03 

Neutralization No. nil nil 

Ash % nil ‘nil 

Chlorides: % nil nil 
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Typical quantitics of | raw motcrials ond utilitics needed per ton of syn- 
thetic lubricating oil, are as follows : 


Acotylene a . 1700 ke. 


Mcthanol | 2.7 kg. 
Vorlau f-ol Lee. 
Aluminium Chloridc | | 70.0 " 
Lime 50.0 ™ 
Fuller's Earth © 10.0 " 
High Pressure Stcam : 1.7 tons 
Low Pressure Stcam 6.0 " 
Fucl Gas (2000 ke. Cal/M’) 250 M? 
Electricity 150 KWH | 
Water 150 M? 
Miscellanocous: 


The German technicians interrogated maintain that little corrosion 
difficulties heve been encountered; stainless steel is used in the reaction 
vessels, while intcrmediate sour oil tanks have synthetic rubber liners faced 
with brick. Some corrosion was noticed in the vapour condensers of the 
vacuum reducing still but this was climinatcd by adding caustic soda to the 
reflux to the vapour fractionator. 


Aluminium chloride is obtained from the I.G. Farbenindustriec A.G., 
Ludwigshafen-oam-Rhein, in special metal drums. The drums are dumped into the 
reactor by hand using a funncl that fits the end of the drum. A gate valve 
controls the rate of admittance, when charging the reactor. The cffcct of 
impurities in the aluminium chloride wes not known. . ; 


The rubber plant cmploye 15,000 men when operating at normal capacity. 
The lubricating oil plent normally omploys 65 men. Opcretion is intcrmittent, 
depending upon the supply of acctylene from the rubber plant. The plant has 
not been damaged to any extent and operations can be resumed as soon as a 
supply of othylene - can be obtained. 


Ssacingionss 


While the production of lubricating oil from acetylene is of interest, 
the cost of the finishcd product is high. Assuming thet acetylene can be 
made for 25-40 pig. per kg. from natural gas (methane) by the electric arc 
process used at Huls, the large capitel expenditure for cquipment and the 
number of ‘men rcquired for operation, make the cost of the synthetic lubricat- 
ing oil-too high to compete with lubricating oils from sclected American crude 
Olls,-unless an cxamination of the samples obtained, indicates that thesc 
oils heve some valuable pronertics for special uscs. 
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XIIA. SYNTHETIC LUBRICATING OIL MANUFACTURE AT STETTIN-POLITZ 


Sourco of Information: 


Information on this plant was sccured in the course of an intcrvicw 
with Dr. Zorn at Loune on 15th Mey 1945. 


Qumma ry : 


A mixture of Fischor-Tropsch wax (maximum melting point 176°F), and a 
special wex from brown coal tar distillation (made by a combination cracking/ 
hydrogonation process at _Vadwigshafen) is cracked under closely controlled 
conditions to give 95-97% olcfines. These are polymerised at law pressure in 
the presonce of aluminium chloride. The oil is separated, neutralised and 
vecuum distilled with stcam to remove athe ends. . 


Ultimate yields from the paraffin wax charged are:- 


| Weight % 
Gas see ee 27-350 
Lubricating Oil ... . 49-52 
Diosel Oil (light onds) 6-7 
Stoam cylinder oil (from decomposition of 
catalyst complex). 8-11 
Total accounted for | 20-100 


Production capacity of this plant was rated as 1000-1200 metric tons/ 


month (242-290 B/D). In the final 6 months' operation, production was about 
one-half this figure. 


Description of Proccss: 


Wax Cracking: 


The wax is prehcated in a pipo still at low pressure to 842-896°F ond 
complctcly vaporised. It then flows upward in_a parallcl tubo bank heated by 
circulating flue gas. The outlot tompcrature is controlled at 968-977 °F at 
atmosphoric pressure. This cracking tube bank is made of 16-8 stainless 
steel (V2A) to avoid coking and dehydrogenation. Residence time in the pre- 
heatcr is 1-2 mimtes, and in the cracking coil about 0.1 sccond. No stccm 
is used in the furnaces. 


The cffluent is quenchod in a steam heat exchanger to 500°F. All conden- 
sate at this temperature is recycled to the furnace. The vapours (about 
one-third of totel) are cooled indiroctly with 68°F water and tho ges is 
vented from this condensation. 


Gas deanpoaition is: % 
Hydrogen’ ace sine 1-2 (analysis used for 
Ethylene aye is 30 plant control). 
Propylcno siece cats 15 | 
n-Butylenos. eco eee LS 
Paraffins 554 acave —4O 
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Ultimate yield of gas on fresh feed is about 30 weight per cent, with a 
minimum of 27-28 weight per cent. This gas was not used for polymerisation. 


The liquid product is 95-97% unsaturated. Determination of the iodine 
number is used as one control in the cracking step. This liquid is used 
directly in the polymerisation step. 


Polymerisation: 


Polymerisation is carried out at atmospheric pressure in reactors of 125 
barrel capacity, water-jacketed, and equipped with straight blade stirrers 
revolving at 100 RPM, The aluminium chloride used in polymerisation is first’ 
suspended in light oil from the process, A part of the olefine feed is added, 
the kettle is heated to 153-176°F to start the polymerisation and then con- 
trolled at the desired polymerisation tomverature by the rate of addition of 
cold feed. The total olefine feed is added in about 22 hours and the reaction 
is completed by heating the batch to 212-230°R and stirring at that tempera- 
ture for two hours to further polymerise lower polymers formed in the early 


part of the reaction. Two grados of lubricating oil have been manufactured 
in this equipment: 


SS 1103 nominally 3° Engler Viscosity at 100°C 
SS 11C6 . 1 6 " 1 onf 


aheir respective characteristics are discussed later. Operating conditions 
for the reactors for these products are as follows: 


SS_1103 SS 1106 
Al Clz catalyst consumption (% of 
finished oil) ... eas 7-8 14-16 
Reaction temperature TR? ig Se evens 158 (Low as possible. 


(Winter - 104 
(Sumer - 122 


Refining of Polymerised Oil. 


The total product from the polymerisation reactors is separated into oil 
and aluminium chloride addition compounds by ordinary centrifuges. No methan- 
ol is needed for this scparation. Contrifuging is done at 176%-212°F without 
any additional heat peing supolicd. The aluminium chloride addition product 
so separated is in a liquid form. 


The lubricating oil portion is treated with water at room temperature 
to decompose traces of aluminium chloride, then treated with lime and Fulle's 
earth, filtered and distilled undcr vacuum with stcam. The light ends are 
partially recirculated for suspension of aluminium chloride in the polymcrisa- 
tion reactors and partiall; yicldcd as Dicsel oil. This oil can also be 
hydrogenated and then treated with sulphur dioxide and chlorine in the Mersol 
Synthesis. 


The aluminium chloride addition product from the centrifuges is decom- 
posed with water, treated with lime and Fuller's earth and used as steam 
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cylinder oil after stripping of low boiling hydrocarbons for flash point! 
specifications, This steam cylinder oil is considered better than the 
corresponding product from. cthylene, because: it is obtaincd at a lower poly- 
ncrisation temperature and is less unsaturated. 


Tests on Products : 


| lubricating Oil Diescl Oil Stcam Cylinder Oil 
SS-1103 SS-110 . 
Viscosity °Engler 


at 100°C. 3.0 5.5-5.6 6.0 
SsU at 210°F 105 200-205 220 
Visccsity Index 115-124 108-112 a ne: 115-116 
Flash Point OF 4238 min. 482-500 572-590 
Pour Point OF -22 max. 13 max. 3272 - max. 
Conradson C.Res. 0.2 max. O.2 max. O.4-0.5 
Iodine No. | 20 
Cetane No, | 72-73 
I8P 402 min. 
Sulohur % 0 
Yields: 


The ultimate yields from the original paraffin are summarised as follows; 


Type of Operation 


Weight per cont SS-1103 SS-1106 
Gas from Cracking 27.0 - 30.0 27.0 = 30.0 
Finished Lubricating 0il 49,0 = 52.5 49.0 - 52.5 
Diesel Oil TO 5.60. « 
Steam Cylinder Oil 8.4 11.2 
Unaccounted for 8.6 - 2.1 1.2 - 0.7 
Total: | 100,0 100.0 
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XIII. AVIATION FUEL MANUFACTURE AND ENGINE TESTING. 


Introduction: 


The following information was obtained by intcrrogation of Dr.Ester, 
Mr. Scholz and Mr. Honickcr. 


The test engincs originally instalied at Leuna have now been ovacuatea 
to Wethau and Stossen. These locations were visited. 


Octano Number Determination and Specification: 


For day-to-day control of aviation gasoline component quality, Octane 
Number tests were carried out on C.F.R. Motor Method engines and on the I.G. 
Prufmotors; tho latter being used almost exclusivcly as spare parts for the 
C.F.R. engines became impossible to obtain. In 1944 there were 170 of these 
engines in usc in Germany. 


The Octane Number specifications in force in carly 1945 were as follows: 


D.H.D. Gasoline 78 Octane No. clear 
Hydro Gasoline 7JO * ” vs 
87 =" " with 0.09% vol. T.E.L. 


1.G. Prufmotor 


Swept volume 342 ces.. 
Compression Ratio Variable up to a max. of 14:1 
R.p.m. 900 for Motor Method 

600 for Research Method 
Spark Advance 26° for Motor and Rescarch Method 
Jacket Temperature 100°C for Motor Mcthod 


100°C for Rescarch Mcthod 
Mixture Temperature 165°C for Motor Mcthod 
Room temperature for Research Method 


This engine is used with a multi-bowl carburecttcr in the usual way and 
all Octane Number detcrminations arc made at max. knock mixturo strength. 
Bouncing pins and knock meters made by Siemens are employed. The normal 
method of carrying out Octanc Number determinations is to adjust the mixture 
strength to max. knock; increase the compression ratio until a standard rating 
on the knock meter is obtaincd; measure this compression ratio. by a conven- 
tional microncter and determinc Octano Numbcr directly from a standard chart 
in which Octane Number is plotted against compression ratio. The Octane 
Number can also be édircctly rcad from a scale attached to a mechanism geared 
to the movable cylinder head. 


This engine nas also been used for supercharged tests and 5 to 10 super- 
charged engincs were stated to be in use in various parts of Gormany. This 
devolopment followed initial tests in 1941 in Oppau, and Louna first carried 
out supercharged tests of this nature at the end of 1941. In these tests 
pressure fuel tanks and e pressure carburctter are cmploycd together with an 
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air meter and the standard boost pressure is 1,000 mm. absolute. Test results 
are expressed in the form of a graph rclating air /fucl ratio to compression 
ratio for constant knock, but a direct octane scale can be used in this casc 
also, | 


BMW. 3-litre Single-cylinder Aero Engine: 


This engine was employed at Leuna for official acceptance tests. Due, 
however, to air raids, this ongine had been dismantlcd and crated for erection 
at sone other location. Tho tests were only carricd out to obtain acceptance 
of the aviation fucl components since blending of the finished fucl was 
carricd out at the WIFO blending stations. Laboratory blends conforning to 
the official formala were prepared and tested. The cngine opcratcs at a 
constant compression ratio of 6.5 : 1 with variable supercharge. Other 
operating conditions arc 1600 r.p.m., ignition 30° B.T.D.C., inlct air ter- 
perature 130°C., air coolcd and direct injection. Tests are carried out in 
a normal manner by plotting air/fucl ratio against M.E.P, Acceptance was 
granted whcn the M.E.P. air fuel ratio curve approached the standard 
acccptance curve. 


Aviation Gasoline: 


The following information on the devclopment of aviation gasoline was 
obtained from Dr. Ester, chemist in charge of gasoline quality control by 
engine testing. 


The necessity for manufacturing a fuel with high aromatic contcnt was 
due to the developmcnt by BMW and Daimler-Benz of engines which had a mean 
effective pressure of 294 psi at an air/fucl ratio of 0.75 for starting and 
combat and m.csp. of 147: psi at air/fucl ratio of 1.2 for cruising. The 
Junkers engine, however, was said to operate on 90 octane fucl which was 
preparcd from hydrogenation gasoline with 4.5 cc of TEL per gallon and 
represents the normal grade aviation fucl (By). Inspection of the lcan and 
rich mixture curves indicated that iso-octane would have been the ideal fucl 
for the German engines. Since a fucl of this kind could not be obtained, it 
was necessary to incorporate 35-45% vol. of aromatics into the aviation fucl. 
No isopentanc blending was practiccd and the components themselves were 
stabilised to give e Roid vapour pressure below 7.4 for the final blend. 


| The source of the blending componcnt with a high concentrotion of aro- 
matics was the hydroforming of the hydrogenation gasoline (DHD process ) 
Alkyleatc was obtained by dehydrogenation of n-butane and conventional alky- 
lation of the rcsulting n-butylenes with iso-butanec, using concentrated 
sulphuric acid as the catalyst. Iso-octane is obtained by hydrogenation of 
diisobutylene. : 


The fighter grade aviation fucl (Cz) was blondcd as follows: 
80% DHD gasoline | 


20% alkylate or ET 120 or mixture of both 
4.5 ce TEL/gallon 
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The DHD gasoline contains 0.1% by volume of mixed cresols as gum 
inhibitor. This fuel was slightly better than engine requirements but it 
was expected that engine design would very shortly make full use of it. 


All German aviation engines are of the direct injection type, and it is 
claimed that this arrangement results, among other things, in good mixture 
distribution to all cylinders and the absence of difficulties by ice forma- 
tion. In order to increase the quantity of aviation fuel, tests have been 
carried out to prenare a fuel which would dispense with.the DHD process which 
operates with high gas make. Addition of 2% methylaniline and 7.5 cc TEL/ 
gallon to hydrogenation gasoline and use of this fuel in conjunction with 
methanol/water injection as well as change of the injection cycle appeared 
to give the desired result. The tests were carried out by Junkers on the 
regular BMW test engine., Daimler-Benz and BMW, however, claimed that they 
could not get their maximum output (2400 HP) with this type of fuel. It 
seems desirable tc mention that the Junkers motor JuMo ‘215A had an output of 
2800 HP with the fighter grade aviation fuel. 


Nomenclature of Aviation Fuels: 

The following nomenclature was used in Germany for the various grades of 
aviation fuel components and finished blends. This list does not include 
identifications for all German plants but only the code numbers obtained dur- 
ing the interview with Dr. Ester. 


B Fuels hydrogenation gasoline, leaded 


C Fuels high efficiency fuel 
ET 110 technical iso-octane (96 octane no.) 
ET 120 alkylate (9; * Lae ie 
VI 702 hydrogenation gasoline from Leuna + 4.5 cc. 
TEL/gal. (90 octane no.) 
VT 705 hydrogenation gasoline from Scholven, leaded 
| as above. 
VT 706 hydrogenation gasoline from Pélitz, leaded 
as above. 
VT 708 hydrogenation gasoline from Gelsenberg, leaded 
as above. . 
vT 810 hydrogenation gasoline from Bohlen, leaded as above. 
VT 812 it we " Brux q? «t Ti 
VT 3402 hydro-formed hydrogenation gasoline (DHD gasoline) 
D 1000 pure iso-octane reference fuel. 


Tho sulphur content for all aviation fuels and components was specified 
to be 0.005%. A stability test was included in the specification according 
to which 200 cc. of gasoline were kept at 103 lbs. (7 atm) oxygen pressure 
and 212°F for 2 hours; the gasoline was passed without further testing if no 
pressure dzop took place during this period. In case of a pressure drop the 
gum formed was dctermincd and the permissible gum content was set at 5 mg/100 
cc of gasolinc. 
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XIV OXO PROCESS. 


Introduction: 


The OXO Process consists of the reaction of olefines with water gas in 
the presence of Fischer Tropsch catalyst to give aldchydes according to the 
gcneral equation 


---CH5-CHsCH.CHy ---- + Ho+CO 


————9  -~-CH5-CHp-CH-CHp --- 
CHO 


The aldehydes are hydrogenated to alcohols in a subsequent ster. 


The basic reaction was discovered by Ruhrchomie but the large-scale 
development of a continuous process resultcd from a co-operative effort by 
Ruhbrchenie and the I,G. The Chemo-Gesellschaft was a development organisa- 
tion formed by these two companies on a 50/50 particivation basis. The 
vrocess was later licensed to the onerating company - the OXO Gesselschaft. 


Extensive research on the process was carricd out at Leuna where a 
plant of 100 T/month design capacity operated for 14-2. years, The actual 
production was, however, only 40/50 T/month because of shortage of the pre- 
ferrcd raw material - Kogasin. Leuna processed a certain amount of "Gelb ol", 
an olefinic by-product of the higher alcohols process to supplement their 
fogasin supplics but it was stated that it was an inferior raw material. 

The present report is limited to information obtained at Louna. Details of 
Ruhrchiemie work are given in other reports, notably that on the Ruhrbenzin 
A.G. Target No. 30/5.01. 


Chemistry of the OXO Process: 


The first stop in the process appears to consist of the addition of CO 
to the olefine according to the equation - 


---C-C=C ---- + CO ————9 ---- C-0-C --- 


O= oes 


This intermediate product cannot be isolated because it is hydrogenated 
immediately to give aldehydes as follows: | 


ss-C-C=Cs== +h ea =C=s= 
\/ 2 
C | CHO 
0 or —2e-C-C-C--- 
| 
CHO 


dependent on the point at which hydrogon enters the molecule. 
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Further hydrogenation, mainly carried out in a separate reaction stagc, 
yiclas the corresponding primary alcohols. 


It will be scen that cven in the simplest. casc, the OXO Process gives a 
mixturc of aldehydes or alcohols. This tendency towards a mixed product is 
further increased by isomcrisation of the olefine under the OXO Process 
conditions, thus: , 


R ey R 
q 
C-C-C=C — C-C=C-C 
+ Hn+CO - + H,4C0 
eee on | Ce ae ~~ 
be a ee Jee \; 
R > RCS R 
q q | | 
C-C-C-C-CH50H C-C-C-CHoCH | C-C-C-CH0H 
C 


The reaction involving the least steric hindrance PECcomenetcs.: Thus, 
using isobutylene as the olefine 
C C 


G-C-C-CH50H is obtained in greater quantity than C-(-CHD0H. 

C. 
Similarly, when using trimcthylpentencs obtained from polymerisation of iso- 
butylene, the main OX a are those derived from the ¢. ¢- C-fac isomer 
as distinct from C-G-Cxb-C, 


The mixcd alcohols obtainod from tho OXO Process arc mainly used after 
sulphonation for detergent manufacture. For this purpose the mixed alcohols 
are said to be better raw materials than single compounds, ° 


Process Conditions: 


The first stage of the process is carricd out at about 200 ats. pressurc 
and 150° - 160°C in the liquid phase. Fincly divided Fischer Tropsch cata- 
lyst is suspended in the liouid fced in a concentration of 3-5% by weight. 
Most of the catalyst is recycled and tho make up requirement is said to be 
very small. Normally, when using Kogasin as tho olcfinic feed, the reaction 
time required is of the ordor of 20 minutes. Lower olofins reacted very 
readily. In the case of low molecular weight olefines, they have to be uscd 
in solution in a pe are 


A numbor of side reactions occur in tho OX stage. Aldchydes polymcrisc 
to give "Dickol" which comprises up to 20% of the crude product. About one 
third of the aldchydcs initially formed are also hydrogenated to the 
corresponding alcohol. It is thus not practicable to isolate aldehydcs from 
the crude product obtained in the first stage of the process. If these 
products are required, it is considered preferable to complete the hydro- 
gcnation in the sccond step, scparatc the alcohols and oxidise them to the 
corresponding aldchydes. 
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This second step of hydrogenation, in addition tc converting the alde- 
hydes in the alcohols, breaks down about 50% of the Dickdl to alcohols of 
the same composition as are derived from the corresponding aldehydes. The 
hydrogenation is hindered by the presence of CO. It is therefore necessary 
to let down to atmospheric pressure the crude product from the first OXO 
stage and to carry out the hydrogenation in @ separate step. This stage 
is cerried out at about 200 ats and at a temperature of 170-195° C. The same 
catalyst as used in the first stage can be employed, or, alternatively, this 
catalyst cen be filtered out of the first stage crude and it can be replaced 
by the more readily available copper chromite. When Fisher Tropsch cetalyst 
is employed, some carbon monoxide is formed in the hydrogenation reaction as 
@ result of reduction of cobalt carbonyl. In order to keep down the con- 
centration of carbon monoxide in the circulating hydrogen, the exit gas is 
treated over an iron catalyst to convert carbon monoxide to methane. The 
methane content of recycle gas can be as high es 10% without adverse effect 
on the reaction. This concentration is minteined by bleeding off the 
requisite amount of gas from the circulating system, 


The first step of the OXO Process is not affected by the presence of 
sulphur compounds in the raw materials but these impuritics do hinder the 
subsequent hydrogenation stev if carried out with Fischer Tropsch or copper 
chromite catalyst. When dceling with sulphur-containing olofine raw matorial, 
thercfore, it is necessary to filter off the first-stage catalyst and to 
cerry out the hydrogenation cver fixed nickel tungsten sulphide cetalyst. 

It is necessary to carry out a partial hydrogenation of the crude first- 
stage product prior to filtration in order to convcrt any cobalt carbonyl 
into cobalt. 


Leuna Overation: 


The process, as originally worked out by Ruhrchemie, was a batch pro- 
cess end the pilot plant at Holtcen consisted of 18 units originally intondod 
for betch operetion. - Work at Louna showed that considerably higher through- 
puts were obtained from continuous operations. 


The following description of the latest method of operation of the 
Leuna plant was obtained by. W. A. Horne from Dr. Gemassmer, who was the 
chemist directly in charge of these operations. It should be read in con- 
junction with Fig. XXX. 


The olcfine or olcfine-containing charge is mixed with 3-5% by weight 
of catalyst, most of which is recycled material. This susponsion is pumped 
at the rate of 300 - 700 litres/hour end ct a pressuro of 220-20 ats. 
through a heatcr’ which raises its temperature to approximately 150° C. The 
prehcated fced enters the bottom of the first rcactor and passes upward 
concurrently with a steam of €0 M? /hour of carbon monoxide end hydrogen 
which has been separatcly proheated to 150-1909 C (maximum: 200° C). This 
synthesis gas is partly recycle gas from the process (40-50 M3/hour) and 
partly mako up gas which consists of equal molecular proportions of hydrogen 
and carbon monoxide. The first reactor, which is constructed of carbon 
stecl, has an internal diametcr of 200 mm, and a length of 8M. It contains 
6 vertical 21 mm, OD, 17 mm, ID, steel cooling tubes which are connected to 
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a water jacket surrounding the reactor. Cooling by these tubes is used only 
when very reactive olerines are charged and the heat release is high. A 
thermocouple well extends the length of the reactor and the temperature of 
the exit products is normally controlled at 150°C. The temperature and feed 
rate depend on the concertration and molecular weight of the olefines in the 
charge stock. As previously stated, lower molecular weight olefines are 
more reactive. Low concentration of olefines in the feed necessitates the 
use of lower feed rates and higher temperatures in order to ensure that re- 
action proceeds to the required extent. Normally, roughly 70% of the ole- 
fines charged are converted in the first reactor, 


The exit products from the top of this first reactor pass to the bottom 
of the second reaction vessel where they come into contact with an additional 
60 M?/nour of synthesis gas. The Second reactor has the same dimensions as 
the first but is fitted with baffles to increase the efficiency of contact. 
No cooling tubes are required. The normal operating temperature is 170°C. 
Essentially all the remaining olefines are converted and some 20% of the alde- 
hydes made are hydrogenated to alcohcls. 


The exit products from the top of the second OXO reactor now flow through 
a water cooler to a separator from which synthesis gas is recycled to the 
preheater. The liquid product is let down to atmospheric pressure and the 
released dissolved gases are purged after scrubbing with crude second-stage 
product to prevent loss of liquid by entrainment. The crude first-stage 
product is now pumped under a pressure of 200-250 ats. to the second-stage 
preheater from which it passes to the bottom of the first reactor of the hy- 
drogenation stage. 60 M? /hour of a mixture of »vreheated fresh hydrogen and 
methanised recycle gas is also introduced at the bottom of the reactor, The 
roactor is identical with the first reactor of the OXO stage but operates at 
an exit tomperature of 180°C. The exit product from the top of this reactor 
passes to the top of the second hydrogenation reaction vessel ard is passed 
downwards counter-current to an additional 60 M’/hour of reaction gas. The 
exit temperature of this second reactor is roughly 200°C, The draw-off of 
liquid product from the bottom of this converter is regulated so as to keep 
the reactor full of liquid. The top of the second reactor serves as a high 
pressure separator vesscl for hydrogen and liquid products. The hydrogen con- 
taining some carbon monoxide is water-cooled and passes to a catch-pot for 
scparation of condensed liquid which is returned to the hydrogenation reactor. 
Before being recycled to the hydrogenation reactors, the gas is reacted at 
250°C over an iron catalyst (similar to that uscd in the Synol Process) in 
order to convert carbon monoxide to methane. 


The liquid product is lect down to a pressure of 10 ats. to a separator 
from which dissolved gases are vented. The liquid from this separator is 
charged under its own pressure to the filter systom illustrated in Fig. 
XXXI. Tho liquid, in batches of 700. litres, onters the filter vessel (which 
is pressured with nitrogen throvgh Valve 1) and is filtered through the 
porous ceramic tubes situated at the bottom of .the vesscl. This operation 
requires about 10 minutes with a new filtor but can take up to 30 minutecs 
whon the filters are old, When filtration is completc, fresh olefine charge 
is introduced through Valve 3 and passes in the reverse direction through 
the filter thercby washing off the catalyst materiel. The whole vessel is 
rotated at 60 revs/minute for 2-3 minutes. It is stopped in the inverted 
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position and the olcfine catalyst suspension is forccd out through Valve 4 
by nitrogen pressure, nitrogen being introdiced through Valve 3. This sus- 
xension is then transferred to the feed mixcr of the OXO Process. The cycle 
time for a complete operation of the filtcr is one hour per batch of 700 
litres of crude product. 


The treatment of the filtretcd crude product depends on the typo of 
olefinic raw metcrial used. If this raw matcrial has initially a boiling 
range not excecding 50°C, the alcohols can be scparated from hydrocarbons by 
simple distillation. If, on the othor hand, a rew material of wider boiling 
rengc is employed, alcohols have to bo seneratcd by the boric acid method 
as described in Section XV dcaling with the Synol Proccss. 


A number of variations of the above proccss had been tricd out at Leuna. 
The effect of introduction of liquid fced at the top of one or both of the 
OXO reactors was tricd, as was also the operation of the OXO Process with 
liquid end gas flowing countor-currently. The process was also opcrated 
with only one reactor in tho OXO and hydrogenation stages. According to Dr. 
Gcmassmer, however, the methed described in detail above was found to be the 
nost satisractory. | 


An cssential of any scheme for operating the OXO Process is that the 
symthcsis gas rate in both the OXO and hydrogonation stage mist be sufficient- 
ly high to onsure efficicnt stirring and complete susvension of the catalyst. 
A largo excess of synthesis gos is not necessary from the purely chemical 
standpoint. Research carried out by the I.C. suggests that the OxO stage 
might be oncrated at 40 - 50 ats. pressure but under these conditions the 
throughput would be lower and the temperature somewhat higher. One of the 
difficultics sometimes encountcrod was that unless the conditions in the 
OXO stage are carcfully controlled, olefinc polymerisation takes place. The 
polymers so formed, aftcr hydrogenetion in the second step, are difficult to 
separate from the higher boiling alcohol products. 


Catalyst Preperation: 


The Fischer Tropsch catalyst used in the OXO Process was obtained from 
the catalyst plant of Ruhrchomic at Oberhceusen-Holtcn. It was reported to 
have the following approximate composition: 


30% Cobalt 

2% Thorium Oxide 
2% Magnesium Oxide 
66% Kicsclguhr 


Due to tho scarcity of cobalt, the content of this component of the 
catalyst has lettorly been decreased. The last shipment contained only about 
25% of cobalt. This apparcontly had little effect on the process operation. 

The catalyst in powder form is reduccd with pure sulphur-free hydrogen. 
The hydrogen flow is contollcd at a rate high enough to prevent sottling of 
the catalyst powder, i.c. the catalyst is fluidised by the hydrogen stream. 
The period of reduction is 2-4 hours. | 


Ca 
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OXO Processing of Cracked Middle Oil: . 

In addition to Kogasin and Gelbol, Leuna had investigated the treatment 
of cracked petroleum oil by the OXO Process. Dr. Gemassmer provided the © 
following data from a run, the conditions of which were not considered to be 
optimun. 


The olefinic feed matcrial had the following pronertics: 


Density — _ 0,88 

Pour Point | -18°C 

Av. Molecular Wt. 7 195 
Todine No. (Hanus) — 46-8 
Sulphur Content | 24% by wt. 
Boiling Range 25,09-350°C 
Volume % soluble | 


Kattwinkel sclution By 


The charge was mixed with 3% by weight of catalyst and reacted with water gas 
at 240 ats. Total reaction time in the OXO stage was approximately 1 hour. 
The temperature at the inlet to the first reactor was 150 C and that at the 
exit of the second reactor 190 C. The hydrogenation of the crude product 

was carried out at 220 ats with hydrogen of $7 purity. The temperature was 
195 - 200 C and the total reaction time appreximatcly 1 hour. The product 
hhad the following propertics:- 


Density — | ~ 862 

Iodine No. (Hanus) 19.6 

OH No. 36-40 mgm KOH/gm. 
CO No. Fad 
Saponification No. 5 mem KOH /gm. 


The OH number is determined by acetylation with acctic anhydride followed 
by titration with KOH solution. The CO number is a measure of the aldehyde 
and ketone content and is determined by forming the oximes of aldehydes and 
detones followed by titration with KOH solution. 


The crude product contains 16-17% alcohols which may be separated from 
the hydrocarbons by forming boric esters, it is not possible to separate 
the alcohols by simple distillation because of the wide boiling range of the 
charge stock. 


Only about 60% of the olefines was converted and of this, approximatcly 
60% was recovered as alcohol. 


Fig. XXXI (B) is a photograph of the OXO converters. 


In addition to the authors, Major A, V, J. Underwood contributed notes and 
these were of very great assistance in compiling the above report. 
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The I.G. have always held the view that Fische: Trovsch synthesis is 
more likely to be of value for tho production of liquid products for use as 
chemical intcrmediates then as a source of fucls. Mainly from this stand- 
point they have becn working on the Fischer Tropsch process and modifications 
of it since 1925. The particular modification designated “The Synol Process" 
is a development made by Dr. Wenzel in which the I,G, have been interested 
since 1940. The process consists essentially of the reaction of a carbon 
monoxide hydrogen mixture (ratio of 1 CO : 0.7/0.8 hydrogen) at 18 -25 ats 
and a tcompcorature of 190 - 200 C over a sintered iron catalyst such as is 
uscd for ammonia synthesis. The liquid product consists principally of 
alcohols and hyd:ocarbons, the former being thought to consist entirely of 
straight chain peenery alcohols, 


Synthesis Cas: 


The synthesis gas used in the Synol Process is made at Leuna by che addi- 
tion to water gas of. carbon monoxide obtained from the copper liquor carbon 
monoxide rcnoval plant which operates in conjunction with the main ammonia 
and hydrogenation systems, In the absence of this source of carbon monoxide, 
it was intendcd to produce a synthesis gas of the required compose ta08 by 
gasification of coke with carbon dioxide and oxygen. 


Scale of Onorations: 

The full commorcial-scalc development of the Synol Process was not com- 
pletc. Some 25 small laboratories and pilot plant units, ranging in size 
from .2 - 36 litres catalyst capacity, had becn operated: to study the rela- 
tive morits of mlti- -stage vorsus single-stage. and gas recycle vorsus straight- 
through opcrating’ conditions. A four-stage unit consisting of 100-litre 
tubular reactors and with a capacity of 3-5 tons/month of liquid product 
had beon erectcd and opcratod for 9 months in order to give pilot plant-scale 
data of various possible multi-stage proccssces. A sccond pilot plant con- 
Sisting of a single platco-typo reactor with a capacity of 10-15 tons /month 
of liquid vroduct had also been crected for a furthor study of recycle 
operation. This plant had becn shut down because of bomb damage bofore any 
scrious work had been complcted. 


Process Conditions: 


Fig. XXXII is a linc diagram of the process which it was propoged to 
operate in the large plate-type reactor. Feed gas, completely free from 
HS and containing only 1-3 mg.. organic sulphur per cu.metre, together with 
7 - 20 times its volume of recycle gas, is passed down-flow through the 
reactor at a space velocity cquivalent to 110-120 vols. make up gas/vol. of 
catalyst por hour and at a pressure of 18 - 20 ats. When the catalyst is 
new it ismmaintained at a reaction temperature of 185°C and the inlet and 
outlct temperatures of the reactor are controlled to within 1°c of this 
- figure by means of circulating diphonyl. Diphonyl is used in placo of water 
because of the difficulty of obtaining stvel for pressure oporation. As the 
catalyst activity falls, tompcrature is gradually raiscd so tmt at the end of 
three months it is expected to be 195 C. The estimatod total lifo of a 
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catalyst is 9 months and at the end of this period the reaction temperature 
wili probably have to be 210-225°C. The exit product from the reactor passes 
first to a wax separator in order to prevent plugging of the cooler parts 

or the vlant with soft wax and thence to a heat exchanger where it gives up 
heat to the recycle gas. The heat exchanger exit temperature is cerefully 
controlled so that no water is’ condensed or separated at this stage. Other- 
wise, excessive scid. corrosion results. Fron the heat exchanger it passes 
to aS intermediate separator where higher boiling liquid products are 
collected and then, via a cooler to a cold separator where Cé and heavier 
hydrocarbons and. siéonols are collected. Just before the products enter 

the cooler a caustic soda solution is. injected into the stream in order to 
guard against acid corrosion. The exit gas from the separator, avart from 

a smell purge equivalent to 30% of the fresh male up gas, is recycled via 
the heat exchanger and a gas heater to the reactor, The vent gas, which pro- 
vides a purge for CO5 from the system, is passed through an ammonia cooler 
and an activated carbon absorber in order to recover light hydrocarbons, 


An alternative method of operation, which, according to Dr. Gemassmer, 
was latterly considered to be the most likely scheme to be adopted for large- 
scale cperation, is shown in Fig. XXXIII. This is a two-stage process with 
gas recycle and, like the single-stage process described ebove, does not 
involve C05 removal between the stages. In this method of operation, very 
high gas velocities are employed. Fresh gas is introduced at the rate of 
100-150 vols./vol. of catalyst and the recycle rate is 50:1 in both first 
and second stages. Approximately 65% of the fresh gas is converted in the 
first stage and 25% in the second, giving an overall conversion of 90%. 


When working under straight- through gas. ‘conditions and with multi- stage 
conversion, it appears necesssry to remove CO2 between the stages. This 
introduces the difficulty that alcohols are lost by water.solution in the 
COs removel step. It was stated that a two-stage proccss, as described 
above, gives approximately the same yields as a pOLT aCe process operated 
without recycle but with ee removal. 


Yields. 


The optimum yield is estimated to be 155-165 gm. of primary liquid pro- 
duct per M/ of hydrogen + CO. Very variable data was produced on the con- 
position of this liquid product but it would appear to be of the following 
order: 


Alcohols 35 = 50% 


Olefines 25 - LOS 
-‘Paraffins | 20 - 39% 


30 - 40% of the seeddige product boils in the Panne! 50 - 100°, 45 - 40% in the 
range 100° - 200°C, and 25 - 304 in the range 200 - 350°C, "the alcohol 
content appears ‘to be greatest in the range 150 - 200°C ag shown by the fol- 
lowing yields supplied by memory by Dr. Gemassmer:- 
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Temp. Range Alcohol Sat. Hes. Olefine Hcs. 
OC. 
to 150 - 20 LO LO 
150-200 TO 15 1 
200-300 50 | ae) 40 
over 300 50 . Lo 23 


The main essential for maintenance of a good vield appears to be high 
space vclocity involving a low conversion per pass and a low reaction tem- 
perature. Low space velocities lead to the reaction of carbon monoxide and 
water formed in the reaction, and high temperatures produce iron carbonyl and 
also appear to lead to carbon deposition due to reacticn of hydrogen and car- 
bon monoxide. . 


Design of Reactors. 


Neither tubular not plate reactors used in the latest Leuna pilot plants 
were considered to be entirely satisfactory. The principal disadvantage of 
both was that during operation the catalyst caked badly and was very diffi- 
cult to remove. In the case of the tubular reactor which was made up of 14 
mi. I.D. tubes spaced 26 mm. centre to centre, it was found nocessary.to use 
en electric drill to remove the catalyst. Similarly, the plate reactor, 
which was essentially similar in design to the Fischer Tropsch atmospheric 
pressure converter, had to be dismantled and the catalyst drilled and 
' chiselled from between the plates. It had been decided to construct a re- 
actor or the type shown in Fig. XXXIV. The catalyst was to be packed between 
the ccoling tubes which were to contain watcr undcr pressure. It was con- 
sidercd that when it was ncocessary to remove spent catalyst, the flange 
could be unbolted, the inlet and outlet connections dismantled, and the whole 
case renoved, thereby cxposing the catalyst which could be relatively casily 
xnocxed from between the cooling tubcs. 


Catalyst Preparation: 


The catalyst is prepared by placing 19 kgs. of iron from a wood charcoal 
preparation in a shallow water-cooled iron pan 50 cm. in diamcter and 15 cm. 
high. Pure oxygen, supplied by two nozzles, is directcd toward the mass 
which melts in 10 minutes. 16 kgs. of aluminium nitrate, 4 kgs.of potassium 
nitrate and 2 litres 66° Be nitric acid is added along with 2-4 litres of 
water. The mixture is boiled until solid, and melting is continued from 
there on for 30 minutes. The melt is pourcd out on an iron pan and allowed 
to cool slowly. It is then broken up into granules (1-3 mm) while the dust 
is remeltcd electrically. 


The following is the final analysis of the catalyst: 


2.5% A103 
0,2-0.6% KO 
0.16% S 
0.035% C 
91% Fox0) 


The apparent catalyst density is 2.0. 
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The cote: is reduced batchwise with pure Ayanoned (1css” than 0.02 ng. 
of sulphur per M”) as shown in the simplified diagram, Fig. XXXV. Tho pres- 
surc is substantially atmospheric and the reduction temperature usually about 
450° C. The roduction temperature doos not appear to be critical; a range 
380° - 650°C was stated to be satisfactory. The essential features of the 
catalyst reduction were said to be (a) a maintenance of a high hydrogen rate 
corresponding to a minimum linear velocity of 20 ems /second and a minimum 
space velocity of 2,000 1/nour per litre: of catalyst, and Oy efficient ary- | 
ing of the recycle and make up hydrogen. - 


The rocycle hydrogen leaving the reduction oven contains 1-2 gms watcr/ 
M’?. It passes through a water cooler at 20°C, an ammonia cooler at 4°C -and 
after mixing with frosh hydrogen, goes through a silica gel dryer. 


The time required for reduction of a batch of catalyst is about 50 how's. 
Absence of water in “ae oxit gas is: yee as a critcrion of completion of 
reduction. 


After reduction and cooling to 50°C the catalyst was blanketed with C05 
and transferred to smallcr stecl containors. From these the catalyst, in 
a CO, atmosphere, was measured into glass tubes which wore used to charge 
the reaction rubcs individually, so that cxactly the same amount of catalyst 
was present in each tube, esnecially since the tubos were often only partially 
filled. This was to onsure cqual »ressure paren ee ORen cach tube and there- 
fore provide equivelent ges flow in cach. 


The used catalyst could he wopenenaveds only by romclting and reroducing, 
aftor which it opcrated at a higher reaction tomperature (225 to 250°C) and 
the product containcd 2 -smallor percentage of alcohols. 


Except for the reduction part of the catalyst proparation, the catalyst 
employed for the Synol process is exactly the same as that used for the. 
ammonia synthesis at Louna. 


Work up of Crude Synol Product: ° 


The method proposcd for the separation of alcohols from the crude Synol 
product depended on tho formation of boric acid csters. A flow diagram of 
this proccss is shown in Fig. XXXVI. The crude product is fractionated into 
50- -60° boiling range cuts which are worked up scparatcly. 


The cstcrification is carricd out with solid boric acid prosent in oblight 
- excess of the theoretical requirement. The mixture is heated to 95- ~120°C ot 

' atmospheric pressure. Tho watcr formed, togcothor with somo of the lower boil- 
ing hydrocarbons has to be continuously removed as overhead. The sccrct of 
the estcrification proccss was statcd to be the complete removal_of watcr as 
formed. The residual mixture of cstcrs and hydrocarbons is then distilled 

at atmospheric pressure or undcr vacuum if this is necessary, in order to 
avoid cster decomposition. This scparction of hydrocarbons and csters by 
distillation is a simple mattcr as will be scen from the following boiling 
range figures for charge and cstcrs: 
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Boiling Range of Charge - Boiling Range of Esters 
160 - 220°C | 280 - 340°C 
270 - 274°C 490 = 494°C | 


The esters are stable up to about 300°C at atmospheric pressure. 


The separated esters are mixed with recycle dilute boric acid solution 
and hydrolysed by heating to 95 - 120%. The hot mixture of alcohols and. 
boric acid (16 - 1715 33503) separate into two layers and the upper alcohol 
layer is water washed and re-distilled. The boric acid solution is cooled 
to 5°C and the boric acid crystals filtered off for recirculation to the 
esterification stage. The filtrate is recycled to the hydrolysis stage. 


In addition tothe authors, Major A. J. V. Underwood contributed notes 
and these were of very great assistance. in compiling the above report. 
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XVI. MERSOL PROCESS 


The Mersol reaction consists in treating paraffin hydrocarbons with 805 
and chlorine to produce sulphonyl chlorides. 


R.H + SOp + Clo = R.S05Cl + HCL 


These are subsequently saponified to give the sodium sulphonates. 


Scale of Operation: 


The Mersol plant at Leuna had a capacity of 50,000 tons ner year of pro- 
ducts using about 35,000 tons per year of kogasin. 


Process Conditions: 


The starting material was a kogasin fraction boiling between 220 and 
320°C. I.G. would have liked to have included material up to 340°C but this 
was required for oxidation to fatty acids. The olefin content of the kogasin 
varied between 5 and 12%, according to the works of origin and the age of the 
catalyst used in producing it. 


The kogasin was subjected to a preliminary nydrogenation at 200-230 atm. 
pressure to convert the olefins to saturated compounds. Otherwise the ole- 
fins absorb chlorine. A nickel tungsten sulphur catalyst was used. 


The Mersol reaction was carried out at ordinary temperature and atmos- 
pheric pressure using ultra violet light to catalyse the reaction. Ths 
reaction was carried out batchwise until tne neccessary absorption had taken 
place. S05 and Cl» were blown through the reaction mixture using a small 
excess of SO. 


The reaction towers were 6-7 m. high and 1.8-2 m. diameter. They were 
filled to a depth of 4-5 m. with an initial charge of 10-12 tons of material. 
An increase in volume takes place during the reaction, even though the den- 
sity increases. Completion of the reaction rcauired about 12-16 hours. The 
reaction towers were mado of steel lined with Igelite (hard Pvc). 


Ultra violet light was provided by small quartz lamps mounted on a shart 
inserted into hard glass tubes of about 120 mm diameter passing through the 
reaction vessels. Absorption of the shortest wave lengths by the glass tubes 
is considered desirable as they tend to cause decomposition. These small 
quarts lamps were about 70 watts cach. The power consumption was said to be 
very small, less than 0.002 KWH per kilo of product. 


| After the reaction was complcted, the product was blown with air or 
nitrogen to remove HCl. This product, which was known as Mersol D, contained 
about 82% sulphonyl chlorides and 18% unreacted hydrocarbons. Beyond this 

_ Stage the roaction becomes very much slower owing to absorption of ultra 

violet light by the products. There is also a possibility of forming higher 

Sulphonyl chlorides which give inferior products on saponification. 
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The Mcrsol D was sent to the soapmakcrs for saponification. Herold 

er the soaps made from it were not as good as natural soaps as thcy lackcd 

oiloidal materiel to maintain the dirt in suspension. For this rcason it 
was usual to add wetcr glass or “Tylosa" (made from sodium ccllulose and 
acetyl chloride). The product was principslly used for sosp powders. The 
Mersol soaps, also known as "Mcrsoletcs" had been used with keolin for tablet 
so2p but thoir high solubility resultcd in high consumption. Tho gcncral 
practico scems to have been to use the "Morsolates" for soap powders and the 
fatty ecids made by oxidising pareffins for tablet soaps. 


Herold said that the synthctic soaps are very good for removing dirt 
but not so good for removing stains. Repcated washing with them results in 
a grovish colour and it is difficult to got the vure white colour which is 
optained wncen using pyrophosphate and oxidising materials. Such materials 
can he used with iicrsolate soaps. Herold said that better quality soaps 
would be cbtained by using the longer chain hydrocarbons, which they were 
not vermitted to use owing to the requirements for oxidation to fatty acids. 
Horold thought that it would be difficult for theso synthetic soaps to com- 
petc in general with natural soaps but he thought they had a considerable 
future for special industrial vses, ¢.g. wool washing. Their advantage was 
tnat they; wore not alkaline and could be used at a low temperature. For 
removing grease he thought they were Dettcr than natural soaps. 


Herold said that the Mersol soaps were excellent for cmulsion polymeri- 
sation and had becn widoly used in this way for PVC. They were also very 
eects for Buna, but the rubber manufacturers who had been using "Nokal" 
(isovropyl sodium sulphonate) for some yoars were unwilling to risk making 

aL enange. 


A product known as Mcrsol 30 was also made at Leuna. For this produc- 
un, the reaction with SO5 and Cly was only carricd to the extent of 40- 
34%. The product was then estcrified with alkgli and the separated neutral 
oil washed and roturned to the process. The Mcrsolate solution was cvaporatcd 
to give a water-froc: product end finally coolod in the form of flakcs, This 
product is a thin liquid above 130-150 °c. In tho evaporation, steam at 15 
atm. was uscd. An advantage of this method of opcration is that the lower 
desreg ef conversion compercd with Mersol D avoids the risk of forming 
disulphonyl chlorides, 


Mcorsol D can only be made from kogasin but Mersol 30 can also be made 
from other matcrials. Kogasin has the advantage that it is more transparent 
to ultra’violct light. If other oils are used, the olcfins and cromatics 
must be hydrogenated to prevent an excessive chlorine consumption. When 
chlorination takes plece, this results in the formation of hydroxyl groups 
efter the saponification and the oil returned to the Mersol reaction must be 
hydrogenated again to remove them as they interfere with the reaction. Theo 
Mersol plant «t Leune was started with oil from the hydrogenation plant, but 
they preferred the paraffinic Fischer-Tropsch motcrial as it roquircs a 
smaller hycrogenation plant and a smallcr consumption of chlorine. This 
applies even more strongly to natural petroleum fractions. Herold said that 
with kogasin ct 30 pf. per kilo and petroloum oil at 18 pf. per kilo, there 
is not muck difference in the cost of the final product. =~ 
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XVII. METHYLAMINE 


The following information Wes abtained from Dr. Helmut Hanisch on leth 
and Lith May. Reference should be made to Figure XXXVII. | 7 


About 80 T/month of mono- and di-methylemine were made. A batch mixture 

was made up, presumably at pressure above atmospheric, ‘containing 4 to 5. 
mols NHz to 1 mol ‘CH-OH, and the mixture wes pumped at the rate of about 
1000. 1/hr.. toa converter. This was run at any pressure from 60 to 200 ats, 
put the effect of pressure was not ascertained. The convertcr and inter-. 
changer were both made of Sl steel (low carbon steel) with copper lining and 
the electrical prehcatcr was conper-covered. The converter was 500 mms I.D. 
and &000 mms long, containing about 900 l.of catalyst. There was said to 
be little difference in performance between catalyst 6069 (90% Aln0z end 
10% kaolin) and catalyst 6067 (50% A150, end 50% iaolin), peices of which 
werc obtained. | | | 2 | 


The make was let-down into a reservoir kopt at 25 ats. The de-watcring | 
still was copper-lined and filled with 18 m of norcelein Raschig rings, run 
ag avaera! pressure or 20 ats. , 


pee eee (THA) end excess NHz were then separated from the mono- 
and di- (MMA and DMA) in a2 continuovs double still run at 15 ats. The top 
column contained bubble-platos, with a TMA-NH= azcotrope taken overhead and 
NH taken from the bottom. -The bottom column was filled with Raschig rings, 
with crude MMA oS DMA mixture taken’ off the bottom.: 


The TMA-NHz azcotrope was fcd back continuously into a similar con- 
verter, for partial reconversion to MMA and DMA. The product was fed into 
the’ same donwaverine still as the main stream. : | 


Final purification of the crude MMA ‘and DMA mixture wos carricd out in 
a batch still. A patch consisted of 30 M? of the crude mixture, with 5 M? 
NH3 added to provide NH3 for TMA separation. The still had on I. D. of 700 - 
mm and wag packcd with 18 m of Raschig rings With the top tomperature kept 
et 4o°C and the bottom tamperature ct 55° to "60°C, the TMA-NHz azcotrope 
was taken off. as the pressure was dropped pando: to 10 ats, hen MMA as the 
pressure was dropped further to 8 ats. and then DMA as the pressure wos 
dropped to 5 ats, with water left bchind. The MMA and DMA fractions were 
then given a further final pnurificetion. : zs | 


Dr. Hanisch said thet coprer could be used in this process if care ws 
taken to eee oxygen. 


ISOBUTYLAMINE MANUFACTURE 


Dr. Hanisch said that 20 to 25 apie of higher alkyl amines wore mndo 
and gave the following dcte. ils of re a of isobutylamine as typaeat 


In contrast to mothylamines, which were: ‘made Poca neenaner and sneer 
over a dchydrating catalyst, isobutylemine Was made from the aldchyde ond 
ommonia in the presence of hydrogen, 
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CHz ‘ | CH; 
a + NHS + Ho-———» | 7CH——CHo——_NHo + HoO 
/ 

v= a ee 


Tho only dctails obtained of the menufacture of isobutyraldchyde were 
thet, whereas formerly this had been made by passing isobutanol at 1 ct. 
end 370°C over 2493 (zinc sulphide on pumice, oa sample of which wes ob- 
tained), the method now preferred wes to pass isobutanol with air over a 
Silver gauze, — 


The synthesis of isobutylamine was cerricd out at 220 cts. over cata- 
lyst 3076, NiS.WSo, oa g-mplo of which was obtained, ct a temperature of 
300°C. 1800 to 2000 M’/Hr. Ho and 600 to 800 1/hr. NHz were circulated with 
a feed of 60 l/hr. isobutyreldchyde over 90 to 100 1 catalyst. The product 
was scparated after cooling and the surplus Ho recirculeted. The crude was 
stored at 50 ats. -and distilled for purification, releasing ss aes NH, 
which was recirculeted. 


Amines of othcr highor alconols were made in a similer way. 
SCHIFF 'S BASE 
Dr. Hanisch seid this was made by reacting isobutylemine and isobuty- 


raldchyde at 1 at (the catalyst, if any, was not specified) and hydrogonat- 
ing the product at 200-220 cts. 


7~ jis Cs i 
oo + NH,>—CH>—CH —— = = ee 
CH , CH; CH; ! ; CH 
2 

Nie 
“th 7 
po a ——CH~—-CH 
CH CH; 


The iydrogenation was carricd out in cpparatus similar to that used for 
the manufacture of isobutylaminec, using the same catalyst, NiS.WS5. The 
food., rate at Schiff's beso was 40 1fhr. end the make-up Ho rate was 40 to 


mae ) ar, the temperature being 220 to 310°C; the catalyst volume was only 
Ol 
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XVIII, MANUFACTURE OF CARBOXYLIC ACIDS, 


Information on this procass was obtained from Dr. Gericke, tho plant 
foreman, with whom the instaliztion was inspoctecd. 


The process is based on the rollowing reaction; 


R CH, CH + NoQY-—------> RCOONa + 2H, 


It is carried out by veporising the alcohol and passing the alcohol vapours 
into a mixture of NaOH and alcohol maintained at 446 - 518°F; the violent 
mixing ovtained in this way is important for successful operation. An ex- 
cess of 17% NaCH beyond thé amount reauired for complete conversion of the 
total auantity of alcohol is used in the reaction. The resulting sodium 
salt of the carboxylic acid is sybsequently converted into the free -acid. 
N-buvyl, iso-butyl, hexyl and hentyl alcohols have been successfully pro- 
cessed but the Cg-C)5 alcohols were most frequently used because the result 
ing acids were utiliged in the preparation of tne ludricating oil inhibitor 
"R",. Another use of these ecids consisted in the preparation of metal 
salts (Zn, Ce, Mc) to be used as substitute protective coatings. The alco- 
hols were obtained in the course of the isobutyl-alcchol synthesis. 


The production of this plant amounted to 60 -70 tons/month (132,000 - 
154,000 1bs/month). Capacity was 150 tons/month. 
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XIX, POLYMERISATION OF Cé AND Cy OLEFINES. 


The information on this process was obtained by plant inspection and 
interrogation of Dr. Gericke, the foreman in charge of the plant. 


The process oonsists of the ecto of Cé6 and C7 olefines to 
Cy. and Ci olefines which were used in the alkylation of phenol in the 
course of the manufacturing process for a detergent. This part of the syn- 
thesis was carried out at Hochst and only the Cy5, C1), polymers were pre- 
yared at Leuna. : 


The fecd stock was made by dehydration of the alcohols boiling in the 
iso-hexyl and iso-heptyl alcohol range and obtained in’ the isobutylalcohol 
Synthesis, The clefine fraction of maximm boiling point of 203°F was used 
as feed stock. 


Olefine and svlvhuric acid (65%) were meee at a rate of 105 gals. of 
olefine to 663 gals. of acid per hour. The mixture was preheated in a 2-1/2" 
diameter lead coil (steam heating of a water bath) to about 120°F and intro- 
duced into e lead-lined tower of 3 ft. diameter and about 80 ft. height 
packed with iron Reschig rings. The mixture passed from the bottom.of the 
tower into a settler from where it was recycled. Circulation was continued 
until a hydrocarbon samnlie withdrawn from the settler indicated that the 
aecsired polymerisetion had taken place as shewn by the results of a labora- 
tory fractional distillation. he product was then caustic washed, water’ 
washed and distilled. The yicld of dcsired polymer, boiling betwoon 3h and 
LNGOR, amounted to 50% by wt. of the olcfine feed. The distillation range 
of the total reaction product and its utilisation are given as .vollows: 


b by wt. of Boiling Rango . 
fcoced stock cE Utilisation 
5-10 1h0 - 205 Reeusica. 
h - 10 — 203 = 324 Blendcd with heavy epigiene: 
50 i - 32h = 4G . Sp.g. product at 20°C = 
' - 0.730. - : 
20 = 30 “Avove 446 | - Heavy polymer to manor 


nn plant. 
The design capacity of the stant was 440,000 lbs. of product /nonth but 
the actual output of Cyo, Cz, polymers was only 66,000°- 88,000 1bs/month. 


Semples of the olcfine Tpood stock and polymers product were obtained for 
dctailed cxamination. 
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XX, FERTILISERS AND NITRIC ACID 


This Division covers the manufacture of Ammonium Sulphate, Nitric 
Acid, Calcium Nitrate (Kalksalpeter), Ammonium Nitrate and Calcium Car- 
bonate mixture (Kalkamnonsalpeter, equivalent to Nitro Chalk), Leuna 
Salpeter, and Phosphate Fertilisers, Dr, Ernst Willfroth was interrogated 
on May 12th; he was the Manager of the Nitrogen Division, There appeared 
to have been no major developments in what were old-established processes, 


Ammonium sulphate 


This was made by the reaction of Anhydrite with NH3 and CO2. The capa- 
city of the plant up to 1935 was 500 T/D N; in 1935 a part of the building 
was taken over to produce Leuna Salpeter, so that the capacity of Sulphate 
dropped to 300 T/D N. 


Carbonated liquor was manufactured by the Ammonia Division by scrub- 
bing out CO2 from catalysed gas at 1 at. This liquor contained 14% as. 
(NH), )2 C03. These scrubbers were followed by a Sulphuric Acid wash ta 
recover Ammonia, 


The reaction with Anhydrite was carried out in the presence of excess 
NH3, and after filtering the liquor could either be decomposed by heating 
to recover NH3 or else it could be neutralised with 60% H2S0, (Sulphuric 
Acid was made on site, the source of Sulphur being HoS in water gas re- 
covered in an Alkacid Plant and converted to Sulphur in a Claus Plant). 


The filtered mud contained 0.5% Nitrogen (= 2% Ammonium Sulphate) on 
a dry basis. Rotary filters were instelled but Dr. Willfroth preferred 
the old wooden plate type, which was still in use; these had plates sus- 
pended inside large wooden troughs, | 


The evaporation of the liquor was done in double-—effect evaporators, 
The first effect was merely a concentrator, without salting; the steam 
pressure was 7 lbs. g, the temperature of the solution 106°C and the inter- 
nal pressure 100-200 mm,Hg. The second evaporator ran with steam vapours 
at 0.2 ats. abs. with a steam temperature of 56-62°C and a liquid tempera- 
ture of 46-52°C, the final vapour pressure being 65 ma.Hg. Each evaporator 
had a heating surface of 124 M<, and the combined output was 170 T/D Ammonium 
Sulphate. Steam consumption was about 0.9 T/T Sulphate. 


The solution prior to evaporation at density of 1.24, contained 530-510 
g/l Ammonium Sulphate and about 0,2 g/1 H2S0,, with a py of about 5, 


The evaporators were lead covered throughout, but it was not stated 
whether any alloying metal was included. The evaporator tubes were 50 mm, 
le D. and 78 mM 0. D. : 


The anhydrite used came from a quarry in the Harz about 130 km, away, 
Fuller mills were originally used, and some of these were still there, but 
others had been replaced by LUscher mills, which occupied far less space 
but had the same energy consumption, These mills worked on the principle 
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of one roll working on a vertical axis, with two inclined rolls nee 
on the top, the ground material being removed by hot air. 


The plant itself was very old and there had been no advances made in 
recent years; the double-effect evaporation has been in use’ for many years. 
The plant has been shut down since May of 1944, owing to non-availability 
of NH3. Direct air raid damage was not very great, and the plant personnel - 
estimated that they could make 100 T/DNafter 4-6 weeks and 300 T/D N after 
10 months. | : | | 


Nitric Acid 


The plant was built in 1927 and was said to be the sig plane in Geman 
working at 5 ats. The original capacity was 150 T/D N, but it had been en- 
larged (during the war?) to 260 T/D. Most, if not all the other I. G, plants 
erected elsewhere operated at 1 at. The main advantage of using a pressure 
process was stated to be the saving of space for the absorption system, and . 
the process was. economic if energy was not too expensive. 


Power was recovered from the hot let down gases by passing them through 
a turbdine working on the same axis as the air compressor. 


The catalyst favoured was platinum with 5% rhodium. This catalyst was 
much better than 1% rhodium, but in a pressure process 10% rhodium was 
stated to give no better results. NH conversion efficiency was stated to 
be 96% on the gauze and 92-94% after absorption. Final scrubbing of the 
gases was done with a line solution. The final acid contained 48% HNO3 
and was all used for making Nitrate of Lime and Ammonium Nitrate mixtures. 


It had been found that if welding took place in tne neighbourhood of 
the air compressors, poisoning of the catalyst resulted, and this was put 
covm to the presence of poisons such as PH3 in the acetylene. 


The plant was not inspected closely but froma distance it appeared 
to be relatively undamaged. 


Concentrated Nitric Acid 


This was not made by working up -48% . HNO3, but was made directly from 
the nitric acid oxidation gases. Gases after the waste heat boiler were 
further cooled and then oxidation of NO to NOo allowed to take place, The 
gases were then indirectly cooled with water to remove H50 as weak HNO3. 

The gases were then further cooled to -10°C to give liquid NOo, This NOs 
was then treated in an autoclave at 80-100 ats. and 70°C with dilute Nitric 
Acid and Oxygen, yielding pure HNO3 plus N20). On distillation this mixture 
evolved NOz, which was returned to the process and gave 99% HNO3 at the bot- 
tom of the still. 


Ammonium Nitrate 


Only a small quantity of the pure material was made; the bulk was 
made into Kalkammonsalpeter, This latter plant was not investigated but 
the process was said to be very similar to that used in making Nitro-Chalkx. 
The spray tower was at the end of the building. 
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Calcium Nitrate (Kalksalpeter) 


This plant was very heavily damaged but the material could be produced 
in the Nitro-Chalk plant, although not at the same time as Nitro-—Chalk. 


Phosphate Fertilisers 


This was contained in the same building as Anmonium Sulphate, but 
none had been made during the war, owing to shortage of phosphates, 


Leuna Salpeter (Amm, Sulphate & Nitrate) 


This pliant also formed part of the Ammonium Sulphate Sian, but was 
not inspected in detail; it had suffered aos air raid damage, . 


Anmonium Chloride Fertilisers 


No work had ee done on developing Ammoriium Chloride fertiitaers, 
which were said to be unsuitable for German soils, 
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XXI.. SYNTHESIS OF TOLUENE FROM BENZENE AND METHANOL 
Introduction: 


The process for synthesis of toluene by reaction of an excess of 
Benzene with hethanol at medium pressure over an acid zinc silico-—phosphate 
catalyst was originally developed at Leuna. A commercial plant with a 
design capacity of 5,000 T/month of Toluene was erected at Waldenberg in 
‘Silesia where the I..G. have a oe includes a Methanol plant.. 
O,.U,-D. A.-.erected the plant, W. I. F..0. aamances it and it was operated 
by the I,.G. ona paclescaag, basta. 


The Waldenberg plant started operations in mid-1942, The maximum 
achieved production was 3,800 T/month of Toluene but latterly only 2 ,500- 
3000 T/month were made on account of transport difficulties and consequent 
shortage of raw materials, | 


A description of the process and of the Waldenberg plant was provided 
in the first place at Leuna by Dr. Herold, the head of the Development 
Department. His information was later conficmed and some additional data 
produced, also at Leuna, by Dr. Klopfer who was in charge of catalyst test-— 
ing. A process descrintion was also found in an I.GAV.I.F.0. Agreement, a 
copy of which was removed from Leuna. , 


General Pracess Data 


Methanol and Benzene used for the process must be as free as possible 
from impurities, particularly nitrogen compounds, Methanol is specially 
purified from amines, by means of an organic cation exchanger, down to a 
maximum nitrogen content equivalent to 2 mgms. NH,/litre,.. Nitriles are 
the chief impurities in the benzene and no satisfactory method has been 
developed for their removal; formation of zinc chloride addition compounds | 
is not successful. In the end, tthe I. G,. -+have resorted to careful analyti- 
cal control of all batches of benzene so that these can be blended to give 
a feed to the plant which never contains more than 0.5 mgms. NH3/litre, 


Benzene and hethanol are reacted in the molecular ratio 4:1. Reaction 
temperature is 340-380°C and pressure 30-35 ats. Feed rate is 0.25 M3/u3 
catalyst volume/hour with fresh catalyst. In order to maintain the catalyst 
in an active form steam must be added to the reactants, . Substantially all 
the Methanol is converted in a single pass, . ; 


The. catalyst, which has.a life of 4-6 weeks, was stated by Dr... Klopfer 
to have the following a | 


Zno . | _ 6% 

P205 < - 60% 

Kieselguhr 25% 

Acid treated Bleaching Barth «3S 

Water 6% 
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Dr. Hanish stated that the catalyst was made by mixing orthophosphoric 
acid, Kieselguhr and zinc oxide, and drying a 2 emdeep layer of the resul- 
tant paste at a temperature below 250°C. The cake obtained is broken up 
and sieved, pieces of about 20 mm size being used as catalyst. Fine material, 
amounting to about 30% of the charge, is recycled to the pasting stage. 


Loss of activity of the catalyst is caused by carbon formation during 
reaction; after 4~6 weeks the catalyst contains about 40% carbon. Attempts 
to revivify catalyst by burning off this carbon were unsuccessful because 
of conversion of orthophosphoric into. a inactive metaphosphoric acid. | 


Plant sled ALL 


The Waldenberg plant consisted of uy, ‘units, each consisting of 1 con- 
verter 1700 mm, external diameter and 16 M long. Each converter contained 
15 M of catalyst. Fig. XXVIII shows the general layout of a unit. Ben— 
gene and Methanol in the weight ratio 9:1 are injected at 35 ats. and pass 
through a heat exchanger and gas-fired preheater where they are vanorised 
and heated to 280°C (Dr. Klopfer) or 350°C (Dr. Herold). They then enter 
the top of the reaction vessel which is divided into four sr five catalyst 
beds separated by layers of Raschig rings. Cold benzol is injected in con- 
trolled quantity at the entry to the converter and to each of the Raschig 
ring beds in order to maintain a reaction temperature of about 370°C with 
a maximum of 380°C, The reaction is extremely exothermic, the heat evolu- 
tion per converter being 100,000 Kg. cals/hour. There is a layer of cal- 
cined lime about &0 cms, thick at both the top and bottom of each converter. 
Lining of the converter is acid-resistant refractory brick. A 5% caustic 
soda solution is injected into the products immediately on Leaving the con- 
verter in order to prevent corrosion by phosphoric esters,. The products 
then pass via the interchanger and a water-cooled condenser to a separator 
vessel. Gas, consisting of methane, COs, CO dimethylether and benzene 
vapour, is removed from the top of this vessel and is compressed and cooled 
to recover benzol (800 grms/M?). The liquid product’ separates into water 
and pugs cere layers, the latter having the average composition: 


71 _ 80% vol, Benzene 


12 ~ 17% " Toluene 
4 - 6% " . Xylene. . 
L- 6% " Higher methyl benzenes. 


The production of 1 Ton Toluene requires 1.45 T, Benzene and 0.85 T. 
Methanol, 


The water layer is distilled for recovery of a small amount of un- 
reacted Methanol which is returned to feed, The hydrocarbon product is 
first fractionated (2 packed columns of 1100 nm, diam, ) to remove benzol 
and dimethylether as overheads, The bottoms pass to a second distillation 
stage (3 packed colums also of 1100 mm, diam,) in which most of the benzol 
and only a trace of Toluene is distilled over, The next distillation is for 
complete stripping of Benzene from the product, This is carried out in 3 to 
60 plate columns of 2,400 mm, diameter and the overhead contains some 15% 
Toluene, These overheads are returned to the feed of the first benzene— 
removal column, 
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The benzene-free bottoms of the.third distillation stage are next fed 
to two 3,000 mm, diameter 60 plate stills from which a nitration grade 
Toluene is taken overhead. The fifth stage of distillation consists of 
the separation of the fourth BUaES Poors into Ay Tcne: ang heavier alkyl 
benzenes. ’ 


Deven opuent work on ieee Processes _ 


Leuna have ‘sneaks wth the reaction :of panvens with alcohols 
containing upwards of 5 carbon atoms, available as by-products of the 
higher alcohols synthesis. The same catalyst and general conditions as | 
used for Toluene synthesis have been npEeySee | 


Long chain alkylates are not formed, Instead, splitting of the alcohol 
occurs giving simpler alkyl benzenes and some olefines which can be recycled. 


Isopropyl benzene was the main product optained. The above experiments 
reached the semitechnical Shaee and a large-scale pee was being considered 
To} or Heydebrech, 
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pceney CATALYST PREPARATION - =. 


The daisssens and method of nrecaraticns were obbadned for ‘all 
catalysts that had been manufactured or used at Leuna for the preparation . 
of fuels, oils, etc. Since many of the senior officials had left the. dis ek 
trict, most of the personnel interrogated were of the second’ or lower . oa sk 
ratings, and were not familiar with all the details of the processes in. 
question. In particular, Dr, Emil Schich had replaced Dr. S. Schneider 
as Works Manager. In addition, the time available, before the Russians 
moved into the area, was insufficient for a thorough analysis of the methods 
of manufacture of catalysts and there was no opportunity to make a study of 
the catalyst plant and its equipment. It is believe, however, | that the in- 
formation on composition and preparation of catalysts is adequate ‘and that _ 
the catalysts could be prepared after only the usual amount of experimenta- 
tion. oo ee metro on the methods of manufacture was obtained from Dr. 
Kurt Hill, nd 


Purchase of chemicals for catalyst manufacture was not made on the. 
basis of specifications, as is the general rule, The principal metal oxides 
and salts were purchased by "mark", and were in all instances the technically 
pure grade, Distilled water or condensate was used throughout for making 
solutions and for washing. Condensate was usually freed from oil by use of a 
charcoal filter. 


Tne numbering of catalysts at Leuna has not been systematic; the only 
certain information conveyed by the numbering is the chronological order 
in which they were produced commercially. For the principal catalysts, 
estimated productions at the peak of manufacture have been given. 


Catalyst 616 


Use: Methanol synthesis, from carbon monoxide and hydrogen. 


Composition: Cr 03 33% 
= Zn 60% 
Graphite 1% 
Water and 
impurities 6% 


Preparation: Sixty kilograms of chromic acid anhydride is run ina 
chaser for thirty minutes; 100 kg. of zinc white is added and the mixing 
continued for 20 minutes, Thirty litres of water is next added, and ten 
minutes later 1 kg. of graphite (natural), Mixing is continued until all 
components are well blended. The chaser is then emptied, the charge is 
passed through a drum sifter (coarse pieces are returned to the chaser), 
and the mixture is pressed into 9 mm. pellets. | 


Quantity: 30 tons per month, 
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catalyst 132 0~C*~*# 


Use: Isobutanol synthesis, from carbon monoxide and -hydrogen, 
Composition: 


Cro0 33% 
Zn0 > 60% 


Graphite (natural) 1% wee 


Ko0 1% 
Water and impurities - 5% 


Preparation: Procedure is the same as for catalyst’ 616, except that 


K50 is introduced by adding potassium hydroxide or potassium carbonate . 


along with the zinc white. Good mixing and fine grinding are again impor- 


tant factors, 
Quantity: 60 tons per month. 
Samples: Nos. 17 and 18. 
Catalyst 1750 A mild Geasnsens Clon: cataiaat. 


Use: After-hydrogenation of higher alcohols (same as No. 1930). 


Composition: 


Cu 1.25 mol, 
Cro0z 0,50 
ZnO 1,00 


Preparation: 125 kgs. of copper sulphate (CuS0).5Ho0) is dissolved in 
1400 litres or water. 50 kgs. of Chromic acid anhydride is. dissolved in: 
300 litres of water and reduced with SO5,. After mixing the two solutions, 
a solution of 200 kg. of sodium carbonate in 500 litres of water is added 
with constant stirring. When the precipitation is finished, 15.1 kg. of 
zinc white is added while stirring. The whole is heated to 75° C and held 
at this temperature for 24 hours (alcohol bath). The contents are with- 
drawn into a filter, washed, dried and pressed into pellets. 


The time spent in mixing, heating, etc., was said not to be critical. 
Sample: No. 73. ; | 
Catalyst 2493 
Use: Dehydrogenation of alcohols to aldehydes. 
Composition: 


ZnS 25% 
Pumice (Italian) 7599 
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Preparation: The pumice is broken into 4-7 mm, granules, sifted and 
washed, Ten kg. of wet pumice is run in a pill-coating apparatus until 
the pieces are uniformly coated with the 3 kg. of zinc sulphide (Merck) 
that is added, The grains are put in shallow metal pans, dried for 12 
hours at 80-90°C and sifted to remove fines, 


(Not made for last 4 years,) 
Catalyst 2730 | 


Use: Polymerisation of isobutylene to iso-octylene (used for relatively 
pure isobutylene). 


Composition: 
H3PQ, ~° ° 35% 
Activated carbon 60% 
Wat er 7 dh 


Preparation: Eight kgs, of activated carbon, 4, litres of water and 
5.12 kg. of phosphoric acid are run in the mixer until all.the liquid is 
absorbed, The mass is then dried for 24 hours at 80-100°C. 


Catalyst. 3076 


Use: Hydrogenation of di-isobutylene to iso-octane, Also hydrogena- 
tion of Kogasin. ae A 


Composition: - 
NiS 2 mols. 
WS2 i mol. 


Pre ration: Fifty kgs, of nicael powder is disstived in 250 litres 
of 60% HNO The nickel ig then precipitated by adding a solution contain- 
ing 90 kg. ‘of sodium carbonate (volume said not to be highly important). 
' The precipitate is filtered, washed free from nitrates and dried. The dried - 
material is ground and analysed, ' For each 25 kg. of nickel found by analysis, 
there is added to the metal precipitate ina kettle, 50 kg. of WO3 eH50 in 
25 litres of water. The contents are mixed continuously and egaonaed to 
a thick paste, The mass is then put into shallow metal pans, cried for l2 
hours, recovered from the pans, treated at 400°C with HoS, ground, mixed 
with 1% of graphite and pelleted, These pellets are ground and .reformed 
into 10 mm, pellets, 


Quantity: 1 ton per month. 
Sample: No. 9. 


Catalyst 3390 


Use: Strong hydrogenation sSbalyet, for scansie hydrogenation 
of phenol to cyclohexanol. ~ 
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Composition: a 


Ni 43 mols 
Alp0z 1 mol 


Preparation: Nickel powder (70.6 kg.) is dissolved in the stoichio- _ 
metric amount of strong nitric acid in a small agitator: 21.56 ky. of sheet 
aluminum is dissolved in @ second small agitator with caustic soda solution 
(stoichiometric quantity of NaOH, concentration not important), ‘The~small 
agitators are then filled up with water, and the two solutions simltaneous- 
ly run into a large agitator which originally contains about 1 M of water. 
The filling operation takes about half an hour, but time. ig not critical. 
Caustic soda solution is added for precipitation, The precipitate” ‘teygepa- 
rated in a filter ‘press and washed well with water. The filter cake is re- 
moved and dried for about 8 hours at 200° C, in a drying oven, then ground « 
and’ pressed into 5 mn. pellets. 


Quantity: 1 ton per month, 


Sample: . No, 70. 
Catalyst 3510 (Not made since 1935/1936; replaced by catalyst 58). 
Use: Vapour phase hydrogenation of middle oil to ‘gasoline,’-' 


Composition: Jee eee 
Mo0z J mol 
- 2nd 1 mol - 
MgO - 1 mol 


Preparation: The three materials are pasted with uate) epreen « on a 
metal plate, ay into cubes and dried. 


Catalyst 4577 


Use: Preparation of stearylamine from stearic acid and methylamine. 


Composition: 
NiS 1 mol 
TE SS ens wea, So MoS2 «| 1 mol 


| Preparation: Two solutions are prepared separately: 


(a) 45.36 kg. molybdic acid anhydride (MoOz) in 100 litres of 50% 
caustic soda, and 

(b) 91.67 kg. nickel nitrate (Ni(NOz).6H20) in 100 litres’ of ‘water. 
The solutions are run simltaneously and Slowly (24 hours) into. an agitator. 
The precipitate is removed and washed on a filter press. The fitter- cake: - 
is then dried at 100° C, and is formed into tablets in a hydraulic press. 
The tablets are broken by hand into 4-6 mm, granules and converted into 
the sulphide as described above under catalyst 3076. 


a ws = 


(Note: There is a ree loss of MODS due to ineculeto ease pteac ion): 


a = , of oe 
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: Quan anbaty 100 kgs. per year, 
catalyst L788 | | 


Use: Hydrogenation of acetylene to iactrieney Caioienes purification 
for aan oil manufacture), 


‘Composition: 
Cr20, approx, 95% 
Ni N . $% 


Preparation: 50 kg. of chromic acid anhydride’ (Cr03) in 20 litres 
water are mixed with 9.24 kg. of nickel nitrate (Ni(NO3)>.6H0) in a stain- 
less steel (V2A) mixer. The slurry is evaporated with continuous stirring 
(by hand, with special spades) until no more nitrogen oxides are given off, 
The material is then heated in a muffle furnace for 12 hours at 300°C be- 
fore breaking into 810 mm. granules. The granules are reduced by heating 
for 12 hours at 400°C in a stream of hydrogen (high space velocity no recycle 
of Hy). The product is cooled under a stream of nitrogen and stored under 
nitrogen, = | P 


Sample: No. 20. 
Catalyst 4821 


Use: Polymerisation of isobutylene to iso-octylene. (For gases low 
in isobutylene concentration ree ) 
Composition: 


Asbestos (serpentine, long Approx.’ 25% 
fibre Canadian, unwashed; - 
later Russian or Finnish). 

P2050 | | Ap ptaR 15% 

Water | oe 


Preparation: 16 litres of phosphoric acid is heated at 260°C for 
3 hours and then mixed with ¢ kg. of asbestos, The mixture is hand-formed 
into l-cm, cubes, which are dried for 60 hours at 150°C. The resulting 
catalyst is very hard. | 

Samples: Nos. 34 and 35. 
Catalyst 5058 


Use: Vapour-phase hydrogenation of middle oil to gasoline. . 


Composition: 
WS9 


Preparation: Tungstic acid (WO3,H20) is dissolved in the mother 
liquor from a previous preparation by gassing with NH at a temperature 
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below 60°C. The solution is precipitated with HoS, cooled, and the (NH) ), 
WS), filtered under vacuum, The crystals are dried in a nitrogen stream 

on the filter at room temperature, and then converted to WS2, NH. and ~ 

HoS by heating at 450°C in a stream of hydrosen in a scroll-type” furnace. 
The resulting WS is ground in a mill and pressed into 10 mi, -pellets. under 
a nitrogen atmosphere, 


Quantity: Made up to May 1, 1944 - 25 tons per month. 

Samples: Nos. 30, 31, 32, and 33. 
Catalyst 5436 (Identical with Catalyst 5931 except that caustic is from. 
a different source, No. 5939 uses the same Al203 as 5436 with only 5% 


Use: Conversion of paraffinic gasoline into aromatic and isoparaffinic 
hydrocarbons — HF or DHD processes, | 


Composition: “ 
A103 90% 
Mo03 10% 

Preparation: Catalyst 5780° (see below) in cubical form is soaked once 
with ammonium molybdate solution, tnen dried, The solution is so prepared 
that the above composition of catalyst results, 


(Note: For 5436 or 5931, use about 20% MoO. in 25% NH, OH. For 5939, 
dilute with water. ) | 


Quantity: 10‘tons per month. 


Sample: No. 44 — Catalyst 5931. 
Catalyst 5623 


Use: Toluence synthesis from benzene and methanol. 


Composition: 
P9505" 60% 
ZnO | 6% 
Acid—treated clay | 
(Montmorillonite 
type) 3% 


Kieselguhr (Hanover 
No. 120R fused with 
NaCl and washed with 
HCl). 25% 
' Water Balance 
(any ignited kieselguhr can be used) 


Preparation: 44,1 kg. of kieselguhr, 9.0 kg. 20, 4.5 kg. clay and 
about 130 litres of 85% phosphoric acid are mixed in a kneader for about 
40 minutes, placed on trays, dried for about 10 hours at 300°C, broken 
up and finally screened, 
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Quantity: 150 tons per month. 


Sample: No, 19. 
Catalyst 5633 


Use: Conversion of sees ts eee to aromatics and jigoe 
paraffins (HF and DHD eabtaabiie 


. a 
Pe gt Met wt - 


Composition: 


A1903 Ob 
Mo03°. «5S 
‘Nagd. - up to 0. 1% 


Preparation: Technical alumina is plasticised in a kneader with a 

. little nitric acid: and. water, then extruded and rolled into balls. These 
are dried and later ignited at 450°C. The. balls’ are then soaked in ‘an 
ammonium molybdate solution, controlled so as to give 5% Mo03 in the cata— 
lyst on subsequent drying. 


Catalyst 5780 (also prepared at Ludwigshafen as No. 695A). 


Use: Dehydration of. alcohol; .. Intermediate product in the production 
of other catalysts. | ee _ ee ath 


Composition: 
: Alo03 Ganma-form. | 

Na z0° (usual 0,03-0. OL) - less chai 0, 1Z 

Water - 4% 


Preparation: 400 kg. of technical ‘alanine (65% (A1203) is as occiwed 
in 410 litres of 50% caustic soda at.110-120°C and diluted with 600-Litres 
of water to 1.35 sp. gr. The solution is cooled and precipitated with 
nitric acid at a pH of 6.5, then filtered, washed, resuspended,. brought. . 
back to a pH of 6.5 with NH, washed and dried at "100°C, (This inter 
mediate product is kmown:as 5780 Z 100). This product is ground, Ges 
with 1% nitric acid in a kneader, spread on a sheet, cut into cubés and 
dried stepwise at temperatures from 60 to 180°C (slow drying, 2-3 days. It 
is finally ignited at 450°C in air until nitrate-free. 


Laboratory tests of ogee ederiits are. based on (1) absorption of 
propane, (2) dehydration of isobutyl alcohol at 350°C. 


antity: 100 tons per month, 


Catalyst 6067 


Use: Amine synthesis (very small amounts used). Catalyst 6069 is 
preferred, i sw * 


Composition: 
| ras artes 50% 
wig09" 50% 
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Preparation: See No, 6069. 
Catalyst 6069 


Use: Preparation of methylamine from methanol and ammonia. 


Composition: ee : 
£1203 9075 
Kaolin (flotation to remove 
excess Si0o by a Siemens , 
electro-osmosis machine ) 10% 


Preparation: 150 kg. catalyst 5780 Z 100 (ground) are mixed with . 
about 140 litres of water and 225 cc. of 52% HNO3 and 11 kg. of kaolin 
then added. The mixture is kneaded for 2 hours, spread on trays, cut into 
cubes, air dried for 24 hours, dried 12-15 hours at 120°C and finally 
ignited for 4-6 hours at 450°C. 


Quantity: 10 tons per month. 
Catalyst 6418 


Use: Dehydrogenation of n-butane to butenes, 


Composition: | 
A103 (use ordinary alumina for _ 


Sob ene dehydrogenation) 90% 
K20 
Cr203 8% 


Preparation: 22.5 kg. catalyst 5780 (finely ground), 2 kg. catalyst 
5780 Z 100 (as peptizer-binder), 1.53 kg. KOH, 1.63 kg. Cr03, 2.7 litres 
HNO3 (62%) and about 7-9 litres water are mixed for about 40 minutes in 
a kneader, then formed into balls or cubes, dried at 150°C for about _ 
hours, and finally ignited at 450°C for 4 hours, ~ 


Quantity: 100 tons per month. 


Samples: Nos. 68 and 69. 
Catalyst 6523 | 


Use: Hydrogenation of phenol to cyclohexanol. 


Preparation: Catalyst No, 3390 is reduced for 8 hours at 300°C with 
hydrozen (in situ; high space velocity, 400-600 cu.m./nr/500 litres catalyst ) 
and purged with nitrogen. 


Catalyst 6853 (Arobin Catalyst ) 


Use: Conversion of high boiling aromatic middle oil into lower boiling 
aromatic hydrocarbons. Conversion of higher alkyl benzenes to lower homo~ 
logues, = 
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Composition: Catalyst 7187 plus 1% MoO. 


Preperations Catalyst 7187 is soaked in dilute anmoniun nae yeaet 
solution so mede that the »roduct after drying contains 1% of. me03? : 


Sample: Noe ll. 
Catalyst [187 


Use; Catalytic cracking (atmospheric pressure conversion of riidcale 
oils into isoparaffinic gasoline). 


Cormosition: j 
} Si0; | ee 


Preparation: . Kieselcuhr (with 70% S105) and activated alumina (70% 
catalyst 5780 Z 100) are mixed to a stiff paste. in a kneader with 
a ee water and the addition of a es anount of nitric acid (suf 
ficient stoichionetrically to convert 1% of the Al Oz to Al (1'03) . This 
mass is allowod to stand 24 hours at 60~70° C. to fre nen," It is then further 
kneaded, extruded and formed into 6 mm. balls, dried at 100° C. end ignited 
at 4009 until nitrate~free. There is no hunidity control during the drying. 


Quantity: Planned to make 100 tons yer month. 
Samples: ios. 36 and 37. 

Catalyst 10927: 
Use; Liauid-phase nydrogenation of tarse 
Composition: 55 Fe on vinkler generator coke. 


e 


Preparation: . Winkler ‘generator fines are soal-ed with iron sulvhate 
solution and then with en equivalent anount of caustic soda solution, the 
concentrations being adjusted so that the final cried product contains 
55 of ree 


Annonic-Catalyst (No number) 


Use: Ammonia synthesis from hydrogen-and nitregen. Synol catalyst 
(manufacture of clcohols from CO and Ho). 


Composition: 


 O 
K20 "1.1% 


Preparation; Five tons of pig iron is melted by o direct blast of 


oxygen. <A cake containing a mixture of 200 kg. of crude clumina, 50 kg. 
of aluminum nitrate and 25 kg. of concentrated nitric ocid is introduced 
into the molten iron vith. continued blowing with O02. The melt is allowed 


to cool and is broken up and screened to the desired size. Oxygen con- 
sumption: 7,000 cubic mctres. ~~ 
Semple: io. 23 ~ Synol Catalyst. 
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I. G. Experiences with Hydrogen~Resistant- Steels 


The following information was obtained at Leuna from Dr, Wyszomirski 
and Dir, Strombeck. For the early 250 ats, hydrogenation stalls a 6% 
chromium steel (N6) was normally used, This had satisfactory hydrogen- 
resistance properties but its creep strength limited its use to pressures 
not exceeding 200 ats, at 560°C. For 350 ats. stalls 1% molybdenum and 
1% tungsten was added to N6 to give a steel which was designated N7. 
These additions improved the creep properties but resulted in difficulties 
in fabrication and in heat treatment. Molybdenum and tungsten contents 
were accordingly reduced to 1/2% (N&) and the resulting steel was found 
to be perfectly satisfactory as regards heat treatment which simply con- 
Sisted of quenching from 700°C, No annealing was necessary and no heat 
treatment was required after welding. The steel was suitable for vessels 
operating at 350 ats, pressure and at temperatures up to 550°C. It could . 
also be used for the cooler parts of 700 ats, stalls, 


An improved matérial was nevertheless required for 700 ats, operation, 
particularly in the preheater elements. V2A could not be obtained because 
of the short supply of nickel and a new steel aug) was developed which had 
the following analysis :— 


Carbon ° 0.18 ~ 0.22% 
Chromium 3.0 - 3.6% 
Molybdenum 0.5 ~ 1.2% 
Tungsten  . 20,38 
Vanadium  . 30,75% 


Dr. Wyszomirski explained the theory behind the development of this 
steel, Pure iron~chromium alloys have a very poor creep resistance but. 
this can be overcome if the steel contains finely divided carbides, In 
order to obtain a suitable chromium/carbon steel the chromium content must. 
be limited. Too much of this component tends to absorb the carbides and 
also to increase the grain size of disseminated carbides thereby reducing 
creep Besse Vener. | 


The composition of N1O is very critical. A minimum of 0,18% carbon 
is required to give the creep quality but a content of 0.22% must not be 
exceeded if welding difficulties are to.be avoided, At least 3% of 
chromium is needed to give the necessary hydrogen resistance; more than 
3.6 of this component has an adverse effect on creep properties, At least 
0.5% molybdenum is required to give a workable steel but the 1.2% has the 
same effect as excess chromium in reducing creep resistarice. Vanadium is 
necessary from creep considerations but this component appears to be re=- 
sponsible for much of the difficulty which has been sea aaa in getting 
an even Seer pulton of fine caroide grains in the steel. 


In addition to careful control of the composition of N10 the I.-G. 


pay great care to its heat treatment. It is first heated to l, 050°C and, 
when it has assumed an even temperature, it is cooled through the range 
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800-600°C at a minimum rate of 25°C/minute, This is to avoid the complete 
transformation of austenite via martensite to pearlite. If this treatment 
does not result in even properties of the steel it is reheated to 1,150°C 
and the peccee is repeated, 


A Spee al: heat treatment benchiwas deveaaped dealing with preheater 
elements, A complete element was laid horizontally on a brick bench which 
was so. designed that each leg’ of the preheater was.immediately above a long 
25 mm,.wide slot which extended the full length of the element. Compressed 
air.could be injected through the slots by means of a series of: jets. The 
element was heated electrically by passage of a direct current and even 
-heating was ensured by providing a removable ae ieree cover oEatued een 
cea! electric heating Stems: ook | 


When the preheater sienient: had attained a venereal of 1,050°C the 
top cover was removed and replaced: by an arrangement by which air could be 
impinged on the preheater tube from above, During this change of covers 
the preheater element usually cooled to 850-900°C. Rapid control cooling 
downto 600° C was then carried out by means of the air jets. 


{rials had been made with Water for rapid cooling but this method was 


a found to be less reliable than the air cooling method particularly in the 


case of fin tubes which scaled badly under water treatment, 


Finally the steel was given a secondary heat treatment consisting of 
reheating to 680°C.followed by slow cooling in air. 


The I, G. claim that the above method of heat treatment results in at 
least a 33% higher.creep strength at 560°C than is obtainable by oil quench- 


ing. 


> 


- Enamelling:‘of Preheater Bends Z oO 
- ‘It Khas been mentioned in oan earlier section of this report that trouble: 
had been experienced at Leuna with the erosion of preheater bends when work- 
ing at high paste rates. In an attempt to overcome this erosion, exneriment: 
have been made with enamelled vreheater bends. Difficulty was experienced 
in getting an even distribution of enamel nowler over the inner surface of 
the tube and in coolins’the bends sufficiently rapidly to avoid an uneven 
enamel] layer resulting from the flow of molten enamel. Enamel is in any 
case useless for pressures above 325 ats. because differences in expansion 
in enemet and ateet ted to erociine of the enamel layer. 


Chromiun-Plated Injector Rams 


Normal deliveries of hard plated chromium rems were feuxe to be very 
satisfactory for pressures up to 50 ats., reasonably good for working up to 
250 ats. but uséless for 700 ats. pressure. fhe makers tried to improve 
the chromium surface by hich frequency electric treatment but little suc- 
eess was achieved. 
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Material for Butane Dehydrogenation Reactor Tubes 


FF30, a 30% chromium steel with about 40% nickel and about 0.10% of 
carbon, was found to. be satisfactory mechanically but it catalysed carbon 
formation in the reaction, particularly at low space velocity. . 


Material for Catalytic Cracking Regenerators 


For the regenerator of the catalytic cracking unit which was to be 
erected in the Kuchuk. plant at Niedersachswerfen the 1. G proposed to use 
a steel of the following Compossvacn: 


Chromium 0.8 - 1.0% 
Silicon - 0.5% 
Carbon 0.12% | 


This steel was stated to have excellent resistance to oxidation. 
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| XXIV. BLECHHAMMER 


Introduction 


‘Practically the entire Blechhammer staff left the plant at. the end 

of January,, one or two days before the Russians erttered the area. Follow- 
ing a pre-arranged plan, they congregated at Naumberg about 20 miles from 
Leuna where an office was set up to arrange for their distribution to other 
German hydrogenation plants, By the end of February, Naumberg was so. full 
of evacuees that the authorities insisted on the removal of the Blechhammer 
people and a large proportion of them went to Vorhum, near Peine -(Brunswick). 
The movement of these people was surrounded with a good deal of secrecy due, 
it was disclosed, to their fear of being handed over to the Russians for - 
restart of the Blechhammer factory. The managing director of Blechhammer, 
br, Josenhans, was interviewed in Naumberg and Des Kronig, the chief chemist, 
was interrogated at Vorhum., — 


700 ats. pressure hydrogenation of selected Upper Silesian coal pro- 
vided the main source of liquid products at Blechhammer, Hydrogen producticn 
was based on gasification of medium temperature coke made by carbonisation 
of bituminous coal briquettes, The tar produced as a by~product to coke 
manufacture was obtained in two fractions by controlled condensation. The 
lighter fraction was sold as Navy fuel oil after topping off light petrol 
and the heavy tar was used as a pasting oil component in the coal hydrogena- 
tion process, : 


The original plan was to hydrogenate coal in the ordinary way, i.e. 
recycling to the liquid phase stage all products heavier than middle oil. 
Berore the erection of the plant was completed, however, it was decided 
to increase the production of Navy fuel oil by operating the liquid phase 
hydrogenation stalls in such a way that the production of distillate heavy 
Oil exceeded pasting oil requirements, Blechhamner data on this method of 
operation are of particular interest because they provide a basis for as-— 
sessment of a three-stage coal hydrogenation process, i.e. 7OO ats. liquid 
phase hydrogenation of coal to give heavy o1i1, middle oil and petrol, liquid 
phase hydrogenation of distillate heavy oil to give middle oil and petrol, 
and vapour phase hydrogenation of middle oils to petrol products. 


Another change which was made to the original Blechhammer plan was 
that as the shortage of aviation fuel became more acute, it was decided to 
make aviation fuel instead of motor petrol. D.H. D., butane dehydrogenation 
and alkylation units were therefore erected. 


Ten medium temperature carbonisation units were installed, each with 
a design capacity of 275 tons/day of coal. These units behaved very satis— 
factorily and a throughput of up to 325 tons/day was achieved, The coal 
was briquetted using sodium sulphite lye from paper manufacture as a binding 
agent and the finished briquettes contained 2% of moisture and 12% of ash. 
The coal had a carbon content on the ash—and-moisture-free basis of 83.5%. 
The tar yield on carbonisation was 9% by weight on the coal, the heavier tar 
fraction amounted to 35% of the total tar, 
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. The carbonisation units were started‘up in October 1943.. Before the 
hydrogenation plant was ready, the tar middle oil,. topped tol20°C in order 
to reduce. the flash point below 85°C, was sold as fuel oil’and the heavy 
tar was disposed of to other companies for use as road tar, etc, | 


The hydrogenation plant actually installed at Blechhammer included 
four liquid phase stalls for 700 ats. eperation. [Each stall hed four con- 
verters similar to those used at Geisenberg, The internal diameter was 
1,COO mm. and height 18 M. The internal diameter of the reaction basket 
was g90 mm, and the reaction volume provided by four converters was roughly 


Two vapour phase pre-saturation stalls were installed, Each had three 
converters and was designed for 300-350 ats. operation. The plant was’ 
equipped with two vapour phase splitting stalls fitted with two converters 
each and designed to operate at 300-350 ats. | 3 


The coal used for hydrogenation was specially selected Upper Silesian 
coal with ari ash content of 5% and a carbon content on the ash-and-moisture-’ 
free basis of 60-82%, 


It was originally planned to add two further sections to the hydro- 
genation plant, each comprising two 700 ats. liquid phase units, one pre- 
s aturation and one vapour phase splitting stall, With these additions, 
the total output of Blechhainmmer was to nave been 450,000 tons/ year of motor 
spirit .and 500,000 tons/year of fuel oil. 


“It was considered likely thet the demand for fuel oil would decrease 
and accordingly, consideration had been given to the erection of one or more 
additional 700 ats, stalls designed for the catelytic hydrogenation of dis- 
tillate coal heavy oil to middle oil. The idea was to re-distil distillate _ 
coal heavy oil leaving a 10% heavy residue which would be returned as pasting’ 
oil to coal hydrogenation, The distillate was to be hydrogenated over 8376 
catalyst at 700 ats, and at. a temperature of about 450°C, | 


The hydrogenation plant started up in April 1944 but by July, bomb 
damage to other hydrogenation plants had resulted in such a large surplus 
availability of brown coal tar that it was decided to import this material | 
fer hydrogenation at Blechhammer, During the three months in which the coal 
hydrogenation plant operated, it was stated that operation was extremely | 


satisfactory. 


It was found that for the hydrogenation of brown coal tar it was 
necessary to increase the number of converters in each of the vapour phase. 
stalls to four, It was found impossible to operate liquid phase hydrogena= 
tion of brown coal tar at 700 ats. because the rate of hydrogenation of = 
asphalts was so high that catalysts could not be kept in suspension in the : 
reaction vessels. Pressure was accordingly reduced to 400 ats, 


1228 ~ 123 


Google 


~ 


I.C. 7370 


Details of Coal Hydrogenation to give Excess Heavy Oil 


The. flowshcet shown in Rie: SXXIX was ‘supolied by Dr. Kronig. For 
simplicity, it refers to oneration with coal as the only raw material. 
Actually, the amount of heavy tar which ‘it was proposed to introduce into 
the coal paste at Blechhamnor was comparatively small and would not greatly 
influence the flowsheet figures. .All figures are tons/hour and refer to 
the operation of the total plant installed at Blechhamer, iee. & Liquid 
phase and 4 vapour phase stalls. 7 | 


The coal was crushed and the first catalyst, iron sulnhate, was added 
before drying. Dr. Kronig considered that better results would be ovtained 
“Af the iron sulphate was added as a solution in order to obtain more even 
distribution. The mixture was then dried and it was stated that during this 
process, neutralisation of alkaline constituents of the coal ash was effected. 
The dry coal, with 2% of moisture was next mixed with apnroximately 1.5% of 
its weight of Bayermasse, a residue from aluminum preparation. This Bayer-. 
masse was previously dried to a moisture content of 15%. A third catalyst, 
0.3% on the original coal of sodium sulphide, was next adced, immediately 
prior to the pasting stage. | 


In order to produce heavy oil as one of the nev—formed products of 

coal hydrogenation, it is necessary to reduce to a minimum the anount of 
recycle heavy oil in the coal paste. This necessitates the use of paste 
with a maximum coal content and the use of middle oil as a pasting oil 
component. Special difficulties are thereby introduced. For exarmle, 
heat exchange between ingoing paste and exit »roducts is not satisfactory 
_ very thick pastes. Again, pastes made up of light oils and containing 

e, low concentration of asphalts tend to settle when hot. These difficulties 
a overcome at Slechhemmcr in the following ways All the coal was first 
made up into a thick paste containing approximately 515 of total solids. 
About 40% of ANG thick paste was injected, directly to tho »rehoator, by- 
passing the paste interchanger. The remaining 60% was diluted down to 
approximately, 430 total solids, 4. e. maximum solid content for satisfactory 
paste interchange, and injected to the hydrogenation stall via the »aste 
interchanger. ia order to guard against settling of solids in the preheater, 
as much as possible of the dilucnt oil was supplicd as high asnhalt contont 
heavy oil let down from the hot catchpot. Settling in the »reneater was 
further guerded against by circulating a quantity of heavy oil: let cow from 
' the catchpot to the preheater, without cooling or letting down to atnos- 
pheric pressure. This recycle was carried out with. the samo type of remote 
control hot recycle pump as used in tho tar hydrogenation stalls at Louna. 


A small amount of pasting 011 (5% on the coal treated) vas contimously 
injectcd direct to the prehoater. Tho object of this was, firstly, to »re- 
' yont plugging of the »rehcater in the event of a breakdown of the paste 
injoctors ond sccondly, to provide a 2 lubricant film votweon the paste end the 
inner wall of the preheater tubes. 
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PRODUCTION OF AVIATION PETROL & FUEL GIL FROM UPPER SILESIAN COAL 
FLOWSHEET OF THE BLECHHAMMER HYOROGENATION PLANT 
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The total liquid injection to the stall was equivalent to a rate of 
1.9 tons per kh’ of reaction volume per hour, This corresponds to the treat- 
ment of 0.65 tons of ash-and-moisture-freé coal per M? of réaction volume 
per hour, The figure supnlied at Ludwigshafen ror complete 7C0 ats, hydro- 
genation of bituminous coal to middle oil plus petrol was 0.45 tons »er 
of reaction volume per hour, _ 


The paste temperature at the exit of the interchanger was not allcved 
to exceed 310°C, The exit temperature cf the preheater was usualiy con- 
trolled to 415°C and was never allowed to exceed 425°C. The reaction 
temperature in the converters was kept as urliiform as possible at about 465°C. 


The circulating gas rdéte was equivalent to 3.5 ue per kg. of ash-and- 
moisture-free coal. The hydrogen partial pressure of the inlet of the con- 
verter system was 585 ats. 


The whole of the products from the hydrogenation reactors passed to a 
hot catchpot which separeted neavy liquid and solid products to the extent 
of 45-50% of the ingoing paste, Some 12%.of this sroduct was recycled hot 
to the preheaters as already described. The remaining 88% was cooled and 
let dcowm to atmospheric pressure, after which a further 12% was cae 
direct to pasting as diluent for "thin" pasve, The residual 76% was mixed 
with roughly 70% of its weight of diluent heavy oil obtained by toons 
off petrol and middle oil from the cold catchpot ‘product andthe mixture 
- was fugalled. The fugalled filtrate was used as pasting o1i1 and the residue 
was cerbonised for recovery of oil. 


The feed to the carbonisation ovens was given a preliminary flash | 
distillation treatment to remove part of the oil. Recovered oil ‘from the 
flash distillation and carbonisation ovens was used as a pasting oil con- 
stituent. The coke from the carbonisation ovens contained all the ash 
constituents of the original coal plus the catalyst plus the coke equivalent 
to the coal which had resisted liquefaction by the a 
The latter amounted to roughly 4Zon the a.t.f. coal fed. 


The efficiecy of recovery of oil in the tvo-stage sludge carbonisation 
plant was of the order of 75% and the oil lost at this sueee amounted to 
4.5 - 5% on the a.m.f. coal treated. 


The vapors from the hot catchpot were cooled and the condensed liquid 
separated from recycle hydrogen in the cold catchpot. The licuid product 
s let down, separated from aqueous liquor and distiiled to give O-160°C, 
166-210°C, 210~-325°C and » 325°C fractions. Roughly half the Z210-325°C 
and two-thirds of the +325°C cuts were recycled as pasting oil coliponents. 
The yields of new-formed oils, expressed as weight % on the a.m,f. coal 
treated, were anproximately - 
0° - 160°C 8.2% 
160° = 210°C 6.1% 
210? - 325°C 32.h% 
> 325°C 21.5%. 


Total 68.2% 
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210-325°C middle oil and 325°C distillate heavy oil were blended 
in the ratio of 1:2 to give fuel oil, the yield cf which amounted to 32.5% 
by weight on the a.ii.f. coal treated. 


Tne remaining middle oil blended with the liehter boiling fractions 
was suojected to vapour phase hydrozenation in two stages, Pre-saturation 
was carried out over 8376 and 5058 catalyst, followed by splitting hydro- 
genation over 6434. 


Tne pre-saturation was carried out in two stalls, each with three 
converters of 8 M’ catalyst volume, The first tvo converters were packed 
with 8376 and the third with 5058. The pressure was 300 ats., mean reduc- 
tion temperature 410°C and the maximun throughput 0,8 kg. per litre of 
catalyst per hour. The yield of saturated product was 97% by weight on the 
feed. This preduct was distilled to give a petrol frsction wnich was blendec« 
in a final petrol product and middle oil was fed to splitting hydrozenation. 
The cutting temperature depended on whether aviation or motor fuel was re- 
quired. Inthe former case a 0-155°C fraction amounting to rcughly 45% of 
the saturated product, was blended direct into the final petrol. 

The residual middle oil was hydrogenated in two stalls, each with two 
converters of 8 WM’ catalyst volume, packed with 6434 catalyst. Pressure. 
was 300 ats,, average mean reaction temperature 390°C and maximum through- 
put - 1 kg per litre per hour, The conversion ner pass was 50-55% when 
making aviation fuel and 65~70% when making motor petrol, Yields were 
81-82% by weight of the feed of O-155°C aviation fuel, or alternatively, 
91-92% of O-185°C motor gasoline, The former had a volatility of 55% at 
100°C and a clear octane number of 7), which could be increased to 88 by 
addition of 0.09% by weight of TEL. The volatility of motor petrol was 
35% at 100°C and the clear octane number was 70. The final blend of splitting 
stage motor petrol with the light distillate from the saturated product iad 
a clear octane number of only 64. It was intended that, when making avia- 
tion fuel, the light distillate from the saturation, product should be treatec 
by the D.H.D. Process. A D.H.D. plant with a capacity of 26 tons/hour of 
feed had been installed. An alkylate plant for the production of 6,3 tons/ 
hour of final product had also been built, 


Phenol*®xtraction-. . 


Phenols in the liquors from both coal carbonisation and coal hydro- 
genation were extracted with phenosolvan (isobutyl acetate), This was a 
development made jointly by Lurgi and the I. G. The two liquors were 
treated separately and there were three plants; two operating and one spare. 


It was intended to increase the output of phenolic. products by washing 
the 160-210°C petrol fraction with recycle hydrogenaticn plant liquor from 
the phenosolvan extraction plant. This washing was to be carried out counver- 
current at a temperature of 75°C. 


The spent liquor from the phenosolvan plant contained rather less than 
2CO mgs. of tar acid per litre, There vere serious restrictions on effluent 
disposal at Blechhammer and the spent Liquor had to be treated in the fol- 
lowing way: 
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It was first diluted with recycle cooling water to reduce tar acid 
content to 20 mgs/litre and to raise the temperature to 25°C. It was 
then treated with diplococcus-type bacteria which reduced the tar acid. 
content to 2 mgs/litre. Effluent from this treatment was finally pumped 
over waste ashes from.the power station, when phenols were oxidised down 
to less than 0.5 ngs/litre, | 


Treatment of pydrocen on Gases 


A Linde plant had been Seecved at Blechhammer in order to provide 
methane, ethane, propane and butanes from the mixed hydrocarbons produced 
in the hydrogenation process, These separated gases, apart from those 
required at Blechhammer for alkylate production, were to be sent to | 
Heidebrech for, use as chemical raw. materials. A pipeline, & kn, long, - 
had been installed for this purpose. _ 


Costs 


Very little data on costs were available. The delivered cost of coal 
was 10-11 marks/ton, skilled workers were paid 80 pfgs — 1 mark/hour and 
unskilled workers 55-70 pfgs/hour,. The middle German brown coal tar which 
was supplied subsequent to July 194A, cost 80 marks/ton.. 


According to Dr. Kronig, the estimated costs of production of heavy 
oil and aviation petrol at Blechhammer were 250 marks/ton and 450 marks/ 
ton respectively. 65% of these costs were capital chargeswhich. included 
interest on capital at the rate of 4-1/2% and amortisation of the plant 
over a period of 11 years. 
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Introduction 


Several ‘pase iodide, of staff and workmen from the Hermann Goering Works 
at Brix arrived at Leuna on the night of 12/13th May. They had left Brux 
on the night of 7th/8th May just before the Russian entry.’ The party in- 
cluded Dr, Damm, the managing director and Dr. Amon, the chief engineer, 
Dr. Ottens, the chief chemist of the plant had been separated from the main 
party en route and was expected later. Dr. Damm had no papers and was in 
no condition to give a detailed account of the plant and its operations. 

He disclosed that arrangements had been made in March to tvacuate to 
Schwarzenfeld, near Amberg, Bavaria, in the event that a Russian occupation 
of Brux appeared likely. When the Western advance developed, this plan was 
dropped but a considerable number of documents were evacuated to the Por- 
celine Fabrik Buchtal A. G. at Schwarzenfeld, A further batch of documents 
had been sent to the Kohlen Chemische Institut at Claustal in the Hartz 
Mountains. , Others had been hidden in the central shaft of the brown coal 
Inine at eae 


‘It was the intention of the Brux staff-to proceed to the Hermann 
Goering Works at Walenstadt, near Brunswick, where they hoped to work out 
a plan for distribution of people to other works. 


General Qutline of ihe prix Factory. 


The plant, erection of which was commenced in 19395 consisted of the 
following sections: : 


(a) Brown Coal Carbonisation 


This consisted offour groups of 20 carbonisation units designed 
by Lurgi to operate with recycle gas. .The coal carbonised was the 
local hard brown coal containing 30% water, Each unit had a through- 
put of 250-300 tons/day of wet coal. Parts of this plant commenced 
operation in 1942 and by May 1944 when the programme began to be 
interrupted by air raids, 60 units had been erected and 55 were 
working, Tar yield was 10-12% by weight on the coal carbonised and 
middle oil and heavy tar were produced separately by fractional con- 
densation of the tar vapours, It was proposed to sell the middle 
oil as heating oil after topping it to increase the flash point to 
>85°C. The heavy tar was to be the feed to the hydrogenation plant. 


(b) Hydrogen Production 


Six large Winkler cencvavbes: each with a capacity of 20,000 
M? /hour water gas, were installed, together with Linde units for 
oxygen manufacture, The hydrogen plant for completion of the 
reaction CO + H20 = COo + Ho operated at ie ats, pressure. Nine 
hydrogen plant units were installed at Brux. They were all Bamag 
design. 
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The anticipated steam savings were not achieved and initially 
trouble was experienced by salting up and corrosion of parts of the 
plant. Trouble was also experienced with the life of catalyst which 
had to be removed every 4-6 weeks for cleaning by rumbling and siev- 
ing. At times, the operation of the hydrogen units definitely limited 
plant operation and Dr. Damn was firmly of the opinion that atmos- 
pheric pressure hydrogen sets are to be preferred, 


(c) Hydrogenation Plant 


The hydrogenation plant was in two sections, each consisting 
of t:io liquid phase stalls, two pre-saturation and two splitting 
hydrogemation stalls, Tach stall had four converters operating 
at 325 ats, The anticipated output of final liquid products from 
this plant, i.e. fuel oi1 from carbonisation + petrol and diesel 
oil from the hydrogenation units, was 600,000 tons/year. The 
plant began operations in May 1943 and by May 1944 output had been 


brought up to 45,000 tons/month, Bombing commenced in May 1944 and 
continued at regular intervals. The output of the plant was greatly 


reduced as a result and in the last 6 months of 1944 was only 20,000 
tons of liquid product, Output during 1944 was 100-120,000 tons. 

It was considered that, apart from air raid damage, the: output of 
the complete plant could have been easily increased from 600,000 to 
1,000,000 tons/year liquid product by the addition of two more liquid 
phase stalls and by increasing the capacity of the carbonisation 
plant. 


(d) Phenol Extractions . 


The brown coal tar was very rich in phenols. Aqueous liquors 
produced in the carbonisation and hydrogenation rlants were ex- 
tracted with phenosolvan as at Blechhammer, Phenols from the crude 
cold catchpot product of the hydrogenation plant were recovered 
by a method developed by Koppers., The product was subjected to 
steam distillation and the distillate passed through caustic soda 
solution and maintained at about 100°C, the resulting phenate being 
worked up in the ordinary way. A third source of phenol was the light 
oil from the carbonisation units, which was extracted with caustic 
soda, 


The phenosolvan extract was very rich in catechol. The crude . 
extract was purchased by the I, G. and was worked up at Leuna, ,The 
rest of the caustic soda extracted phenols were worked up at Brux 
and sold through the Phenols Sales Board in Berlin, Refining was 
not carried beyond the crude carbolic acid and crude cresols stages 
although it was intended later to install plant for the production 
of pure phenolic products. — | 


Operation of the Hydrogenation Units 


The heavy brown coal tar was hydrogenated in much the same way as 
emoloyed at Leuna, The heavy tar was mixed’ with the cold catchpot:’ product 
and fractionated-into middle oil boiling up to 325°C and heavy oil, the 
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latter being fed to the liquid phase hydrogenation stalls and hydrogenated, 
using &@ suspended iron on Grude catalyst. 


The Brux tar was quite different from Middle German brow coal tar, 
In addition to its higher content of phenols, including catachol, it had 
a considerably higher asphalt content. It was also apt to contain arsenic 
compounds which gave rise to considerable trovble in the plant. Arsenic 
compounds were found in denosits in the pre-saturation hydrogenation stall 
interchangers and on the catalyst. The source of the arsenic was thin 
bands of high arsenic content Pyrites in the coal. As a temocorary measure, 
trouble was minimized by careful selection of the coal but it was intended 
to install a coal washery, operating the flotation process in order to 
remove Pyrites from the coal carbonised,. 


Dr. Amon stated that ordinary gas-fired preheaters were used for the 
liquid phase and the splitting hydrogenation stalls but the. preheaters for 
the pre-saturation stalls were electrically heated. 


Xr 


Costs 
At the full output of 600,000 tons/year liquid products, it had been 
calculated that motor eaacline: would cost 260 marks/ton at Brux. This 


assumes that crude wet coal costs 12 marks/ton delivered, and is made up 
as follows:. 


‘Raw materials 120 marks/ton 
Operating costs 8 Oo" i" 
Capital charges 60 " " 


The corresponding cost of heating oil was estimated to be 220 marks/ton. 
Present Condition of Brtix Plant . 


When the staff left Brux, 16 carbonisation units were capable of 
operating and another six covld have been put on line very quici:ly. Dr. 
Damm considered that within 12 weeks, 30 carbonisation units could be in 
operation,’ Three Winkler gas Generators.were in operating conaition and 
it was'estimated that the Linde plant could. be made to operate at half 
capacity in 1-2 months' time, given freedom from air raids, The same was 
considered to apply for the hydrogen oe Ge and CO removal and compression. 


As far.as the hydrogenation plant was concerned, one liavic phase unit 
was in running .order and & second could be put on line in four weeks, Two 
saturation and two Beer yeane nygronens tion stalls were in working order. 


Storage canes had: suffered badly ‘in ae raids but Dr. Damm considered 
that sufficient tanks were available for operation of the pee at roughly 
half its flowsheet output. Most of the storage tanks were sunk about one- 
third of their height below ground and were surrounded with 18" concrete walls. 


Underground Hydrogenation Plant 


The Hermann Goering. Works at Brux had started work on an underground hy~ | 
drogenation plant at Bad-Schandau' in Polenstal. This plant was intended to 
make 5,000 tons/month of petrol from tar. It consisted of two liquid phase 
and two vapour phase stalls and was known as Schwalbe III. 
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Figure XLIT- AVIATION GASOLINE PRODUCTION 
C(MAXIMUM PROGRAMME). 
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XXVI. GERMAN OIL PRODUCTION 


Dr. Butefisch of Leuna was Chairman of the Wirtschaftgruppe for fuel 
production and of A.R.S.Y.N., the organisation which co-ordinated the pro- 
duction programmes of the various German refineries, He was questioned 
regarding the overall German oil position and supplied the figures given 
in Table IX. 


The capacity figures in brackets refer to plant in course of con- 
struction, Lubricating oil figures refer to production by direct refining 
of oil products and do not include synthetic lube oils such as those made 
by polymerisation of ethylene. Production of lioguefied butane and propane 
is not shown in the table but was normally 25-30,000 tons/month. Most of 
the Rumanian and Hungarian oil products were supplied direct to the armed 
forces in the Eastern areas and these supplies are not included in the 
table. The total Rumanian crude production was said to be roughly 6,000,000 
tons/year. 


‘ Of the German crude oil enudueesen of 1, 1920, 000 tons/year, some &- 
900,000 tons/year came from the Austrian fields, 6-700,000 tons/year from 
the Hanover district, 200,000 tons/year from Heide and the remainder from 
Baden and the Polish’ frontier area, The German crudes, particularly those 
from Austria which contained only 5-7% petrol, were particularly good for 
lubricating oil production. 


Examination of the table shows the overwhelming contribution of the 
hydrogenation plants to German aviation fuel production, It is also interest- 
ing to note the negligible extent to which Fischer-Tropsch activities were 
in process of extension. 


Further data on German achieved and pianned production of oil products 
were obtained in the form of graphs which were found in Dr, Butefisch's 
Leuna office, These data are reasonably in line with those supplied per- 
sonally by Dr. Blutefisch. Nine of the graphs are reproduced in this report 
as Figs. XL to XLVI. 


Dr. Butefisch and Dr. Ottens supplied the data in Table X on the 
latest specification for German oil products. 
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XXVII. USE OF BOTTLED PROPANE, AND BUTANE FOR ROAD VEHICLES 


According to Dr, Butefisch, it was aimed to turn 60-65% of all German 
cars and commercial vehicles to bottled gas fuel. ,Shontage of steel and 
labour interfered with this plan and priority had to be given to conver- 
Sion of trucks and vans, Actually only about 35% conversion was achieved. 
The monthly consumption of liquid gas was 25~30,000 tons, This compared 
with total consumpt ion of petrol and diesel oil ae from that used by 
the armed services of 50, 000 tons a month « , 


Pure paren was never used in Germany as bottled gas for road vehicles. 
Pure propane was used for household heating and lighting and it was also 
considered desirable to use propane in the winter months for road vehicles. 
In summer a mixture containing up to 85% butane was considered satisfactory. 
In actual practice, a blend of butane and propane in the proportions which 
corresponded to availability was employed during the war. 


Dr. Scholtz of Leuna was the inventor of much of the equipment used in 
connection with liquid gas vehicles, He supplied the following information 
on I, G. development of liquid gas vaporisers. 


In the first gasifier to be produced. in commercial quantity, liquid 
gas Was vaporised by means of a hot water preheater and the resultant 
vapour let down in two stages, firstly to a pressure of 0.4 ats. and finally 
to -20 mm, water pressure, The sub-atmospheric second-stage pressure en- 
sured efficient closing of the second-stage let down valve when the engine. 
was shut off, but it: led to difficulty because of a variable air/fuel ratio 
at different "throttle openings, -Air leakages backwards into the second 
stage let down chamber were prevented by fitting a non-return valve (actually 
& gas mask valve was used) between this vessel and the jet chamber, 


The second type of gasifier was similar to the first except that the 
second-stage let down pressure was atmospheric. In order to ensure that 
no leakage occurred when shutting off the engine, a stop valve was incor- 
porated in the liquid feed line. This was connected so that as long as 
there was a positive emgine oil pressure it remained open, This model was 
extremely satisfactory and Dr. Scholtz considered it to be the best gasifier 
which has been produced. It is, however, fairly expensive; a pre-war pro- 
duction cost of 200 marks was mentioned. 


A cheaper type has been developed during the war costing only 25-30 
marks to make, Some 100-150,000 of this type of gasifier have been manufac- 
tured by the German Solex Carburetter firm, The preliminary vaporisation 
of the liquid gas is carried out in a coil heated by exhaust gases. The 
resulting vapour at a pressure of 1.2 ats. is let down first to 0.4 ats, 
and secondly to -5 mm. water gauge. This assures satisfactory closing of 
the second stage let down valve and eliminates the rather expensive oil 
operated stop valve, At the same time it is sufficiently near atmospheric 
to avoid wide fuel air ratio variations with speed, 


A third type was being developed in which vaporisation was brought 
about between the first and second let down stages, 
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Samples of these various types of gasifiers were procured at Leuna, 
together with detailed drawings. They were despatched to London through 
the usual channels but so far they have not materialised. 


Dr. Scholtz said that a liquid gas had been used for running-in all 
aero engines during the war. A report giving a detailed description of 
the set up employed is amongst the documents removed from Leuna. 


Some experimental work had been carried out at Leuna with a car 


running on neat methanol and also on a mixture of methyl ether and 
methanol. 
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